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ABSTRACT

Membrane distillation has great advantages in treating high-concentration brine water, and
desalinating salty water in areas where low grade heat is available. In this paper, we develop a
mathematical model to predict the effect of process design (eg. temperature, flowrates, module
length) on flux for direct contact membrane distillation (DCMD). As with traditional engineering
practice, basic data such as mass transfer coefficients and heat transfer coefficients are obtained
directly from experimental results. Results for both co-current and counter flow DCMD are pre-
sented and comparisons are made to verify these models using experimental results conducted at

different temperatures.
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1. Introduction

Membrane distillation (MD) is a membrane-based
separation process, for which the driving force of separa-
tion is a vapour pressure difference across the membrane.
The vapour pressure difference arises because of either a
temperature difference across the membrane or a reduced
vapour pressure on one side of the membrane. Waste heat
as low as 40°C may be used to drive the process.

Smolders and Franken [1] have stated that the MD
process should have the characteristics listed below:
¢ The membrane should be porous
e The membrane should not be wetted by the process

liquids,

e No capillary condensation should take place inside
the pores of the membranes,

* Only vapour should be transported through the pores
of the membrane,

* Corresponding author.

¢ The membrane must not alter the vapour equilibrium
of different components in the process liquids, and

e For each component, the driving force of the mem-
brane operation is a partial pressure gradient in the
vapour phase.

Fig. 1 illustrates four configurations of MD system
based on the nature of the permeate side of the mem-
brane [2]:

(A)Direct contact membrane distillation (DCMD), in
which the membrane is in direct contact with liquid
phases only. This is the simplest configuration. It is
best suited for applications such as desalination and
concentration of aqueous solutions [3-5]

(B) Air gap membrane distillation (AGMD), in which an
air gap is interposed between the membrane and a
condensation surface (cooling plate). AGMD is the
most general configuration and is used when energy
efficiency is a key criteria [6]
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Fig. 1. Different MD configurations.

(C)Vacuum membrane distillation (VMD), in which the
vapour phase is transported across the membrane
under reduced pressure and condensed, if needed,
in a separate device. It is suitable for application in
removing volatiles from aqueous solutions [7,8], and

(D)Sweeping gas membrane distillation (SGMD), in
which a stripping gas is used as a carrier for the pro-
duced vapour. It is mainly employed in removing
volatiles from aqueous solutions [9-11].

1.1. Configurations of MD modules

There are two types of MD module configurations
shown in Fig. 2; a tubular module and a flat-sheet module.
Both have been widely studied and employed in pilot
plants. The flat-sheet module is versatile and can be easily
set up in laboratory, while the tubular module has large
specific area and is more attractive to commercial use [12].

1.2. Advantages and existing problems of MD

In comparison with other desalination methods, MD
has distinct advantages such as: a nearly complete rejec-
tion of non-volatile components, a low operating pressure
that is not related to feed concentration as is the case for
reverse osmosis (RO), a simple structure and operation,
much larger pores than other desalination membranes
that are not as sensitive as to fouling, a small vapour
space, and low operating temperatures (40-80°C) [13].
These characteristics make it a promising technique for
desalination where low grade heat is available, such as
in industrial sites. Furthermore, high salinity wastewater,
such as the concentrate of RO processes, is difficult to
treat by RO because of their high osmotic pressure. MD
could be used after RO to recover additional water from
the concentrate streams.

Hollow Fibre
Membrane

(a) Tubular module for hollow fibre

(b) Plate and frame module for flat sheet membrane

Fig. 2. Two different types of MD modules.

MD was introduced in the late 1960s [14,15], but it was
not commercially applied at that time because membranes
with adequate characteristics were not available and the
economics of using MD were not attractive [16]. With the
far-from-optimal membrane and system, the temperature
polarization coefficient was estimated by Schofield et al.
to be 0.32 [17]. In the 1980s, as new membranes were de-
veloped and a better understanding of MD was achieved,
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research into MD boomed again [18-20]. However, MD
for commercial applications is still in its early stages and
further work is needed to develop a commercial system.
Also many results from MD experiments were obtained
using microfiltration membranes, which are poor materi-
als for use in MD processes and are therefore unlikely to
yield results of interest for commercial processes.

MD modelling has mainly focused on the overall mass
transfer and heat transfer processes related to membrane
properties, i.e. the porosity, pore size, etc. [6,21,22], which
are important for membrane design but are less so for
process design. Although a model based on engineering
measurable parameters is very important for scaling-up
MD, there are very few articles in literature focused on
this.

The aims of this paper are to develop mathematical
models to predict the effect of various process param-
eters on fluxes for direct contact membrane distillation
(DCMD) and to verify these models using experimental
results, and to provide guidance in scaling up MD pro-
cesses.

2. Simulation and experiment
2.1. Theoretical analysis of one-dimension model for DCMD

For a given MD system, it can be expected that the
flux (J) depends on many parameters and can be gener-
ally written as

]:f(L/QH/QC’TH’TC’a’u) (1)
or
J=aAP @)

Here, L is the length of the exposed membrane surface in

the module; Q_and Q,, are the mass flow rates for the cold

side and hot side, respectively; T.and T}, are temperatures

at the cold side and hot side, respectively; o is the mass

transfer coefficient of permeate across the membrane; U is

the heat transfer coefficient; and AP is the vapour pressure

difference between the feed and permeate.
Assumptions in developing the models include:

* no heat loss through the module to the atmosphere,

¢ specific heat of vaporisation and condensation does
not change with concentration,

¢ with a given membrane at a given flowrate, both a
and U are constant,

¢ inbalancing the heat transfer, the sensible heat carried
by the permeate can be neglected

¢ thereisno temperature gradient across the membrane
perpendicular to the flow direction

¢ inbalancing the mass transfer, the mass of the perme-
ate can be neglected

Fig. 3 shows the energy transfer process in a co-current
DCMD in a flat sheet module.
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Fig. 3. Schematic diagram for analysing the balance of heat
transfer.

The temperature change in the hot side can be de-
rived as

C,dmdT, =—(H,JdAdt +UdA(T, —T.)dt)
C,pHAAdT, =—(H,JdAdt + UdA (T, —T. )dt)
C,pHAT, =—(H,Jdt +U (T, —T.)dt)

COMWIAT, (4 Jaesl(T,~T )Y,

SO (1 +U(T, -T,))ds

W(H,J+U(T,; T ))dx
) C.Qu

Similarly, the temperature change on the permeate
(cold) side can be written as

~W(H,J+U(T, -T.))dx

dT, =

e c.Q. @
From Egs. (3)-(4), it can be obtained

dT,; /dTe =Qc /Qy )

Because

J=a(Py —Fc) (6)

thus,

i, =_W(Hva(PH—PC)+U(TH—TC))dx -

Cv QH

Here, C is the specific heat of water, H_is the vaporisation
latent heat of water, W and H are the width and height
of the module respectively, f is the time, p is the density
of water, V,, is the linear velocity of the hot water, and P,
and P_ are vapour pressures at T, and T, respectively,
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which can be calculated by the Antoine equation (given
in Eq. (8) later).

P =exp(23.1964—3816.44/(T+227.02)) (8)

The above equations can be solved numerically. For co-
current flows, the numerical procedure is shown in Fig. 4.

For counter flows, an iteration process is required and
the process is shown in Fig. 5.

2.2. Experimental apparatus and procedure

A schematic diagram of the DCMD process employed
in this experiment is shown in Fig. 6. Flowrates of the feed
and permeate were controlled with two peristaltic pumps.
A heater and a chiller were used to set temperatures of
the feed and permeate.

The membrane has nominal pore size of 1 pm, con-
tact angle of 126°t5, an effective area of 0.014 m? and an
effective length of 0.0145 m. Two spacers were arranged
in the module on both sides of the membrane to reduce
polarisations of concentration and temperature.

1. Giving a small value to dx
2. Entry inlet temperatures at both
sides

Flux

Ty and T, at point x » Py and P¢ »

Fig. 4. Schematic diagram for numerical flux calculation of
co-current flow.
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Four thermocouples were arranged at the inlets and
outlets of the permeate and feed to measure their tem-
peratures. A balance was used to measure the weight of
the permeate. A conductivity meter was installed in the
permeate stream to monitor the salt rejection of mem-
brane. The feed solution was made by dissolving 10 g of
sodium chloride in 1 litre of deionised water. Deionised
water was used on the permeate side as coolant.

The initial feed temperature and permeate tempera-
ture were 60°C and 20°C, respectively. The flowrates of
both the hot feed and permeate were kept equal and
varied in range of 300-700 mL/min.

The thermal transfer coefficients and mass transfer
coefficients used in modelling were calculated from the
experimental results using Eq. (1) and Eq. (2).

1. Give a small value to dx

2. Entry a hot inlet temperature
and a hypothetic initial cold
outlet temperature
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Fig. 5. Schematic diagram for numerical flux calculation of
counter flow.
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Fig. 6. A Schematic diagram of the DCMD process.



148 J. Zhang et al. / Desalination and Water Treatment 31 (2011) 144-150

3. Results and discussion
3.1. Model parameters and comparison at different temperatures

The model was used to calculate the heat and mass
transfer coefficients from counter flow DCMD experi-
ments performed at different flowrates. Fig. 7 shows the
experimental data and the calculated flux using the heat
and mass transfer coefficients derived from each data
point. The errors between the model and the experimental
results are small, being in the range of 2.6-6.4%. Such
agreement is anticipated given the heat and mass transfer
coefficients were obtained from the same data.

To verify the model, the heat and mass transfer co-
efficients derived from the data shown in Fig. 7 were
used to predict the flux at different temperatures. Fig. 8
shows predicted and experimentally derived flux results
for counter flow DCMD conducted at different hot feed
temperatures and a fixed flowrate of 600 mL/min. The
largest errors were no more than 15% and appeared at
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Fig. 7. Comparison between experimental and modelling
results at different flowrates for counter-current.
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Fig. 8. Comparison between experimental and modelling
results at different temperatures for counter-current.

40°C and 80°C respectively, indicating there is reasonable
agreement between the model and experimental results
for the hot feed temperatures of interest. This provides
some confidence that the temperature profiles predicted
from the model will be accurate.

However, variations in the flowrate will produce
different turbulence regimes and are expected to sig-
nificantly alter the mass transfer and heat transfer coef-
ficients. Therefore, the flowrate specific heat and mass
transfer coefficients derived from the data in Fig. 7 were
used in subsequent predictions.

3.2. Mathematical modelling of membrane distillation
3.2.1. Co-current flow modelling results

Fig. 9 shows the modelling predictions for the temper-
ature distribution along the length of the module for co-
current flow membrane distillation. These results predict
greater temperature differences as the flowrates increase,
because the increased flowrates reduce the residence time
of the permeate and the feed in the module. Hence, at
the higher flowrates, the turbulence, mean temperature
differences are increased, which leads to higher fluxes as
predicted and observed in Fig. 7.

Fig. 10 shows the predicted relationship between flux
and membrane length. The fluxes increase with flowrate,
but the flux differences become smaller at higher flow-
rates. A similar asymptotic trend of permeate flux with
increasing feed flow rates has been reported previously
[11,23], and this provides further support for the reliabil-
ity of the model predictions. The model also predicts that
the fluxes reduce as the module becomes longer. The rea-
son can be found in Fig. 9, where the mean temperature
difference drops as the length of the membrane increases.
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Fig. 9. Temperature distributions in membrane length direction
for co-current flows.
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3.2.2. Counter flow modelling results

The temperature distributions along the membrane
are shown in Fig. 11. Similar to the co-current model, the
temperature differences are increased at faster flowrates,
because of the reduced residence time in the module. At
a certain flowrate, the temperature distribution profiles
of permeate side and feed side are parallel to each other,
which is different from the curves of the co-current flow
model in which the curves approach each other.

The modelled relationships between flux and mem-
brane length are shown in Fig. 12. A similar trend to the
co-current model is predicted, except the decrease in flux
with increasing length (ie. the slope) is smaller than those
of the co-current model.

4. Conclusions

A preliminary mathematical model for MD process
in desalination based on heat and mass balance has been
developed to predict process performance with variations
in parameters such as temperature and module length.
The model predictions also showed reasonable agreement
with experimental results, when experimentally derived
heat and mass transfer coefficients were used.

This work also suggests that reporting of heat and
mass transfer coefficients for characterisation of MD
membranes rather than flux, would provide more gen-
eralised characterisation of the membranes, and allow
easier comparison membrane performance.
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