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ABSTRACT

Sodium sulphate, a salt commonly found in nature and used in industrial applications, was assessed for
process intensification from 40 to 450 g/L with two membrane distillation configurations namely direct
contact membrane distillation (DCMD) and sweeping gas membrane distillation (SGMD). The polytet-
rafluoroethylene (PTFE) membrane with 0.45 um pore size, 50% porosity in hollow fiber (HF) configu-
ration was used in the experimental runs. The optimum conditions, based on pure water tests for both
configurations were; feed temperature (70°C both configurations), permeate temperature (ambient air
for SGMD, 15°C for DCMD), feed flow rate (2.4 L/min for both configurations) and permeate fluid flow
rate (25.5 L/min of ambient air for SGMD, 1.32 L/min with water for DCMD). Despite reaching the sat-
uration concentration of Na,SO,, the flux in SGMD and DCMD slightly decreased from 3.1 to 1.9 kg/m?
h and 1.1 kg/m? h, respectively. The average energy consumption of DCMD system at 5.1 kWh/kg was
markedly higher as compared with the energy consumption in SGMD system was 1.2 kWh/kg. In addi-
tion, at the saturation point, gain output ratio (GOR) for SGMD was three times higher than DCMD
which concluded that SGMD system utilized thermal energy more efficiently; noting that SGMD was a
favorable configuration in concentrating sodium sulphate solution as compared with DCMD. In terms
of resistance analysis, inorganic fouling was overcome after simple cleaning process.

Keywords: Direct contact; Energy consumption; Fouling analysis; Membrane distillation; Permeate

flux; Sodium sulphate; Sweeping gas

1. Introduction

Researchers have documented recovery of a variety of
mineralsusing bothstandalone and coupled membrane-based
techniques such as reverse osmosis and membrane distilla-
tion (MD) to concentrate and purify salts ranging from ocean
water to industrial effluent [1-5]. Sodium sulphate is one
such salt which could be a recoverable substance that is pres-
ent in brine as well as industrial wastewater. This salt is used
in a variety of industries such as; filler in laundry detergents,
production of wood pulp, glass, textile [6] and phenols. As
this compound is used in intermediate processes it ends up
in wastewater as total dissolved solids together with other
salts. In special cases at high concentrations, removal from
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industrial wastewater is a challenge. Therefore, some inves-
tigators have conducted experiments to separate this valu-
able compound from wastewater through the combination
of various membrane-based technologies including MD and
membrane crystallizers [3,5,7] with an intent of environmen-
tal sustainability.

MD is a thermally-driven separation process. Unlike
other types of filtration method, this process works under
the atmospheric pressure. The vapor pressure of a volatile
substance is raised by increasing the temperature of feed
solution. In contrast, the temperature in the permeate side
is generally kept lower than that of feed side to decrease the
vapor pressure and collect/condense the generated vapor.
The difference in vapor pressures between two sides of
membrane, leads to the evaporation of volatile substance
at the liquid-vapor interface inside a hydrophobic micro-
porous membrane. Thus, MD can utilize low-grade heat
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which creates ideal conditions for exploiting waste heat
from industrial processes.

Depending on the application, the end product from
MD could be supersaturated salt solution and/or clean
water. Since MD can be operated with a high concentra-
tion salt solution, normally, temperature polarization could
occur that results in crystal formation on the membrane
surface. The crystallization process includes nucleation and
crystal growth. In the phase of nucleation, dispersed solute
molecules gather into clusters. These clusters are required
to meet a critical size to move to the crystal growth phase.
One of the main factors that dictates the critical size of
clusters is temperature. Specifically, in the case of sodium
sulphate, the critical cluster size tends to decrease, lead-
ing to reduced solubility of the compound when tempera-
tures are higher than 32.38°C [8]. Therefore, the salt crystal
would not preferentially form on the membrane surface
before they appear in the bulk feed. In this case, tempera-
ture polarization had a favorable effect [9] which in turn
makes the flux more stable during process intensification
to a large extent.

Feasibility of MD to remove salt is undeniable but within
MD there are various configurations including direct con-
tact membrane distillation (DCMD), sweeping gas mem-
brane distillation (SGMD), air gap membrane distillation
(AGMD) and vacuum membrane distillation (VMD). The
fundamental difference between the four configurations
are dependent on the way vapor is condensed or recovered
on the permeate side. The simplest configuration of MD is
direct contact membrane distillation in which, both warm
feed and cold permeate aqueous solution are contacted in
direct with the hydrophobic membrane. Majority of papers
published in this sector are utilizing DCMD configuration
[10]. One of the biggest challenge of DCMD systems is that
the cool aqueous solution on the permeate side results in a
large conductive heat loss through the thin membrane. In
the sweeping gas membrane distillation (SGMD) configura-
tion, the vapor at the permeate membrane side is swept out
by gas and after that condensed by a separate condenser.
The gas is responsible as a barrier not only to reduce the
heat loss but also to enhance the mass transfer coefficient
[10]. However, SGMD requires a large volume of gas to
push out tiny volume of permeate vapor. As most studies
on MD are on desalination [11-14], the primary focus has
been to recover the permeate and its quality for drinking
or other application. However, from a process intensifica-
tion point of view, where concentrate is of interest rather
than the permeate, appropriate configurations need to be
considered. To the best of the authors” knowledge, only few
researches have studied MD by one more configurations
[15,16]. This leads to lack of comparative data between the
MD configurations itself for process intensification appli-
cations. Thus, a comparative study between MD configu-
rations on its treatment ability, flux, energy consumption
(EC) and fouling phenomena is needed. In view of this
research gap, such a comparative study using two mem-
brane configurations (SGMD and DCMD) were carried out
using sodium sulphate (Na,SO,) solution as feed. The per-
formances were compared to assess which of the two con-
figurations would be better suited for a feed with very high
amount of sodium sulphate.

2. Transportation in membrane distillation
2.1. Mass transfer

Due to the difference in temperature (difference in
vapor pressure) between the feed and permeate side,
the vapor can pass through the hydrophobic membrane.
Transport mechanism in MD consists of three steps, first,
volatile compounds start evaporating in the hot membrane
surface; second, vapor is pushed through the hydrophobic
membrane by vapor pressure difference and finally, an
inert gas in SGMD configuration or water in DCMD con-
figuration carry this vapor out of the membrane module.
In all MD configurations, the volume difference of per-
meate solution at a certain time is used to determine the
permeate flux. In theory, the following equations calculate
the flux [14]:

J.=B.Ap, =B, (p},a,,~P.,) (1)

where B , a and p_ are the membrane coefficient, activity of
water and partial pressure of water, respectively.

The difference in flux calculation between SGMD and
DCMD is the partial pressure determination in permeate
side.

2.1.1. Mass transfer in DCMD

In DCMD configuration, permeate vapor pressure is cal-
culated similarly with the vapor pressure in feed side:

pw,p = p:;,p X aw,p = ps.v,p X yzu,p x xw,p (2)
3816.44
With: p° (T) =|exp| 23.1964 - ———— 3
ith: p, (T) [ Xp[ T_46_13H ®)
where x , T and y_ are the water mole fraction, absolute tem-

perature and activity coefficient, respectively.

In the case of feed aqueous solution containing
non-volatile compounds, the vapor pressure of the solution
is calculated by the following formula:

Pu.=1=2)p, 4)
where x represents the mole fraction of non-volatile solute.

2.1.2. Mass transfer in SGMD

While in SGMD configuration, the permeate partial pres-
sure is expressed as a function of humidity ratio (w) and the
total pressure in the permeate side (P):

wxP
— _ 5
Par = 5+ 0.622 ©)

Furthermore, humidity ratio is defined as the rela-
tionship between flow rate of sweeping gas (i), effective

membrane area (A), permeate vapor flux (J ) and the inlet
humidity ratio (w,):
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In MD, feed and permeate side are separated by a
hydrophobic membrane which allows the volatile compo-
nent to pass through the membrane layer. Evaporation of
volatile compounds at the bulk feed leads to a rise in the
concentration of non-volatile compounds at the membrane
surface. On the other hand, the volatile compound concen-
tration at the membrane surface is lower than in the bulk
feed. However, the concentration of solute components is
equal between bulk feed and membrane surface (under tur-
bulent conditions). Therefore, the impact of concentration
polarization on flux is negligible [17]. Thus, not considered
in this study.

2.2. Heat transfer

Like mass transfer, heat transfer appears at two boundary
layers (feed and permeate) and on the membrane. Heat trans-
fer at the boundary layers is discussed in the next section.
Heat transfer through the membrane (Q ) includes conduc-
tive heat through membrane material, gas filled inside mem-
brane pores (Q ) and latent heat accompanying the vapor (Q,)
[14]:

Q,=Q.+Q, @)

Following two equations are used to calculate conduc-
tion heat and latent heat that are associated with vapor,
respectively:

- 2l
2 "dx 3

where k is the membrane thermal conductivity, d is the

m

membrane thickness, x is the distance between membrane
surfaces. T, ~and T, , respectively, are temperatures at the

myp”

feed membrane surface and permeate membrane surface.

T _Lir 7, ) ®)

Q,=J,xAH,, &)

where J and AH_,
molecule.

are water flux and latent heat of vapor

2.2.1. Heat transfer at two boundary layers in DCMD
configuration

There is a difference in calculation of heat transfer in per-
meate boundary layer between SGMD and DCMD.

In DCMD configuration, the heat transfer in feed and
permeate boundary are indicated by the following equations:

At the feed boundary layer:

Q=h X( bf Tm,f) (10)
At the permeate boundary layer:
QV :hnX(Tmm_Tbrﬁ) (11)

where I1 is the coefficient of heat transfer in feed side and 1, is
the coet/flaent of heat transfer in the permeate.

The heat transfer is the same in two boundary layers and
membrane module at steady-state condition:

Q,=0,=0, (12)

k
hf (be - Tm,f) = hP (Tm,p - Tlhp) = ?(Tmrf - TmlP) (13)

+ ]wAHv,w = H(T;ﬁ,f - T;Jy)
where H refers to the coefficient of global heat transfer and
AH, is latent heat of water evaporation.
The temperature at surface of membrane cannot be mea-
sured directly. Thus, using empirical correlations it can be
calculated using heat transfer coefficient [16]:

= Nuk (14)
dh
where k and d, are fluid thermal conductivity and hydraulic
diameter, respectively.

Nusselt number (Nu) is defined as the ratio between
convective and conductive heat transfer through boundary
layers that is calculated by Eq. (15):

NG
Nu—1.86x[Re xPr xi’j (15)

Pr is Prandtl number that is evaluated by the following
formula:

Pr=—2" (16)

whereRe, L, i, C and k are Reynolds number, effective length
of membrane, dynamlc viscosity, specific heat and thermal
conductivity, respectively.

The temperature at surface of membrane can be deter-
mined by Egs. (17) and (18):

bl p er Len, AH
s b,p+h7 b | Ty bf_]w vw
Tos= - (17)
' k k
th 1+
8 | ohn
4
k h
S T I R R
S| ey b piop S ow
T,,= : (18)
k, +h |1+ L
8 7 oh,
2.2.2. Heat transfer at two boundary layers in SGMD

configuration

In SGMD configuration, the heat transfer through
feed boundary layer and permeate boundary layer can be
expressed as following equations:
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Q, =hx(T,,~T, ) (19)

(20)

Q,=hx(T,,-T,)
where /i and h are heat transfer coefficients of feeding solu-
tion anc{ sweeping gas, respectively.

hf can be calculated by Egs. (14)—(16).

h, can be calculated by the following equation [18]:

20

h

h, =0.206 (;](Re.cosm)o'63 Pr®%

where yaw angle a is 0 for cross flow and for the parallel
flow, this value is 90.

In stable condition, the heat transfer through permeate
boundary layer can be represented by the following formula:

Qﬂ _ Ti”lﬂ (Ca + (Dincuj(];,out - T;z,in) i ]w (AHS 4 erl—;/om)

(22)

wheret, c,c ,w, T, and T  are gasflow rate, specific heat
of air, specific heat of water, humidity ratio, air temperature

out and in, respectively.

2.2.3. Temperature polarization coefficient

The heat transfer also appears on boundary layers. The
high viscosity of feed solution and low flow rate resulted in
the difference of temperature in the bulk and membrane sur-
face which is called temperature polarization. These bound-
ary layers impose the resistance to heat transfer leading to
reduced membrane flux. Temperature polarization coeffi-
cient (TPC) used to measure the impact of temperature polar-
ization on the driving force. TPC can be expressed as:

Tm f _Tm
TPC=—f —mr (23)
’I;J,f - ’1-;7,;7

The subscripts m, f, p and b are membrane, feed, permeate
and bulk, respectively.

3. Materials and methods
3.1. Membrane characteristics

The polytetrafluoroethylene (PTFE) hydrophobic
microporous hollow fiber (HF) membrane with a con-
tact angle of 112°, nominal pore size 0.45 um, 50% poros-
ity, thickness of 480 um and an estimated liquid entry
pressure of 119.9 kPa was used in this study. Sumitomo
Electric Company Ltd. (Osaka, Japan) manufactured this
module. The membrane module had a packing density at
333.8 m?/m®. The effective membrane area was 0.255 m2.

3.2. Feed characteristics

Sodium sulphate (Na,SO, CAS No.7757-82-6, Alpha
Chemika, Maharashtra, India) and deionized water
(182 MQ cm™) were used for feed preparation. The

experiments were conducted with an initial feed concentra-
tion of 40 g/L sodium sulphate in both configurations. The
concentration of sodium sulphate in the solution estimated
using procedure 2540 C [19].

3.3. Experimental setup

The laboratory scale schematic combined DCMD and
SGMD are presented in Fig. 1. As the difference between
sweeping gas and DCMD is the carrier fluid (liquid/gas),
the setup was modified as per experimental protocol. The
membrane module was operated in outside in configura-
tion. Temperature probes and pressure probes were located
on the inlet and exit of the feed pipe to the membrane mod-
ule and were monitored for operational purposes. In this
setup, the feed tank (10 L working capacity) was accompa-
nied with a heater controlled by a thermal sensor. The feed
tank could be heated to a range of 30°C-100°C. As it was
a closed system, the level indicator on the feed tank was
used to observe/calculate the flux. On the feed tank, insu-
lation layer was provided to minimize the heat loss to the
environment. In DCMD, the permeate was deionized water,
which was in contact with a chiller via a heat exchanger to
maintain 15°C. In SGMD, ambient air was used as a carrier
fluid. Laboratory air compressor was used to supply the
sweeping gas; a gas flow meter measured the air flow rate.
An external condenser was not installed in SGMD system
to minimize the process complexity. Moreover, in process
intensification process, permeate collection is not a neces-
sary concern. Energy loggers were integrated to determine
the EC of the processes.

As the operation for both configurations were opted to
be semi-continuous to determine the maximum obtainable
flux. Divalent salt solution was added into the feed tank after
every 8 h with the concentration of the next batch 10% lower
than the end concentration of previous batch. In addition,
the volume of the feed solution was maintained at 10 L while
starting a new batch. The membrane module was rinsed with
water during this time to prevent crystal formation causing
damage to the membrane.

SO V. Heat exchanger
loop

Permeate 4
Cooler tank

P

aAeA Aem auQ

28nes ainssaigd

[} —

Electronic Balance

J0suas ainjesadwa ]

Level indicator

Feed tank % 3
| O~
O Heater

Fig. 1. Experiment setup of lab-scale hollow fiber membrane
distillation.
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3.4. Pure water flux and salt rejection

Pure water flux measurement was done using deionized
(DI) water in SGMD and DCMD configuration. In the case
of SGMD, the feed flow rate was kept at 2.4 L/min, while
the temperature was varied between 50°C and 70°C with
gas flow rates of 16.9, 19.6, 22.5, 25.5 and 28.5 L/min. After
the highest permeate flux was found for SGMD, the same
feed temperature was used for DCMD with varying per-
meate flow rate. The permeate flow rates were varied (0.74,
1.06, 1.32, 1.69, 2.1, 2.51 and 2.68 L/min). The permeate flux
(kg/m? h) was calculated by dividing the total mass loss rate
(kg/h) by effective membrane area (m?). The mass of water
lost in the heater was exactly the amount of permeate passed
through the membrane which was calculated by multiplying
the volume of water loss by specific density of water. The cal-
culation of flux (kg/m? h) is expressed as Eq. (24):

(Vl -V, ) xp,
o Axt (24)
where V| (L) is the volume of feed solution, V, (L) is the mea-
sured volume after 1 h, A (m?) is membrane surface area, p_
(kg/L) is specific density of water, t (h) is duration, in this
case, t equal to 1 h.

The rejection test was performed using 1% saline solu-
tion. The test was done to ensure only volatile compound
(water) passed through the hydrophobic membrane and
non-volatile compound (salt) retained in the feed solution.
The percentage of rejection (R%) was calculated by using
following Eq. (25):

(25)

R(%)—{Cfc_c”wao

f

whe?e C, (ppm) is' permeate concentration and C, (ppm) is
feeding concentration.

3.5. Membrane cleaning and fouling analysis

Membrane after a certain time becomes fouled thus
reducing the membrane flux. Therefore, membrane clean-
ing was done to remove fouling on the membrane surface
at the end of the operation. Rinsing membrane module with
DI water was implemented as a recoverable method (before
feeding every batch) and it was also used to remove remain-
ing chemical after cleaning the membrane. Inorganic foul-
ing (sodium sulphate/sodium chloride) was washed out by
dilute acidic solution (0.1 wt% oxalic acid and 0.8 wt% citric
acid) for 6 h. As the feed is a binary solution of water and
salt, the authors assumed no organic fouling to occur on the
membrane surface, thus did not treat it using base solution;
nor account it for overall resistance calculations.

The overall resistance (R,) includes membrane resis-
tance (R, ), boundary layer resistance (R,) and fouling resis-
tance (R). Membrane resistance was estimated by using DL
Fouling resistance consisted of recoverable fouling resistance
(R) that was evaluated after washing membrane with DI
water, reversible fouling (R ) and irreversible fouling (R,)
were identified by cleaning membrane with chemicals. The
overall resistance was calculated as follow [20]:

R,=R,+R,+R,=R, +R +ir+R, +R, (26)
In which each type of resistance was calculated as per
equations below:
Total fouling resistance (R,)

Pf—P
R (m/s) = ] u

where P and P are vapor pressure at feed and permeate side,
respectively.
Feed boundary layer resistance (R

@7)

b,f)

B, ,—P
R, (m/s) =Ll (28)

T

where P, ; and P are vapor pressures at bulk feed and mem-
brane feed, respectively.
Permeate boundary layer resistance (R, p):

R (m/s)zﬂ (29)

b,p ]
w

where P, and P, ~are bulk permeate and membrane perme-
ate vapor pressures, respectively.
Boundary layer resistance (R,):

R,(m/s)=R, , +R,, (30)
Fouling resistance (R):
R/(m/s)=R,—(R,+R,) (31)

Recoverable fouling (R ): R, was calculated using the flux
after rinsing with DI water for 30 min.

R (m/s)=R, - R 32)

1

Reversible fouling (R ): R, used the flux of the system
after cleaning with acidic solution and DI water:

R,(m/s)=R, -R,, (33)
Irreversible fouling (R, ):
R,=R,—(R +R,) (34)

3.6. Energy consumption

An energy meter was installed on the system to measure
the amount of energy consumed by the whole system. The
energy observed included energy consumed for heating or/
and cooling as well as energy used for pumping. Finally, the
EC (kWh/kg), where kWh of energy required to produce a
unit of permeate (kg), can be calculated by dividing the total
observed energy (kWh) by the flux (kg/m? h) and membrane
area (m?) as given in Eq. (35).
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_ Observed energy
J, xA

Moreover, the energy comparison between DCMD and
SGMD was more equitable by calculating gained output ratio
(GOR), in which only thermal energy was put into concern.
GOR is the ratio between latent heat and total heat input to
maintain the temperature of the feeding solution that indi-
cates the thermal efficiency of MD system:

Q,xA
foprCpX(T,in_Tf

EC (35)

GOR =

(36)

Lout )

where Ff (L/h) is the feed solution circulation rate, T, and

T, are temperatures of feeding solution before and after

f,out
passing through membrane module.
4. Result and discussion
4.1. Salt rejection, pure water flux and energy consumption
4.1.1. Pure water flux

In MD, the temperature of feed with permeate fluid
flow rate has a high influence on the flux. The increase of
feed temperature from 50°C to 60°C enhanced the membrane

flux by 74%. The highest flux falls into the group with feed
temperature of 70°C with more than 199% higher flux value
compared with the flux at 50°C. Accompanying the feed tem-
perature, the gas flow rate was detected as the dependent
operating parameter that used to control the flux membrane.

As presented in Table 1, it can be noted that at the same feed
temperature an increase in sweeping gas flow rate resulted in
an increase in membrane flux. The gas flow rate enhancement
promoted the heat transfer coefficient on the permeate side.
Therefore, the effect of temperature polarization was reduced.
However, its effect on membrane flux was not significant
as in the case of feed temperature. For example, at the same
feed temperature of 60°C, the membrane flux increased by
only 40% when increasing the sweeping gas flow rate from
16.9 to 28.5 L/min. Khayet and Matsuura [10] also concluded
that the feed inlet temperature affects more significantly than
a higher gas circulation velocity. When the gas flow rate was
increased from 25.5 to 28.5 L/min, it should be noted that the
flux reduced by 14%, this may be due to additional resistance
caused by pressure generated by the high gas flow rate. A sim-
ilar reduction in the membrane flux was also observed with
further increase in sweeping gas flow rate [21]. As established
previously (flux wise), 70°C for SGMD was better. Thus, the
same temperature was used to study the effect of permeate
flow rate on the flux in DCMD setup, where feed flow rate

Table 1
Pure water flux with different operating conditions in this study and literature
Configuration Feed AT (°C) Permeate fluid Flux Energy consumption = Reference
flow rate (L/min) (kg/m? h) (kWh/kg)
HF SGMD Water (50 -30) 16.9 0.52 2.70 This study
20 19.6 0.78 2.00
22,5 1.05 1.58
25.5 1.05 1.71
28.5 1.05 2.14
(60 —30) 16.9 1.31 1.39
30 19.6 1.57 1.27
22.5 1.83 1.34
25.5 1.83 1.43
28.5 1.57 1.64
(70 - 30) 16.9 1.83 1.35
40 19.6 2.09 1.31
22.5 2.61 1.07
25.5 3.14 1.09
28.5 2.70 1.32
HF DCMD (70 -15) 0.74 2.61 3.86
55 1.06 2.61 3.93
1.32 2.88 3.63
1.69 2.88 3.68
2.1 2.88 3.64
2.51 2.88 3.73
2.68 2.88 3.77
HF AGMD NaCl 3.5%w 55 - 12.5 - [23]
HF DCMD NaCl 9.09% 45 - 16.5 - [24]
HF VMD NaCl 9.09% 45 - 235 - [24]
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and feed/permeate temperature were kept constant. It was
found that at permeate flow rate of 1.32 L/min, the flux was
2.88 kg/m? h and after that even with the additional increase in
flow rate, no increase in flux was observed. It is noticeable that
at the optimum condition found in this study, the SGMD flux
was slightly higher than DCMD flux which was also observed
in the literature [22]. It can also be noted for both MD con-
figuration in this study, the flux compared with other studies
is lower, and this is due to the low porosity (50%) and high
thickness (about four times than flat sheet membranes in liter-
ature). However, the HF membrane used in this study had a
high packing density which means filtration area per volume
of the membrane is high. Thus from a commercial point of
view, HF is more attractive than flat sheet membrane.

4.1.2. Salt rejection

The rejection tests for SGMD configuration were con-
ducted with a gas flow rate of 16.6 L/min (lowest) and
28.5 L/min (highest) at a feed temperature of 70°C for 4 h each.
It was found with an average flux of 1.83 and 2.88 kg/m?h
and a rejection of 99.99% the membranes used for the study
could work with the MD principles in SGMD configuration.
As the membranes were performing well under SGMD con-
figuration the authors also assumed the same for DCMD
configuration.

4.1.3. Energy analysis

As one of the principal advantages of MD is its ability to
extract water below its boiling point. Within the two-studied
configurations, additional to pure water flux, EC was studied
and it was found that at feed temperature of 70°C, perme-
ate fluid flow rate 25.5 (for SGMD) and 1.32 (DCMD) L/min,
the EC was 1.09 and 3.63 kWh/kg, respectively. SGMD had a
lower EC as the permeate inherently was not condensed for
the process to work, unlike DCMD configuration. Moreover,
DCMD had a lower thermal efficiency than SGMD which
was expressed through the GOR value. The SGMD configu-
ration reached a GOR value of 3.6 that was two times higher
the GOR from DCMD system at 1.8. A study in AGMD shows
the GOR value in the range of 6-9.5 which is much higher
than this study because their distillate production rate was
high at 4-10 L/h [25]. However, specific MD configuration
would have more advantages compared with conventional
processes. Table 2 presented the EC comparison between
MD and other conventional process used for desalination.
MD uses the less energy among those desalination processes
because MD can work under the boiling point of water or
atmospheric pressure.

To summarize from observations made with pure water
flux, salt rejection and EC, the optimum temperature for
both configuration was 70°C, permeate fluid flow rate 25.5
(for SGMD) and 1.32 (DCMD) L/min, when feed flow kept
at 2.4 L/min, temperature of permeate was ambient tempera-
ture of 27°C + 3°C for SGMD and 15°C for DCMD.

4.2. Sodium sulphate removal using SGMD

The total experimental duration to concentrate from 40
to 450 g/L took 30 h. As presented in Fig. 2, the permeate

Table 2
Comparison between MD and conventional method in desalina-
tion process

Process Energy consumption Reference
(kWh/kg)

Air gap membrane 1.85 [14]

distillation

Reverse osmosis 1.37

Multi-stage flash 5.63

distillation

Multi-effect 4

distillation

Multi-effect solar still 25

HF SGMD 1.09 This study

HF DCMD 3.63 This study

flux did not significantly change when the salt concentration
increased. The flux decreased slightly from 3.07 to 1.95 kg/m?
h when the salt concentration increased from 40 g/L to around
450 g/L. The salt solution had a low viscosity, therefore, the
effect of the boundary layer and its related resistances were
minimal. Temperature polarization phenomena suggest that
the temperature was lower on the membrane surface than
observed in the bulk side of the membrane [18]. In addition,
solubility of the salt has a close relationship with temperature.
Depending on the type of salt (positive solubility or negative
solubility), the solubility is proportional or inversely pro-
portional to the temperature. Sodium sulphate has negative
solubility, implying higher solubility at lower temperature.
This trend was predicted by using Le Chatelier’s principle.
Sodium sulphate dissolved in water as an exothermic reac-
tion. Per the equilibrium law, external heat caused the equi-
librium to the exothermic process by moving towards the
reactants. Therefore, the salt crystal did not form on the mem-
brane surface before it appeared in the bulk feed. The concen-
tration reached around 450 g/L then some salt crystals started
to form and accumulate on the membrane surface. As seen in
Fig. 2, the concentration of feed solution reached supersatu-
ration, membrane flux declined because of the rapid forma-
tion of salt crystal on the surface of membrane. TPC value in
SGMD increased from 0.1 to 0.3 with an increase of feed con-
centration, similar observation are found using DCMD [26].
Khayet and Matsuura [10] also observed SGMD system (plate
and frame configuration) gave a TPC of less than 0.44. Solute
accumulation on feed membrane surface leading to increase
in boundary layer thickness can be attributed to the increase
in TPC as the feed concentration increases.

The result from Fig. 2 also indicated that at low salt con-
centration (40-285 g/L), the EC was ~1.07 kWh/kg. However,
the required EC tends to increase when solution reached
supersaturation. As above 285 g/L of sodium sulphate, EC
increased up to 1.37 kWh/kg. This was due to the decline in
flux while the energy demand from the system was constant.
In air gap MD configuration, the ratio of consumed energy
and water production was about 12 kWh/kg where the feed
was 10.6 g/L of Na,SO, at 50°C of feeding temperature [27].
The GOR decreased from 3.4 to 1.6 which means the heat loss
was higher as the feeding solution got denser.
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4.3. Sodium sulphate removal using DCMD

Similar to SGMD, when the setup was operated in DCMD
configuration the feed could be concentrated from 40 g/L to
around 450 g/L in 52 h. Alternatively, Li et al. [7] coupled a
reverse osmosis (RO) system with a membrane crystallization,
where RO was used to concentrate Na,SO, solution to 150 g/L,
and after that membrane crystallization was used. As can be
seen from Fig. 3, initially, the flux slightly decreased from 3.07
to 2.51 kg/m? h, while with the salt concentration was higher
than 200 g/L and came closer with saturation point, the flux
was reduced more significantly from 2.51 to 1.12 kg/m? h.
When the concentration of Na,SO, solution was ~450 g/L, the
salt crystals were observed on the membrane surface. In the
investigated range, the results of the experiment showed a
decline of membrane flux of 63.5%. Nghiem et al. [28] study-
ing DCMD system also observed a sudden drop of permeate
flux with calcium sulphate solution at saturation point. In
DCMD configuration, the boundary layers are recognized as
a factor that limits the flux. The TPC was higher from 0.74 to
0.76 with increasing concentration of salt solution.

The heater and cooler equipment represented as the
main consumed energy sources of the DCMD process.
As presented in Fig. 3, the energy required for DCMD
remained stable at low concentration with the average value
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of ~3.6 kWh/kg. Criscuoli et al. [29] presented while using
DCMD configuration the lowest energy required for their
system was 3.55 kWh/kg, where feed temperature varied
from 40°C to 60°C while permeate temperature was changed
from 13°C to 14°C. However, the required energy rose to 60%
of energy demand compared with working with the initial
concentration of 8.44 kWh/kg. The reason for this extreme
change of EC was the flux reduction at high salt concentra-
tion. In addition, the significant decrease of GOR from 1.7 to
0.5 provided evidence that feeding concentration had a nega-
tive effect to the thermal efficiency of the system.

4.4. Fouling analysis in SGMD configuration

The fouling analysis was similar between DCMD and
SGMD configuration because the salt concentration and con-
tact time did not effect on the fouling of negative solubility
salt. Thus, the study focuses on fouling analysis in SGMD
configuration. MD process is generally affected by membrane
resistance and boundary layer resistance. The membrane
resistance that was evaluated by the pure water test is con-
stant, and boundary resistance closely depends on the con-
centration of feed solution. However, the analysis revealed
that as the salt concentration increased from 40 to 450 g/L,
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Fig. 3. Performance of HF DCMD in the operation with high concentration Na,SO, solution.
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the contribution of boundary layer resistance increased insig-
nificantly from 27.5% to 33.2%, while membrane resistance
was still the highest form of resistance. Therefore, the sodium
sulphate concentration had a minor effect on the boundary
layer resistance. No flux reduction or wetting of membrane
surface was observed during reclamation process of Na,SO,
from industrial wastewater utilizing MD [3]. Similarly, no
wetting was observed in the current study.

Fouling analysis in MD with the highest concentration
of the salt solution was conducted to consider the portion
of different types of resistance. The inorganic fouling was
generated due to the formation of sodium sulphate crystal-
lization. The crystal nucleation appeared at supersaturation
condition. The different resistances contributions are grouped
in Fig. 4. The highest resistance accounted for 44.7% that was
localized in membrane resistance while the inorganic foul-
ing at 33.2% was lower than membrane resistance but higher
than boundary layer resistance at 22.1 %. The negative solu-
bility of sodium sulphate salt is a rational reason to explain
this phenomenon. A negative soluble salt is more solvable at
low temperature than at high temperatures; implying that
the crystal did not preferentially form on the membrane sur-
face. Additionally, rinsing membrane with DI water every
8 h is also the reason of the negligible influence of inorganic
fouling. The membrane was recovered by running with DI
water for around 30 min with recoverable fouling accounted
for 25.5%. In addition, MD was further cleaned by citric and
oxalic solution that resulted in 7.7% of reversible fouling.

4.5. Comparison between SGMD and DCMD

At the same condition, initially, the flux for HF DCMD
and HF SGMD was relatively equal to 3.07 kg/m? h as pre-
sented in Fig. 5. The temperature difference between two
sides in DCMD configuration (55°C) was greater than in the
SGMD (37°C). However, for SGMD configuration, gas tem-
perature contributed slightly to the membrane flux. Ambient
temperature (varying between 25°C and 35°C) was observed
to be sufficient to utilizing as gas temperature [10]. SGMD
was insensitive with the temperature of the permeate gas [21].
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The flux in SGMD system seemed to be stable at the ini-
tial concentrations and came down to 2 kg/m? h at the satu-
ration point, while DCMD flux reduced more significantly
and reached 1.12 kg/m? h at the end of the experiment. In
general, as the salt concentration increased, the DCMD flux
decreased more sharply than the flux in SGMD system. At
450 g/L of salt solution, in SGMD configuration, heat trans-
fer coefficients (HTC) of feed side and permeate side were
calculated to be 530.9 and 163.6 W/(m? K), respectively.
Those values were found to be 530.9 and 1,758.1 W/(m? K)
in DCMD configuration with the same concentration of salt.
Permeate side of the DCMD had a higher HTC than that of
feed side due to Eq. (14), the smaller hydraulic diameter in
permeate side leads to the higher in HTC value. In contrast,
higher HTC value of feed side was found as compared with
permeate side of the SGMD configuration because water had
a considerably greater HTC than that of gas. Therefore, heat
transfer was found to occur at the feed side of SGMD and
the permeate side of DCMD. The above explanation presents
the strong effect of high concentration of feed side on reduc-
ing the membrane flux within the DCMD configuration. In
addition, the GOR analysis reveals that at saturation concen-
tration of feeding solution, the GOR of SGMD was 1.5 which
was three times the GOR from DCMD configuration at 0.5.
Thus, SGMD utilized thermal energy more productive than
DCMD.

Fig. 6 presents the EC in HF DCMD system which was
markedly higher as compared with EC in HF SGMD system.
It was since energy used for cooling water in DCMD system
was much higher than the energy utilized for supplying gas
in SGMD system. Moreover, the internal heat loss through
membrane in DCMD promoted more energy (in terms of heat
conduction) and resulted in re-heating and re-cooling the feed
and permeate solution, respectively. The general performance
of DCMD and SGMD configuration in this study is compared
with another research as described in Table 3. In addition to
DCMD and SGMD, AGMD was also indicated as potential
configuration in intensification process. Synthetic brine with
the initial concentration of 65 g/L. NaCl could be concentrated
above the saturation point by using flat sheet AGMD [30].
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0%

Fig. 4. Different type of resistances in MD with high salt concentration.
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Fig. 6. Energy consumption comparison between SGMD and DCMD.

The study reached highest flux up to 46.50 + 0.21 kg/m? h
because of the high different inlet temperatures 82°C. Another
study also confirmed that DCMD was able to treat high salt
solution which was collected from the North Arm of the Great
Salt Lake [31]. The hypersaline brine contains not only spar-
ingly soluble salts but also natural organic matter. The flux
reached 25.3 L/m? h with a temperature difference of 40°C.
The membrane was prevented from fouling damage by limit-
ing the extent of concentration. It is more unfavorable to han-
dle with positive solubility salt. Fouling resistant is problem
of MD when dealing with saline brine which contains mostly
positively soluble salt solution. In addition, another method
to overcome fouling is adding anti-scalant with appropriate
dose in the test with seawater by AGMD [32]. However, the
EC analyses were not mentioned in these studies.

5. Conclusions

In this work, the Na,SO, solution was treated by DCMD
and SGMD configuration using HF PTFE membrane. Their
performances were investigated and compared. The follow-
ing conclusions can be made:

The optimum operating condition of the system using
pure water with the gas flow rate of 25.5 L/min in SGMD and

the permeate water flow rate of 1.32 L/min in DCMD. The
feed temperature was better at 70°C.

In SGMD, the permeate flux was relatively stable at around
2.51 kg/m? h when the salt concentration increased from 40 to
450 g/L. In addition, the temperature polarization was observed
as a favorable factor for membrane flux at high concentration.
The energy consumed in this experiment was 1.07 kWh/kg.

Experiment on DCMD configuration was also successful
when operated with a high concentration of Na,SO, solution.
The membrane flux decreased from 3.07 to 1.12 kg/m? h when
salt concentration increased from 40 to 450 g/L. The EC rose
from 3.32 to 8.44 kWh/kg at higher salt concentration.

Fouling resistance did not play an important role as the
feed was sodium sulphate salt solution. The highest resis-
tance accounted for 45% that was localized in membrane
resistance, followed by 33.2% of inorganic fouling resistance
and 22.1% of boundary layer resistance. If this compound
needs to be concentrated from industrial effluent, other con-
taminants might cause more fouling and need to be studied
depending on the industry.

There was no significant difference in average flux between
DCMD and SGMD configuration at 2.2 and 2.6 kg/m? h,
respectively. However, the EC of DCMD system (5.1 kWh/kg)
was markedly higher compared with EC in SGMD system
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Table 3
Performance of MD in various studies
Configuration Feed Temperature (°C) Maximum reached Energy consumption Fouling Reference
solution Feed side Permeate side concentration (g/L) (kWh/kg) phenomena
DCMD Industrial 4010 30+10 370.3 - No pore [3]
wastewater blocking
(40-132 after cleaning
g/L Na,SO,) with citric
acid solution
and distillate
water
DCMD Synthetic 65+5 15+3 ~450 3.3-84 Fouling This
Na,SO, resistance study
solution overcame
(40 g/L) after cleaning
SGMD 65+5 29+3 1-13

with citric
and oxalic
solution and
rinsing with
distillate
water

(1.2 kWh/kg) and GOR of SGMD was three times the value
from DCMD. Thus, SGMD becomes a better configuration in
dealing with high concentration of Na,SO, solution.

Polymer degradation have been observed at very high

salt concentrations [33], thus long-term studies are needed
before employing technology at industrial scale.
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