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a b s t r a c t
Membrane distillation (MD) uses thermal energy to purify brackish and seawater. The MD-required 
specific energy is almost ten folds of that required by the conventional thermal and membrane desali-
nation processes. Herein, the performance of the direct-contact membrane distillation (DCMD) unit 
for the desalination of brackish water was empirically evaluated. The recovery ratio and the thermal 
efficiency of the unit were found to be very low compared with conventional desalination processes. 
Different configurations designed to maximize the process performance were thus proposed and 
investigated theoretically. The investigation involved simulations using a validated DCMD model. 
The configuration based on permeate-heat recovery offered the maximal gain output ratio (GOR) 
of up to five when an MD system with a large surface area of 10 m2 was used. On the other hand, 
the configuration based on brine recycling outperformed that based on permeate recovery when the 
surface area of the MD system was less than 6 m2. Although the cascade configuration with permeate 
recovery produced the highest GOR, this design suffers from a greater specific capital investment due 
to the larger number of MD units.
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1. Introduction

Membrane distillation (MD) is a hybrid membrane- 
thermal desalination process for which the driving force is 
the difference in temperature on the two sides of a hydro-
phobic membrane. MD offers the advantages of requiring 
low temperature and pressure levels and affording high 
rejection rates for nonvolatile components and, therefore, 
high product quality. MD can be driven by low-grade energy 
sources such as solar, geothermal, and waste heat sources. 
However, its performance remains unsatisfactory due to 
limitations associated with its very low production rate per 
unit membrane area and its high specific energy consump-
tion. For example, the MD recovery ratio is known to be low, 

less than 10%. Therefore, improving the performance of the 
MD system is essential for its expansion and adoption as a 
reliable desalination process.

Several experimental and theoretical investigations have 
been conducted to develop methods and evaluate concepts 
for enhancing the performance of MD systems. Alklaibi and 
Lior, Matsuura and Khayet, and Camacho et al. [1–3] among 
others reviewed the status of the MD process and proposed 
approaches for improvements. Recently, Thomas et al. [4] 
reported revived attention during the last few decades.

Several concepts and methods have been used to enhance 
the efficiency of the MD process by improving the recovery 
ratio and the product flux. In fact, the permeate and brine 
streams often contain significant amounts of heat that should 
be recovered and reused to produce more fresh water. Brine 
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recycling and use of energy recovery devices and hybrid 
desalination processes are examples of such methods. Other 
efforts have been made to fulfill the general objective of 
enhancing the efficiency of the MD process. These attempts 
and others can be categorized as follows:

• Development of new types of MD membranes specifically 
targeting fouling, increasing the transported vapor flux 
and extending the membrane life [3–8].

• Incorporating heat recovery systems into the brine and 
permeate sides and recycling the brine [9–11]. Several 
recent studies have focused on reusing the supplied heat 
via multistage and multiple effect concepts [12–17].

• Use of low cost, renewable energy, and waste heat sources 
to reduce the overall energy consumption. The appro-
priate integration of MD units with renewable energy 
sources is very attractive [4,18–20].

• Developing various configurations for enhancing the 
efficiency of the MD process, namely, direct contact 
(DC), air gap, vacuum, and sweeping gas MD. Hence, the 
development of water gap and material gap MD (21–23), 
adding spacers in the hot feed path to promote turbu-
lence [24], and the use of a novel coated membrane in 
hollow-fiber crossflow module for water delamination 
[25] are examples of this approach.

• Integration of MD with conventional and nonconven-
tional desalination systems is an approach that seems to 

have a very good impact on increasing the recovery ratio 
and reducing the specific energy consumption [2,26].

• Advanced theoretical investigations on transport phe-
nomena within the membrane. For example, Eleiwi et al. 
[27] studied the dynamic modeling of a direct- contact 
membrane distillation (DCMD) module.

The present study focuses on proposing and assess-
ing configurations with the aim to achieve better energy 
management within the MD unit. These configurations are 
essentially based on recovering the heat contained in the per-
meate and brine and using the multistage structure. Energy 
and exergy analyses are implemented based on a validated 
model. The next section of the paper presents a brief descrip-
tion of the experimental setup used to generate important 
results showing the low performance of such an MD configu-
ration. A model validation is also provided using the experi-
mental results. Section 3 deals with the description of various 
MD configurations with heat recovery and staging options. 
The results expressed in terms of variations of recovery ratio, 
thermal efficiency, exergy destruction, and membrane cost 
are then presented and discussed.

2. Experimental results and model validation

Fig. 1 illustrates the flow diagram of the MD pilot plant 
constructed by SolarSpring, Germany. The unit is equipped 
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Fig. 1. Schematic of MD pilot plan.
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with a DCMD module comprising a 10 m² effective membrane 
area, 14 m channel length, and 0.7 m channel height. The 
membrane is 230 µm in thickness with 0.2 µm pore diameter 
and 2 mm channel gap. DCMD is the simplest and easiest to 
realize practically and widely employed MD configuration 
where the permeate water used generally as cooling water 
is in DC with the membrane surface at the cold side. More 
details on this MD configuration can be found in refs. [1–3].

The process employs two major water loops. In the 
brackish water loop, also known as the evaporator loop, 
brine is withdrawn from storage tank T1, heated in an electri-
cal heater (H1), and pumped through the hot side of the MD 
unit. The brine leaves the hot side at a lower temperature and 
returns to T1.

In the condenser loop, raw water is withdrawn from tank 
T2, cooled to the desired temperature via the heat exchanger 
(H2) using tap water, and pumped through the cold side of 
the MD unit. The warm water exiting the condenser loop is 
recycled to T2. Due to the vapor pressure difference induced 
by the temperature difference, water evaporates from the hot 
side and condenses at the cold side as pure water. The distil-
late is collected as overflow in tank (T3) where it is quantified 
using an electronic balance. The process employs various 
sensors to measure the temperature of the four streams 
around the MD unit, the inlet pressure, and the inlet salinity. 
The system is also linked to a data acquisition system for data 
logging and storage.

The pilot plant is employed for desalinating geothermal 
water taken from a local well. The well temperature is 70°C, 
and its salinity is 1.414 kg m–3. The present experiment was 
performed such that the inlet temperature of the hot side was 
70°C to simulate the realistic geothermal source. The inlet 
temperature of the condenser loop was maintained at 25°C. 
The experimental results are depicted in Fig. 2.

Fig. (2) shows the measured exit temperature of the 
cold and hot streams and the water mass flux at different 
feed flow rates. Note that equal flow rates were used for the 
cold and hot streams. The error bars indicate the measure-
ment uncertainty. Note that error bars will be omitted from 
the following figures for better visibility. The exit permeate 
temperature increases with the flow rate until it reaches an 
asymptotic value. The increase in the permeate temperature 
is due to enhanced heat transfer induced by increasing turbu-
lence and due to reduced relative heat loss to the surround-
ings. The exit permeate temperature becomes saturated at 
higher flow rates because of the limitation imposed by heat 
losses due to conduction. On another side, Fig. 2 shows the 
effect of the flow rate on the recovery ratio and gain output 
ratio (GOR) calculated using Eqs. (A.17) and (A.18). The fig-
ure demonstrates that even though the mass flux increases 
with the flow rate, the recovery ratio does not exceed a max-
imum value of 5%. The thermal efficiency also remains low.

The experimental data were used to validate the MD 
model described in Appendix A. Fig. 2 illustrates that the 
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Fig. 2. MD experimental results using real brackish water, inlet feed temperature Thout = 70°C, cooling temperature Tcin
 = 25°C, and inlet 

feed concentration Csf = 1.4 kg m–3.



27E. Ali et al. / Desalination and Water Treatment 142 (2019) 24–36

model prediction was consistent with the experimental 
results. The model prediction was improved by adjusting 
the heat losses to the surroundings to fit experimental data. 
Further discussion of the process behavior and the model 
prediction, which is beyond the scope of the present work, 
can be found elsewhere. Therefore, further details on the 
experimental results and model validation are provided in 
refs. [28,29]. The main idea of the inclusion of Fig. 2 is to 
prove that the model to be used for analyzing the heat and 
mass transfer in different MD configurations is validated and 
hence trustworthy.

Notably, several authors have obtained similar low 
efficiency of the MD process [4,20,30]. This work proposes 
a theoretical investigation using an experimentally vali-
dated model to assess scenarios for achieving better ther-
mal management and thus higher thermal efficiency of the 
process. Various configurations based on recovering and 
reusing thermal energy at the permeate and brine exits and 
expanding the membrane surface area by multistaging are 
presented and evaluated. The effects of important parame-
ters on the energy use and efficiency of the process are also 
investigated.

3. Design structure and methodology

Because the MD operation is based on phase change, i.e., 
evaporation and condensation, it requires sensible energy 
for heating and cooling. Depending on the adopted method, 
the thermal efficiency of the MD process can be quantified 
using the ratio given in Eq. (A.18), which relates the energy 
consumed for vaporization to the input heat. Therefore, the 
higher this ratio, the more efficient the process. This ratio 
essentially expresses the amount of fresh water produced 
per unit heat input, as the latent heat of vaporization does 
not change significantly over the range of operating tempera-
tures. In this case, we use this key performance index (KPI) to 
compare the process design modifications. Table 1 describes 
the six considered options giving various heat recovering 
possibilities. These structures (options) are based on the con-
figurations proposed in the literature to reduce the energy 
consumption such as permeate-heat recovery, brine recircu-
lation, and multistrand. Note that option 3 is a combination 
of brine recycling and preheater heat recovery. Similarly, 
option 6 is a combination of multistage and heat recovery. 
Hence, the energy efficiency of these different possibilities 
is compared using the same basis for operating conditions 
and design parameters. The default structure for water 
desalination using MD is depicted in Fig. 3, and this default 

is also denoted as the baseline. This structure is characterized 
by the absence of any recovery device.

This standard structure uses external heat energy to 
warm the feed to the desired temperature when non-geo-
thermal water is purified. Alternatively, Fig. 4 shows the MD 
process with heat recovery [3], which is termed the permeate 
recovery option herein because thermal energy is recovered 
from the exiting warm permeate. In this configuration, the 
permeate stream absorbs the distillate product; therefore, the 
product is separated and only permeate feed flow is recycled, 
i.e. m mh cin in

= . Note that the brine leaving the MD unit is less 
than the feed. In this case, the feed tank is compensated for 
this loss from a large reservoir.

The permeate recovery option is particularly appli-
cable to MD with a large heat transfer area that allows for 
considerable heat transfer from the hot side to the permeate 
side. On the other hand, when the heat transfer area for MD 
is insufficient, the brine stream exits at a higher temperature. 
Therefore, the brine recycling or brine recovery option [31] 
is recommended, as illustrated in Fig. 5. The configuration 
shown in Fig. 6 integrates brine and permeate recovery into 
one system. This might be useful when both the brine and 
permeates are leaving the MD with significant thermal energy 
depending on the surface area of the designated MD unit.

Table 1
Summary of the studied MD configurations with heat recovery and staging options

Option number Option 0 (baseline) 
configuration

Option 1 Option 2 Option 3 Option 4 Option 5

Description Single-stage MD 
with an external 
heat and cooler

Single-stage 
MD with 
permeate-heat 
recovery

Single-stage 
MD with brine 
recovery

Single-stage 
MD with both 
permeate and 
brine recovery

Staged MD 
in series with 
brine recovery

Staged MD 
in series with 
permeate 
recovery

Related figures Fig. 3 Fig. 4 Fig. 5 Fig. 6 Fig. 7 Fig. 8
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Fig. 3. Baseline design structure.
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Depending on the relative temperature of the brine and 
departing permeate, the dotted line in Fig. 6 can be switched 
between heat exchanger Hx1 and heat exchanger Hx2. For 
example, if Tcout  is higher than Thout, the dotted line passes 
through Hx1 first and then Hx2 and vice versa.

Fig. 7 demonstrates the cascaded or staged MD in 
series [32]. The staged structure facilitates recovery of the 
thermal energy of the brine by vaporizing an additional 
amount of water in a subsequent MD stage, as long as the 
driving force is sufficient. The driving force is simply the 
temperature difference between the brine and the cold feed 
permeate. Fig. 7 shows three stages in series for illustration 
purposes; however, the possible number of stages is deter-
mined by the driving force, as discussed further in section 
5.1. Fig. 8 is a modification of option 5 that includes heat 
recovery from the permeate. All stages in options 4 and 5 

have the same surface area. Conceptually, staging is similar 
to increasing the surface area of the MD unit. In this case, 
the heat recovered from the brine stream is transferred to 
the permeate stream, causing the permeate to leave the 
last stage at a higher temperature. Hence, it is of interest to 
recover the heat from the permeate.
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Fig. 4. Design structure for option 1 (a single stage with permeate 
recovery).
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It should be noted that the thermal efficiency will be 
improved in options 1−3 due to the reduction of the energy 
load required to preheat the feed in H-1. In option 4, the 
thermal efficiency is enhanced by increasing water vaporiza-
tion via cascading. On the other hand, option 5 increases the 
thermal efficiency by both reducing the heat load of H-1 and 
increasing water vaporization. Hence, option 5 is expected 
to deliver the best performance. All of the aforementioned 
configurations are compared herein using the model devel-
oped for the experimental MD rig. A description of the model 
is presented in Appendix A, and the solution algorithm has 
been documented by Ali [32]. For a fair comparison, unified 
MD specifications and operating conditions are used. The 
operating conditions are as follows: feed flow rate: 300 kg h–1, 
hot feed temperature: 80°C, cold feed temperature: 25°C, and 
feed salinity: 1.4 kg m–3. The intermediate variables such as 
Th2

 for option 2 and Th1
 and Th3

 for option 3 are determined by 
simple heat balance for each case. Furthermore, the recovery 
ratio defined by Eq. (A.17) is based on a single pass such that 
the recovery ratio is unified for all configurations. For entire 
upcoming simulations, the maximum allowable total surface 
area for the process is 10 m2. The total surface area is defined 
as the area of a single MD unit multiplied by the number of 
stages. For example, for one stage, the maximum allowed sin-
gle MD area is 10 m2; for two stages, the maximum allowed 
single MD area is 5 m2; etc. Moreover, the size of single MD 
and numeric of stages are integer variables. Furthermore, 
equal single MD size is enforced for all stages. Similarly, for 
a fair comparison, the maximum allowable Thout is 30°C for all 
simulations.

4. Exergy analysis principles

Exergy analysis is based on the second law of thermody-
namics. Generally, it is used to identify the causes, origins, 
and magnitudes of process inefficiencies. Exergy is known 
as the maximum potential work in a system as it interacts 
with the environment, i.e., the available work lost due to 
irreversibility. The exergy destruction is an engineering tool 
for the efficient design of energy-driven systems. The total 
exergy of the MD process system considered in this study is 
the sum of the exergy loss in each individual component. For 
all configurations considered here, the individual compo-
nents are the MD unit, the primary heater (H-1), the primary 
cooler (C-1), and the additional heat exchangers utilized in 
the option 3 configuration. The exergy destruction rate of 
a control volume at steady state for each component of the 
system is defined by Kotas [33] as follows:

   E m m
T
T

Q Wo

k
kxd

in out
= − + +









 −∑ ∑ ∑ψ ψ 1  (1)

where Ėxd, ψ, ṁ, and T are the rate of exergy destruction, 
exergy flow per unit mass, mass flow rate, and temperature, 
respectively. The subscript o denotes the property value under 
the surrounding conditions, and the subscript k indicates the 
property value at state k. The first term on the right-hand side 
of Eq. (1) is the sum of the exergy input to a controlled vol-
ume. The second term is the sum of the exergy output from 
the controlled volume. The third term represents the exergy 
of heat Q transferred to the system at constant temperature 

T. The last term is the mechanical work transfer to or from 
the system. Neglecting the kinetic and potential exergy, the 
physical flow exergy per unit mass for a pure substance is 
defined as follows [33]:

ψ = −( ) − −( )h h T s so o o
 (2)

where h and s are the specific enthalpy and entropy, respec-
tively, whereas the terms ho and so are the enthalpy and 
entropy values of the fluid at the reference temperature To. 
The dead-state temperature and pressure are taken as 20°C 
and 101.325 kPa, respectively. The effect of the salinity is 
ignored. In this study, the total exergy loss is used as a per-
formance index to compare the effectiveness of the proposed 
configurations.

5. Results and discussion

The surface area of the MD unit has an important impact 
on the overall mass and heat transfer through the membrane 
interface. Hence, it is an effective factor influencing the MD 
performance. Moreover, it affects the process economics 
as the membrane capital cost is proportional to the surface 
area. Consequently, we compare the thermal effectiveness 
of the proposed design configuration over a selected range 
of values for the surface area. Note, the experimental orig-
inal MD setup has a surface area of 10 m2, but we examine 
the performance at other surface area values via simulation 
using the validated model.

5.1. Recovery ratio and thermal efficiency

Fig. 9 compares the performance of the MD systems in 
terms of the recovery ratio and thermal efficiency for the six 
configurations (options). The definition of recovery ratio and 
thermal efficiency GOR is given by Eqs. (A.17)–(A.19).

In addition, Fig. 9(a) and (b) illustrates how the tem-
peratures of the departing streams (Tcout  and Thout, i.e. the 
exit permeate and brine temperatures, respectively) change 
with the surface area of the MD unit. The profiles of these 
temperatures are presented and discussed because they are 
strongly related to the recovery ratio and thermal efficiency. 
For a small surface area, the permeate and brine streams 
both exit at almost the same moderate temperature. When 
the area increases, the overall heat transfer from the hot side 
to the cold side increases accordingly, causing the permeate 
temperature to increase considerably to a maximum of 75°C 
and the brine temperature to drop to a minimum of 29°C. 
This variation in the temperature with the area will affect 
the thermal efficiency of the different process configurations. 
Furthermore, this variation was common to all cases except 
options 4 and 5. The temperature profile for the latter cases 
is discussed in section 5.1. The identical temperature profile 
of options 1−3 and the baseline is reasonable because a single 
MD unit was used and the same operating conditions were 
enforced in all cases.

For the same reasons mentioned above, a unique recov-
ery ratio was obtained for these cases, as depicted in Fig. 9(c). 
Options 4 and 5 are exceptions, where their corresponding 
recovery ratios are identical and remain almost close to 5.5%. 
The recovery ratios for options 4 and 5 differ than the other 
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cases at surface area lower than 6 m2 but become identical 
afterward.

However, the GOR was dissimilar for all proposed 
configurations, as shown in Fig. 9(d). In fact, the baseline, 
option 2, and option 4 had the lowest GOR, whereas option 
1, option 3, and option 5 had unique thermal efficiencies. For 
option 1, the GOR increased linearly with the area because 
Tcout  increased considerably, as mentioned earlier, leading to 
a remarkable reduction in the heat duty of the feed preheater 
(H-1). Option 3 showed a slow and monotonous improve-
ment in the thermal efficiency because the heat recovered 
from the reject brine and outlet permeate is limited by the 
thermodynamic efficiency of the heat exchangers Hx1 and 
Hx2. Interestingly, for a small surface area, i.e., less than 
6 m2, the hybrid heat recovery (option 3) was superior to 
the permeate recovery (option1) in terms of providing a 
higher GOR. In comparison, for a surface area larger than 
6 m2, option 1 provided superior performance. In fact, option 
1 furnished a high GOR of five for a surface area of 10 m2. 
Option 5 delivered an irregular response over the range of 
surface areas because the production rate is a function of 
both the surface area and number of stages. In fact, the num-
ber of stages and surface area are interrelated as discussed 
below in relation to Fig. 10. Nevertheless, option 5 afforded 
the best performance in terms of the recovery ratio and ther-
mal efficiency over the entire surface area range due to the 
staged structure.

It should be noted that option 2 had a low GOR because the 
brine temperature remained lower than that of the permeate 

over the entire surface area range. Therefore, the contribution 
of the former to the heating duty of H-1 remained minor.

Fig. 10 demonstrates the performance achieved with 
options 4 and 5 independent of the other cases due to the 
distinct results obtained with these options. These two con-
figurations produced irregular responses, i.e. discontinuity, 
because of the combined effect of the surface area size of sin-
gle MD and number of stages involved bearing in mind that 
both of them are integer variables. The results in Fig. 10 are 
plotted against the size of a single MD unit. As shown in Fig. 
10(b), since we are dealing with multistage, for each single 
MD size, different number of stages are used to achieve a 
brine temperature of ≤30°C at the last stage, which is the tem-
perature obtained when a single 10-m2 MD unit is used. The 
required number of stages for each single MD size was deter-
mined by sequential iteration. For instance, for a given sur-
face area, the model for a single MD is solved if Thout C≤ °30  
iteration stops. Otherwise, a train of two stages is tried and so 
on. For example, Fig. 10(b) shows that eight stages are needed 
when an MD unit with a surface area of 1 m2 is used, which 
makes the total surface area equal to 8 m2. For MD with an 
area of 6 m2 and higher, a single stage is sufficient. In fact, for 
a single MD size of 6 m2 and higher, only one stage can be 
employed because the total surface area is limited to 10 m2. 
Nevertheless, it turned out that one stage of single MD size 
of 6–10 m2 was sufficient to make Thout equal to 30°C. Notably, 
because the number of stages is an integer variable and an 
equally fixed integer MD size is used for all stages, nonlin-
earity is induced in the numerical solution of the model. 

T co
ut

 [o C]
(a)

50

60

70

80

baseline
option1
option2
option3

T ho
ut

 [o C]

(b)

20

30

40

50

60

Single MD Area [m2]

Re
co

ve
ry

 [%
]

(c)

1 2 3 4 5 6 7 8 9 10
3

4

5

6

baseline
option1
option2
option3
option4
option5

G
O

R 
[J

/J
]

Single MD Area [m2]

(d)

1 2 3 4 5 6 7 8 9 10
0

2

4

6

8

Fig. 9. Comparison of the MD performance of different configurations (a) Tcout, (b) Thout, (c) Recovery ratio, and (d) GOR.



31E. Ali et al. / Desalination and Water Treatment 142 (2019) 24–36

This nonlinearity creates fluctuation in Tcout  and consequently 
in the mass flux. Because staging is conceptually similar to 
increasing the surface area, the temperature of the brine and 
permeate should reach their extreme values when the total 
surface area is large. Hence, the brine temperature remained 
around 30°C and the permeate temperature around 75°C. 
Some fluctuations in Tcout  were observed for surface areas in 
the range of 3−6 m2 although the number of stages used was 
the same, e.g., two stages. Note that although the number 
of stages was constant in these cases, i.e. 2, the total surface 
area was different because the size of the individual MD 
units is dissimilar. This variation affects the calculation of Tcout  
and consequently the recovery rate, as shown in Fig. 10(c). 
Moreover, because the number of stages is an integer vari-
able and a fixed membrane size is used for all stages for a 
given MD surface area, nonlinearity is induced in the numer-
ical solution of the model. As shown in Fig. 10(c), despite the 
minor variation in the recovery rate with the surface area, a 
recovery rate of around 5% (5.2%–5.7%) was obtained over 
the entire surface area range. According to Eq. (A.17), the 
recovery rate is proportional to the mass production which 
is a multiplication of mass flux by the surface area. For small 
surface areas, e.g. less than 6 m2, the mass production is small. 
At surface area equal to and larger than 6 m2, the mass flux is 
higher. However, the number of stages involved in both cases 
is different which makes the overall recovery rate almost the 
same around 5%. Note that the temperature and recovery 
rate profiles for options 4 and 5 were exactly similar because 
these parameters are not affected by the heat recovery of the 

permeate stream. The GOR for option 4 followed the same 
trend as the recovery ratio because like the recovery ratio, the 
GOR is proportional to the production rate given that the heat 
input is constant. On the other hand, the GOR for option 5 
was affected by both the production rate and heat input as 
the latter varies with Tcout  according to Eq. (A.19). As a result, 
the GOR for option 5 was much larger than that of option 4 
and followed a slightly different trend with variation of the 
surface area. For example, GOR5 (where the subscript indi-
cates the option) increased at 5 m2, whereas GOR4 decreased, 
although the production rate declined at that specific area, as 
manifested by the recovery ratio. The steep increase in GOR5 
is due to the increase in Tcout  between 4 and 5 m2. Fig. 10(b) 
shows that for MD sizes of 6 m2 and above, only one stage is 
required. Moreover, the recovery ratio and the GOR between 
6 and 10 m2 were identical to those of option 1 (Fig. 9(d)) 
because in both cases, only one stage was employed. It should 
be noted that our finding for options 4 and 5 which use the 
multistage concept is consistent with that of Lee et al. [17]. 
They reported a GOR less than 1 for a cascade of 4 and 8 
DCMD stages when no heat recovery is involved. However, 
when heat recovery is involved, the GOR becomes larger than 
2 when 4 stages are used and around 8 when 8 stages are 
used. In addition, our observation regarding the relationship 
between the number of stages and surface area (Fig. 9(b)) is 
also in agreement with that reported by Ali et al. [34]. They 
have shown that the number of required stages to achieve 
70% recovery factor decreases with area per stage. In our 
case, we have fixed Thout instead of the recovery factor bearing 
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in mind that the former is related indirectly to the recovery 
ratio. In general, keeping the temperature drop as large as 
possible by fixing Thoutwill improve the thermal efficiency of 
the system and hence fixes the overall recovery ratio because 
all other operation conditions are constant.

5.2. Exergy analysis

The exergy flow for each stream of the baseline option 
is listed in Table 2. Cold water (20°C) was used in the cooler 
(C-1) and saturated steam at 100°C and 1 bar was used in the 
preheater (H-1). The corresponding mass flow rates were 
computed by simple heat balance around each unit. The 
data in Table 2 were used to calculate the exergy losses for 
each component, as listed in Table 3. The baseline had a total 
exergy destruction of 5 kW when an MD system with a sur-
face area of 1 m2 was used. This total exergy destruction rate 
represents about 58% of the total exergy entering the unit. 
Similar results were obtained with different MD unit sizes. 
Using the same approach, the exergy losses for the other 
options with different surface areas could be obtained.

Fig. 11 compares the overall exergy destruction for all 
options as a function of the membrane area. The baseline and 
option 4 had the largest exergy losses among the configurations.

Option 2 had a smaller exergy loss when the membrane 
area was 1 m2, but the exergy loss increased monotonically as 
the membrane surface area increased. As previously found, 
options 1, 3, and 5 delivered the best performance of the var-
ious options. These configurations provided the least irre-
versibility due to a considerable reduction of the heat energy 

consumed by H1, bearing in mind that the exergy losses of 
H1 were greater than those of the other units in the process. 
Reduction of the heat duty in H1 in these cases was achieved 
by recovering the heat energy from the permeate. For the 
largest membrane surface area, options 1 and 3 had the lowest 
exergy losses (less than 0.5 kW) because as discussed earlier, 
the heat recovery is more efficient when the MD system size 
is large. Distinguishingly, option 5 had the smallest exergy 
destruction for a membrane size of 1 m2. However, at this MD 
system size, eight stages were used, which makes the overall 
equivalent surface area equal to 8 m2. This enlarged surface 
area due to cascading caused the permeate-heat recovery for 
option 5 to be superior to that of options 1 and 3, resulting 
in less irreversibility for the former. Based on the data in 
Figs. 10 and 11, configuration option 1 delivered the largest 
GOR and lowest exergy losses when a 10-m2 MD system was 
used. Similarly, option 5 furnished the highest GOR and the 
least exergy destruction when eight stages each with a 1-m2 
surface area were utilized. In both cases, the enhanced per-
formance was achieved at the expense of greater capital cost. 
The capital investment is proportional to the MD surface area 
and to the number of MD units.

5.3. Effect of surface area

It is obvious from the above results that the surface area 
has a great impact on the system performance. In particular, 
the MD system with a surface area of 6 m2 exhibited some 
special characteristics. For example, the GOR of options 1 and 
3 intersected at that surface area. In addition, for options 4 
and 5, one stage of 6 m2 was sufficient for performing the MD 
process with the maximum possible heat transfer. The higher 
recovery ratio obtained beyond 6 m2 was due to the increased 
unit capacity. Fig. 9 shows that Tcout  increased rapidly at small 
surface areas but asymptotically at large surface areas. Our 
simulations revealed that as the surface area increased beyond 
10 m2,  Tcout  increased marginally as it cannot approach the 
hot feed temperature due to the thermodynamic limitation 
imposed by heat losses due to conduction in the membrane 

Table 2
Exergy flow for baseline case at A = 1 m2

Stream T h s m Ėx

K kJ kg–1 kJ kg–1  K kg s–1 kJ s–1

1 298 18.95 0.06 0.09 0.01
2 353 229.46 0.71 0.09 1.78
3 298 20.93 0.07 0.09 0.02
4 325 121.75 0.39 0.08 0.52
5 327 142.92 0.46 0.09 0.66
6 298 20.93 0.07 0.09 0.02
7 293 0.00 0.00 0.26 0.00
8 303 41.84 0.14 0.26 0.18
9 373 2,675.70 7.35 0.01 6.11
10 373 419.10 1.31 0.01 0.46

Table 3
Exergy losses for baseline case at A = 1 m2

Component Exergy in 
(kW)

Exergy out  
(kW)

Exergy loss  
(kW)

MD 1.79 1.18 0.61
C-1 0.66 0.20 0.47
H-1 6.12 2.24 3.88
Total 8.58 3.62 4.96
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Fig. 11. Variation of the exergy destruction for each option with 
the membrane area.
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material and/or convection to the surroundings. Moreover, 
the capital cost of the membrane increases with the unit size. 
Therefore, increasing the MD surface area is not economical.

The following literature procedure was used to evaluate 
the effect of the surface area on the specific capital cost for the 
various options [35]:

The annualized capital investment can be estimated from 
Eq. (3):

ACC TC$
y

i i

i

n

n









 =

+( )
+( ) −

1

1 1
 (3)

where i is the interest rate taken as 10% and n is the number 
of years taken as 10 years. The total capital cost is related to 
the equipment cost according to the equation:

TC EC= 1 65.  (4)

Generally, the equipment cost includes the cost of heat 
exchangers, pumps, etc. However, we limit our analysis to 
the cost of the membrane unit:

EC mem=C A  (5)

where A is the surface area in m2 and Cmem is the membrane 
cost, which ranges between 30 and 100 $ m–2. In this study, we 
chose 65 $ m–2. It should be noted that the total surface area 
was used in Eq. (5); for example, for options 4 and 5, the sum 
of the surface area for all stages was used. We normalized 
the annualized capital investment by the production rate as 
follows:

SPAC ACC$
/m mW

3 24 365








 = × × ρ

 (6)

The variation of SPAC with the surface area for all options 
is shown in Fig. 12.

It is obvious that the specific capital cost increased lin-
early with the surface area for options 1−3; therefore, it is pref-
erable to use a small size MD system to minimize the annu-
alized investment. For single-stage options (options 1–3), the 
unit cost increases at a higher rate with unit size relative to 
recovery ratio rate. Moreover, options 4 and 5 are inferior 
to the others, especially when the MD size is less than 6 m2. 
In fact, options 4 and 5 incur larger specific capital costs at 
lower surface areas. This is because the recovery ratio is 
almost constant over the range of unit size while the unit cost 
increases rapidly with area per unit. Depending on the oper-
ating temperature, Ali et al [34] have also reported increasing 
specific fixed cost with membrane length for a fixed recovery 
factor of 70%.

To summarize the comparison of the proposed MD con-
figurations, we list, in Table 4, the KPI values over the range 
of MD surface area. Three major observations can be drawn 
from Table 4. First, GOR is the most effective KPI for com-
parison because it has different influence on each configu-
ration. Second, option 5 seems to outperform other config-
urations as it has the highest recovery ratio and GOR and 
lowest exergy losses with reasonable capital cost compared 
with the other structures. Lastly, increasing the MD surface 
area beyond 6 m2 is discreet for performance differentiation 
as the recovery ratio and specific capital cost become iden-
tical for all cases. Moreover, the thermal efficiency becomes 
either identical for specific cases or invariant for other cases. 
However, as exergy losses are concerned, increasing the 
MD surface area can decrease the exergy losses by 70% for 
options 1, 3, and 5.

6. Conclusions

DCMD is a useful process for the desalination of brackish 
water. However, DCMD consumes a significant amount of 
energy for heating and cooling. A mathematical model was 
validated using experimental data and was used to test the 
efficacy of different design configurations for enhancing the 
MD performance. The configurations are based on recov-
ering the thermal energy contained in the permeate and/
or brine streams. MD staging in series was also examined. 
Besides, the analysis of the performance of each configura-
tion is based on the evaluation of the recovery ratio, gained 
output ratio, exergy destruction rate, and membrane cost. 
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Table 4
Comparison of KPI for all options for surface area range of 
1–10 m2

Option 1 Recovery 
ratio (%)

GOR 
(kJ kJ–1)

Exergy losses 
(kW)

Capital cost 
([$ m–3)

Baseline 3.2–5.5 0.16–0.28 4.98–5.38 0.2–1.2
Option 1 3.2–5.5 0.5–5.0 1.76–0.31 0.2–1.2
Option 2 3.2–5.5 0.46–0.45 1.8–3.14 0.2–1.2
Option 3 3.2–5.5 1.5–3.2 1.95–0.38 0.2–1.2
Option 4* 5.7–5.5 0.29–0.28 5.29–5.33 0.9–1.2
Option 5* 5.7–5.5 6.7–5.0 0.174–0.284 0.9–1.2

*Terminal values, otherwise KPI may have lower or higher than the 
terminal values.
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Membrane surface area was varied in the study from 1 to 
10 m2. The data reveal that permeate-heat recovery (option 1) 
improves the thermal efficiency of the process if the MD sys-
tem has a surface area larger than 6 m2. On the other hand, 
combined permeate- and brine-heat recovery (option 3) may 
be more energy efficient than the other cases when the MD 
surface area is less than 6 m2. The exception is option 5 which 
may outperform option 3 when area per MD unit is smaller 
than 6 m2. The cascading multi-MD unit configuration is 
found to deliver the best thermal performance relative to 
the other configurations for all surface areas where only one 
permeate-heat recovery step is incorporated. Nevertheless, 
the cascade configuration demands a larger overall surface 
area due to the increased number of stages. Hence, additional 
capital investment is needed.
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Symbols

As — MD surface area, m2

A — MD cross-sectional area, m2

ACC — Annualized capital cost, $ y–1

Cm — Permeability coefficient, kg m–2 s Pa
Cm
k  — Knudsen mass flux coefficient, kg m–2 s Pa
Cm
d  —  Molecular diffusion mass flux coefficient,  

 kg m–2 s Pa
Cm
C  — Transition mass flux coefficient, kg m–2 s Pa

Cs — Salinity of brackish water, kg m–3

Cp — Heat capacity, J kg–1 K
Cmem — Membrane cost per area, $ m–2

dh — Hydraulic diameter of channel in RO unit, m
EC — Equipment cost, $
GOR — Gained output ratio
Hv — Heat of vaporization, J h–1

Hin — Enthalpy of hot feed in MD unit, W
hf, hp, hm —  Feed, permeate, and membrane heat transfer  

 coefficient, W m–2 K
J — Mass flux in MD module, kg m–2 h
km — MD membrane conductivity, W m–1 K
Mw — Molecular weight of water, g mol–1

m mh hin out
,  —  Hot water inlet and outlet flow rate, respectively,  

 kg h–1

mc — Cold water volumetric flow rate, kg h–1

mw —  Permeate and distillate flow rate, respectively,  
 kg h–1

Pf, Pb — feed and brine pressure (bar)
P1, P2 —  Vapor pressure at feed and permeate membrane  

 surface, Pa
PD —  Membrane pressure multiplied by diffusivity,  

 Pa m2 s–1

Pa — Entrapped air pressure, Pa
qf, qp —  Heat transfer rate at feed and permeate sections,  

 W m–2

qm — Heat of evaporation and conduction, W m–2

Q — Overall heat flux, W m–2

Rc — Recovery ratio, %

Re — Reynolds number
r — MD pore size, m
R — Ideal gas constant, J mol–1 K
Sc — Schmidt number
Sh — Sherwood number
SPAC — Specific annualized cost, $ m–3

T, T0 — Feed water and reference temperature, °C
Th, Tc —  Feed (hot) and permeate (cold) bulk  

 temperature, K
Thm, Tcm — Feed and permeate membrane temperature, K
Tref — Reference temperature, K
TC — Total capital cost, $
u — Velocity of water in feed channel, m h–1

U — Overall heat transfer coefficient, W m–2 K

Greek

l — Latent heat of vaporization, J kg–1

e  — Termination criteria for algorithms
em — MD porosity
n  — Kinematic viscosity, m2 h–1

t — MD membrane tortuosity
d — MD membrane thickness, mm
r — Density, kg m–3
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Appendix A

Direct- contact membrane distillation (DCMD) 
desalination unit model

The mass flux (J) of vapor transfer through pores is 
given by

J C P P= −( )
















m 1 2

2

kg
m
s

 (A.1)

In Eq. (A.1), P1 and P2 are the partial pressures of water 
vapor estimated at the membrane surface temperatures Thm 
and Tcm, respectively. The partial pressure in Pa is estimated 
using the Antoine equation [7,36]:
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Cs is the water salinity in percentage. Cm is the mem-
brane distillation (MD) coefficient calculated from three 
correlations depending on the type of mass transfer regime:

Knudson flow mechanism:
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m
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Molecular diffusion mechanism:
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Knudsen molecular diffusion transition mechanism:
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 (A.6)

These different regimes depend on the wall collision 
theory of water molecules, and each regime dominates at 



E. Ali et al. / Desalination and Water Treatment 142 (2019) 24–3636

a specific range of values for the mean free path of a water 
molecule. The heat transfer process occurs in three steps:

• Convection from the feed bulk to the vapor-liquid 
interface at the membrane surface:

q h T Tf f h= −( )hm  (A.7)

• Convection from the vapor-liquid interface at the 
membrane surface to the permeate side:

q h T Tp p c= −( )cm  (A.8)

where hf and hp denote the heat transfer coefficients on the 
feed and cold stream sides, respectively.

• Evaporation and conduction through the microporous 
membrane:

q JH h T Tm v m= + −( )hm cm  (A.9)

where Hv is the latent heat of water, which can be estimated 
using Eq. (A.10) [37], whereas hm is the conductive heat trans-
fer coefficient and is equal to km/d, where km and d denote 
the membrane-thermal conductivity and its thickness, 
respectively.

H T T Tv ( ) = + − × −1850 7 2 8273 1 6 10 3 2. . .  (A.10)

The total heat flux across the membrane is directly 
proportional to the bulk temperature gradient and can be 
expressed as follows:

Q U T Th c= −( )  (A.11)

For countercurrent flow, the bulk temperatures are taken 
as T T T Th h c c= =

in out
, .

The overall heat transfer coefficient is given by:
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−
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 (A.12)

Under steady-state operation, the heat transfer in the 
three individual parts of the system reaches equilibrium:

q q qf m p= =  (A.13)

Considering the macroscopic scale of the MD unit 
(Fig. (A.1)), the heat balance around the permeate side is 
given by Eq. (A.14) [38]:

UA T T m Cp T Ts h c c c c−( ) = −( )ρ
out in

 (A.14)

where mc and Cp denote the volume flow rate and specific 
heat at constant pressure, respectively. Eq. (A.14) is used 
to compute the permeate exit temperature, Tcout . Similarly, 
assuming a constant density and heat capacity, the mass 
and heat balance around the feed side are given by:

UA T T m C T T m C T Ts h c h h r h h−( ) = −( ) − −( )
in out out in

p pef refρ ρ  (A.15)

m m mh h Win
− =

out
 (A.16)

Eq. (A.15) is used for computing Thout. It should be noted 
that Eqs. (A.14) and (A.15) are based on the ideal case where 
heat losses are negligible. Additional terms can be added to 
account for heat losses as a percentage of the total heat trans-
fer to achieve congruence between the calculated Tcout  and 
Thout and the experimental values. The definitions of various 
variables, the numerical values of the physical and design 
parameters in Eqs. (A.1)−(A.16), and additional supporting 
correlations are provided by Safavi and Mahmmadi [39] and 
Chen and Ho [40].

The key performance index for the MD process, such 
as the recovery rate and the performance ratio, can also be 
defined as follows [9,10]:

Rc JA

in in

= =
m
m m
w

h h

 (A.17)

GOR
in refin in

= =
−( )

H
H

JA
m Cp T T

v

h h

λ

 (A.18)

When the permeate-heat recovery is utilized, the gain 
output ratio is modified as follows:

GOR
in

in in out

= =
−( )

H
H

JA
m Cp T T

v

h h c

λ  (A.19)

membrane

mw

incc Tm ,
outcc Tm ,

inin hh Tm ,
outout hh Tm ,

Fig. A.1. Typical DCMD unit.
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