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ABSTRACT

Membrane distillation is an emerging process that attracts real and increasing interest from aca-
demia and industry. It is powered by low grade thermal energy coming for example from waste
heat or thermal renewable energy source. This work focuses on experimentally investigating the
effect of the inlet temperature difference on the process performance. A membrane distillation unit
is operated under coordinated variable inlet temperatures at a fixed difference. Specifically, fixed
differences between the inlet feed and permeate temperature of 30°C, 40°C, and 50°C were experi-
mentally examined. It is found that a wider inlet temperature difference promotes higher mass flux
because it implicitly widens the driving force. 30% enhancement in the mass flux can be obtained
by increasing the temperature difference from 30°C to 50°C. Despite being operated under a fixed
temperature difference, raising the top brine temperature improves water production because vapor
pressure increases exponentially with temperature. The mass flux can be increased by 25% and
125% when the inlet temperature differences increased from 30°C to 40°C and 50°C, respectively.
Raising the top brine temperature also reduces both heating and cooling energy consumption as
well as increases energy efficiency. It is also found that a top brine temperature of 80°C and an inlet
cold temperature of 30°C is more beneficial than using an inlet permeate temperature of 15°C in the
sense of 40% lower specific heating consumption, 15% less specific cooling consumption, and 21%

higher thermal energy efficiency.

Keywords: Membrane distillation; Water desalination; Feed distribution; Productivity; Multistage

1. Introduction

Bodell was the first to introduce membrane distilla-
tion (MD) for the conversion of the brackish solution into
drinkable water [1]. Since then MD became one of the most
rapidly developing techniques in the separation industry
[2]. MD combines thermal and membrane separation meth-
ods to withdraw water vapor from saline solutions using a

* Corresponding author.

hydrophobic microporous membrane. The vapor pressure
difference across the membrane is the main driving force
for water vapor transport through the membrane pores.
The vapor pressure difference is directly proportional to the
temperature difference between the cold and hot sides. MD
gained wide recognition because it possesses several attrac-
tive characteristics; for example, it operates at modest oper-
ating conditions such as a low temperature of (30°C~80°C)
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[2] and atmospheric pressure [3,4]. This feature enabled MD
to be powered by waste/low-grade energy sources [2,5,6].
MD can reject 100% of dissolved non-volatile ions and is
resilient to concentrated feed solution [7]. It is reported
that increasing the salinity from 0.5% to 10% would result
in a minor reduction in water vapor flux [8]. Compared
to reverse osmosis, MD is considered more applicable for
treating high-salinity water [3,9]. It is reported that MD
was used to handle very concentrated liquids generated
from oil and gas removal, landfill sedimentary and reverse
osmosis reject brine [6]. Besides, MD is used to alleviate
industrial reject brine to attain zero liquid discharge [10,11].
Additional MD advantages include lower capital cost [12],
comparatively less fouling opportunity and less pumping
power consumption than reverse osmosis [6], simplicity,
little external energy demands [13], and can survive full
dry out and easily scalable [14]. Direct contact membrane
distillation (DCMD) is one of the MD variations which is
characterized by having the hot and cold streams in direct
contact at the membrane interface. DCMD can be easily
configured in a multistage structure, demands less energy,
and generates a high-water mass flux [13,15,16]. DCMD
has additional features such as application simplicity [17]
and attaining a high gain output ratio if carefully tuned
[14]. Generally, MD is bogged down in a wide spectrum of
industrial implementation [18-27].

Although MD possesses appealing properties and versa-
tile applications, it is still subject to downsides. For example,
MD may exhibit membrane pore wetting [28], low single-
pass recovery ratio (5%~10%) [14,29-31], flux degradation
because of fouling [32,33], in addition to significant spe-
cific energy consumption [34] which can reach 39-69 kWh/
m? [35] compared to reverse osmosis which has a much
lower specific energy consumption reaching 2.5-5 kWh/m?.
These shortcomings and the rivalry with other competitive
desalination technologies hindered the wide commence-
ment of MD especially in the desalination industry [2].
Yet, the partial industrial commercialization of MD began
evolving. GE and Memsys Cleanwater Pvt., Ltd. (Germany),
commenced a pilot plant of 50 m*/d capacity to treat waste-
water with a salinity range between 150 to 230 g/L [36].
Another compact MD plant is deployed in the Maldives to
process 10 m?/d of produced water [30].

The minor industrial commencement of MD and its tech-
nical weaknesses triggered ample research activities in aca-
demia and industry to overcome these issues. For instance,
numerous researchers investigated MD development to cure
specific deficits and/or improve its performance to surpass
the modern desalination methods in terms of reliability and
economic efficiency. In fact, some studies targeted mem-
brane fabrication such that can endure fouling, increase
vapor transport, elongate the membrane life, etc. [37-39].
Others focused on an in-depth understanding of the implied
heat and mass transfer mechanism [13,40,41], enhancing
energy effectiveness by retrofitting and/or proposing novel
configurations [42,43], implementing heart recovery sys-
tems [44,45], or brine recycling [46]. Some researchers have
investigated the reduction of energy consumption costs by
incorporating renewable energy such as solar energy [47-49]
and low-grade heat [50,51]. On another hand, some investi-
gators relied on adjusting the hydrodynamics conditions by

manipulating the flow velocity to stimulate higher vapor flux
[52] or as a means for scale/fouling prevention [53,54]. On
another level, hybridizing MD with other desalination tech-
nologies either in an integrated framework or in sequential
steps is also considered to increase the overall productivity
and/or recovery ratio [55-57].

The concept of multistage or multiple effects which are
typically practiced in thermal desalination processes is also
adopted for the MD process. The idea is to enhance the sin-
gle-pass recovery ratio and hence the specific energy con-
sumption. Thereby, numerous investigations highlighted
the usage of cascading in the MD process [15,31,58-61]. In
these studies, various structures such as a modular unit that
combine all stages in one or multiple independent units
attached in either series, parallel, or series/parallel arrays
were proposed. The conception is exploiting the remaining
thermal energy in the outlet brine or permeate to obtain high
energy retrieval. However, these multistage systems encom-
pass a substantial number of successive MD modules which
boost the overall implied surface area and consequently
the capital and operation investments. Furthermore, some
of these systems incur extra external energy to preheat the
interstage streams which in turn soars the operating costs.

According to the aforementioned investigations, room
for further improvement of the MD reliability and effi-
ciency still exists. Therefore, the objective of this work falls
in this line, that is, further studying the MD process to
reveal more of its characteristics and operational capability.
Thus, this effort along with others may promote the large-
scale commercialization of MD in the desalination industry.
Specifically, the effect of operating the MD at a fixed tem-
perature difference but with varying inlet temperatures for
both the hot and cold streams will be studied here. Almost
all existing studies focus on the effect of varying the inlet
hot temperature at a fixed low inlet cold temperature. The
impact of the cooling water temperature, in particular, is
not well addressed and not clarified in the previous stud-
ies on MD process. Specifically, three different sets of fixed
inlet temperature difference at the same range of inlet hot
temperature will be tested. The investigation will be carried
out experimentally. Up to the author’s knowledge, no such
tests and associated results have been published. Usually,
auxiliary cold water is used as the condenser stream. Since
the auxiliary water is available at different temperatures in
a typical industrial plant, the outcome of theses test helps
studying its effect on the MD performance and how to
adjust the corresponding hot temperature to obtain a simi-
lar reasonable water production. Such a situation may opti-
mize the MD operation and reduce the need for additional
auxiliary cooling requirements and/or heating demands.

2. DCMD process

To facilitate understanding of the MD performance
results to be presented later in this work, the following brief
description of its design and operation is given. The MD
module is depicted in Fig. 1. The hot water solution pene-
trates the module on one side with a high temperature T,
. As the hot stream passes through the membrane it incom-
pletely evaporates due to temperature differences. Because

of evaporation and heat transfer to the cold side, the hot
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Fig. 1. Schematic of the membrane module.

solution cools down and leaves the MD with a lower tem-
perature T, . The water vapor transfer through the mem-
brane’s hydrophoblc pores to the opposite side. On the
opposite side, a cold-water stream with temperature T is
fed to the module in a counter-current pattern. Cold water
is also known as the condenser stream because it condenses
the water vapor and absorbs heat while passing through
the membrane. The condenser stream warms gradually and
exits at a relatively higher temperature T, . In the litera-
ture, the cold stream is also denoted as permeate or distillate
while the hot stream as feed or brine. These notions will also
be used exchangeable here except the phrase “brine” will
be solely for the outlet hot stream. The feed and permeate
streams flow on different sides (channels) but they contact at
the membrane interface. The distillate product (condensed
vapor) merges with the cold stream and gets separated as
fresh water. For simplicity, in Fig. 1, the distillate product
(m,) is shown to leave the module separately. In the pilot
plant (Fig. 2), the distillate is collected as overflow of the
cold tank and measured by electronic balance. Although the
analysis in this study is based on experimental results, it is
of interest to highlight the underlying physics of the pro-
cess which enables the understanding of its behavior and
performance. The distillate production is the mass flux mul-
tiplied by the membrane surface area. The mass flux itself
occurs due to the difference between the vapor pressures
at the membrane interfaces as given by Eq. (Al) listed in
Appendix A. The vapor pressure difference depends on the
membrane interface temperatures, T, , T on the hot and

cold sides, respectively. T, , T, are determined by solving
iteratively the energy balances [Egs. (A8) and (A9)] along
with the other associated relationships listed in Appendix
A. Because the paper is not modeling oriented, the model is
summarized and lumped in Appendix A.

For comparison purposes, energy performance indicators
will be utilized. The energy efficiency for MD is defined as
the ratio of the latent heat of vaporization to the total heat
consumed by the system [62], theoretically, when envi-
ronmental heat losses are ignored, the thermal efficiency
based on the hot stream can also be calculated as follows:

gE, = Mol q00- —MuHe g9 )

Q mC, (T, ~T,.)
where Q_ is the sensible heat lost from the hot stream while
passing through the MD module, m, is the mass rate of the
hot stream, T, in the hot stream temperature entering the
MD, and T, | is the hot stream temperature exiting the MD

module. In this sense, Q, is the amount of heat transferred
from the hot side to the cold by conduction and evaporation.
Hence, the fraction of this energy utilized to vaporize the
water represent the thermal efficiency of the MD module.
In addition to the energy efficiency, the cooling and heat-
ing energy consumptions will also be used as performance
metrics. The cooling energy demand is thus the amount of
energy removed from the warm permeate stream leaving
the MD module by an external heat exchanger. To avoid
the use of an excessive amount of the condenser stream, the
circulating condenser stream (warm permeate) is cooled
down and recycled to the MD. Therefore, cooling energy
depends on the outlet temperature of the stream, T
The cooling energy is simply the sensible heat requlred ‘to
cool the condenser stream from its current temperature to
the desired inlet temperature. The current temperature is
taken here as the temperature of the liquid inside the con-
denser tank. If not heat recovery is utilized, the tempera-
ture of the condenser tank is T otherwise it equals the
temperature of the permute leavmg the heat recovery sys-
tem which is dented as T_ . Since the heat recovery system
is used, the cooling ener?;Ry consumption and the specific
cooling energy consumption is defined as follows:

gc,_mC,(T, -T,)
m m

w w

SEC, = @

where T is the condenser stream temperature in the con-
denser tank which can be calculated by solving the energy
balance around the heat recovery system or measuring the
temperature of the condenser tank. On the other hand, the
hearing energy is the amount of heat added to the feed
stream before entering the MD module using an external
heat exchange. Therefore, the heating energy consumption
and the specific heating energy consumption to bring the
feed stream to the desired top temperature can be found as
follows:

ec, _mG(T, -7, )

SEC, = 3)

w m'LU
where T,  is the temperature of the feed stream leaving the
heat recoHVRery system. In the pilot plant, the heating energy
supplied electrically. However, in this paper we consider it as
energy that can be supplied from any source. Nevertheless,
the heating energy consumption will be assessed for demon-
stration and comparison purposes. Moreover, the heating
energy consumption is affected by the inlet cold tempera-
ture because heat recovery stem is utilized. SEC will be a
useful comparison indicator in this study since different
values for T, will be tested. Similarly, EE, will be another
appropriate comparison tool for the same reason besides

thatboth T, ~and T, ~will vary accordingly.

2.1. MD experimental setup

In this study, the MD performance is investigated by
running experiments using a Pilot Plant Manufactured
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Fig. 2. (a) Photograph of the experimental rig. (b) Schematic diagram of the module test facility (flowsheet).
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by SolarSpring. The plant is fitted with a DCMD mod-
ule of 10 m? effective membrane-area, 230 pm thickness of
the membrane, 14 m channel-length, 0.7 m channel-height,
0.2 um pore diameter, and 2 mm channel-gap. The mem-
brane porosity is 0.8 and the water entry pressure is 4.1 bar. A
programmable logic controller (PLC) is employed for control
and data logging of the DCMD unit. The human-machine-in-
terface (HMI) is provided via a webserver. The pilot plant
has been fully described and intensively used in previous
works [63-65]. The reliability of the pilot plant outcomes is
also compared to published data [64,65].

Fig. 2a depicts the picture of the experimental rig. Fig. 2b
describes the process flow sheet of the pilot plant. Two major
hydraulic flow circuits are outlined. The evaporator circuit
(hot stream) is pumped from and to the water evaporator
tank which contains the saline water. The volumetric flow
rate of the evaporator circuit can be varied between 0 and
700 L/h which corresponds to Reynold number between 0
and 1,522. The temperature of the evaporator stream can
be adjusted up to 80°C using an electrical heater that sup-
plies the required heat duty to the heat exchanger H1. The
condenser circuit (cold stream) is circulated from and to the
condenser tank which is filled with distillate water having
pH around 7. Both the temperature and volume flow rate
of the two circuits is controlled over PLC. The volume flow
rate of the cold stream is maintained equal to that of the
hot circuit. Note the DCMD module does not permit oper-
ating with uneven flow rates for the hot and cold streams
to prevent distortion of the membrane material. The heat
exchanger (H2) is used to control the condenser stream tem-
perature using a cold-water stream in the cooling loop. The
heat exchanger (H3) is responsible for heat recovery (HR)
which can be activated by adjusting valves (A.005, A.007,
and A.009). The potable water is withdrawn from the con-
denser circuit by an overflow, collected, and measured in
the product tank. All process measurements are forecasted
via HMI and stored in a PC for further utilization.

3. Experimental procedure

All the result data to be shown and analyzed in this work
is generated from experimental runs. For all experiments,
the volume flow rate for both circuits is fixed at 300 L/h,
equivalent to Reynolds number of 561. The hot stream has
a salinity of 1,000 mg/L to resemble brackish water. The
MD setup will be tested for three fixed cross-temperature
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differences of 30°C, 40°C, and 50°C. By cross-temperature
difference, we mean the temperature difference between
the inlet’s hot and cold temperatures. For each fixed tem-
perature difference, different sets of inlet hot and cold tem-
peratures are tested. Those sets are spaced by 5°. Note that
for each inlet temperature set, the difference between the
two inlet temperatures is kept constant. Automatic con-
trol systems are employed to keep the inlet temperatures
within the set point. Those experimental tests are run till
the outlet temperature reaches a steady state. Usually,
the time to steady state varies with flow rate and operat-
ing temperature. The experiments are run for longer time
(2~3 h) to ensure reaching steady state. The measurements
at the end of the experiment are taken as the steady state
value. At the steady state, the water mass production rate
is estimated from the accumulated water mass produc-
tion. It should be noted that the standard deviation of the
temperature measurements ranges between +0.31°C and
+0.65°C with an uncertainty of 0.02°C~0.04°C. For the flow
rate measurements, the standard deviation ranges between
+2.88 to #12.1 L/h with an uncertainty of 0.2~0.8 L/h. The
standard deviation in the measurements of the accumu-
lated water mass is +3.33 kg with an uncertainty of 0.22 kg.

Fig. 3 shows an example of the typical results of an
experimental run at a fixed temperature difference of 40°C.
In this case, the inlet hot temperature is set to 55°C, and the
cold temperature is 15°C. The inlet hot temperature is regu-
lated by the built-in PLC system while the inlet cold tempera-
ture is controlled by a local digital temperature controller.
Fig. 3a displays the temperature response. The experiment
starts at room temperature. The temperatures undergo tran-
sient behavior for the first 15~20 min till they reach a steady
state. Fig. 3b depicts the response of the accumulated water
mass production. Note that the produced water builds up
with time and hence behaves as a straight line. This ramp
function is then differenced with time to obtain the water
mass production rate. Alternatively, the slope of the straight
line resembles the production rate. This experimental run
is repeated for several coordinated inlet temperatures at
different fixed cross-temperature differences as mentioned
earlier. It should be noted that the inlet cold temperature,
T is physically restricted between 15°C and 40°C. An inlet
cold temperature higher than 40°C is not permissible in
this experimental setup. The MD module is designed such
that it automatically shut down when T exceeds 40°C to
avoid overheating the system. On the other hand, an inlet
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Fig. 3. Sample of experimental run; dT =40°C, T, =55°C,T, =15°C.
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cold temperature less than 15°C is not possible because of
the limitation of the cooling system. Similarly, the maxi-
mum inlet hot temperature, T, is bounded by 80°C due
to the capacity of the heating system. The analysis of exper-
imental tests is summarized in the following section.

4. Results and discussion
4.1. Temperature profile

This section demonstrates and analyses the measured
temperature profile obtained from experimental test car-
ried out at fixed cross temperature difference. The range of
parameters for the experimental test is listed in Table 1. Fig. 4
summarizes the results of the experimental runs for three
selected temperature differences, that is, dT = 30°C, 40°C,
and 50°C. In each case of fixed dT, different pairs of (T,
T, ) are examined. The range of examined T, is controlled
by the upper and lower boundson T, and the upper bound
on T, mentioned previously. For example Fig. 4a, which
is devoted for dT = 30°C, the inlet hot temperature ranges
between 45°C and 70°C, because it is limited by the lower
and upper bounds on T, , respectively. Fig. 4b is devoted for
dT = 40°C, hence the 1r1fet hot temperature ranges between

55°C and 80°C, because it is restricted by the lower bound
on T and the upper bound on both T, , respectively.
Slmllarly, Fig. 4c, which is devoted for dT ='50°C, the inlet

Table 1
Range of parameters for the experimental tests

A. Najib et al. / Desalination and Water Treatment 302 (2023) 15-27

hot temperature ranges between 65°C and 80°C, because it is
restricted by the lower bound on T_  and the upper bound
on both T, , respectively. Note that in all these tests, the
paired mlet temperatures are fixed by the controller and the
resulted outlet temperatures, that is, Th , TC are recorded
at steady state. The value of the outlet” temperatures is the
outcome of the MD heat and mass operations induced by
the paired inlet temperatures. Interestingly, the permeate
outlet temperature changes uniformly and consistently for
all tested dT’s. In fact, the profile of the permeate outlet tem-
perature is almost parallel to the inlet hot temperature and
within 2°~3° difference. This is intuitive because as the input
thermal energy increases, the temperature of the permeate
will increase accordingly, that is, T follows the trend of
T, . Moreover, it also means that the trend of T, for all
cases of dT is insensitive to the applied fixed temperature
difference. For a counter-current regime and equal flow rate
for the feed and cold stream, higher energy efficiency and
hence uniform temperature distribution can be obtained [16].
On the other hand, the profile of the outlet feed temperature
exhibits variation with dT and T, . Usually, due to conduc-
tion, convection, and heat losses the feed stream leaves
the unit at a very low outlet temperature. The alteration of
the outlet feed temperature with T, is very likely because
as the feed enters at a higher temperature it will depart the
system correspondingly with relatively a higher degree.
Although the outlet hot temperature varies with dT, its dis-
tance from T, remains consistent for all 4T’s and tested inlet
temperatures. For dT = 30°C and 40°C, because high values
of T, (>30°C) is used at high values of T, the outlet hot
temperature approaches the inlet cold temperatures For

Mass  dT=30°C dT=40°C  dT=50°C T, =15°C  comparison purposes and better visualization of the effect
flow of dT on the outlet temperatures, the latter are grouped and
rate m, =m, =300 L/h plotted in one graph as shown in Fig. 5. Clearly, as discussed
earlier the profile of the outlet permeate temperature is
I Thm Tcm Th Tc Thm Tcm Thm insensitive to dT as all the corresponding trends coincides.
However, the profile of the outlet feed temperature changes
Test 1 15 45 1555 15 65 15 45 inversely with dT. For example, the outlet temperature has
Test 2 20 50 20 60 20 70 15 50 the lowest values at dT = 50°C. In this case, the inlet cold
Test 3 25 55 25 65 25 75 15 55 temperature profile has a lower value than that of the other
Test 4 30 60 30 70 30 80 15 60 dT’s for the sample operating top temperature. This situa-
Test 5 35 65 35 75 15 65 tion induces higher heat transfer between the hot and cold
Test 6 40 70 40 80 15 70 channels. As a result, the brine wilt Ieave the MD at lewer
temperature. Further analysis and discussion of the obtained
Test 7 15 75 . . . . . .
temperature profiles will continue in the next section using
Test 8 15 80 .
differenced data.
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Fig. 4. Membrane distillation inlet and outlet temperature measurements for (a) dT = 30°C, (b) dT = 40°C, and (c) dT =50°C.
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The measured temperatures shown in Fig. 4 are differ-
enced and replotted in Fig. 6 for demonstration purposes.
Specifically, Fig. 6a shows the differenced temperature of the
feed stream, thatis, dT, =T, —T, , Fig. 6b shows the differ-
enced temperature of the cold stream, that is, ar. =T -T

, and Fig. 6¢ shows the differenced temperature of the outlet
streams, that is, dTout TC ~T, . The temperature drop at
the feed side (dT)) is a mamfestatron of the heat supplied by
the feed stream and subsequently reflects the extent of the
mass and heat transfer activities. For all tested temperature
differences, dT, increases with the inlet feed temperature
although the inlet temperature difference is fixed (Fig. 6a).
The increment of dT, is an indication of improved mass and
heat transfer activities which is the direct consequences of
increasing T, . High inlet feed temperature enhances the
film heat transfer coefficient which reduces the heat trans-
fer resistance. In addition, dT, becomes larger at larger dT
which is a direct consequence of the results shown in Fig. 5.
Smaller values for the outlet feed temperature at dT = 50°C
(Fig. 5) will of course lead to a larger dT, profile as shown
in Fig. 6a. The temperature drop at the cold side (dT) shows
an interesting trend as shown in Fig. 6b. The trends with
respect to T, are almost constant except for dT = 40°C
where the trend is slightly changing. Again, this is a direct
reflection of the profile of T, shown in Fig. 5 where the
rate of change was constant atound 1. Nevertheless, dT has
a larger magnitude at the largest dT because the correspond—
ing inlet cold temperature is relatively smaller than the
other cases. Remarkably, dT possesses a larger value than
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A _._Thout@dT 30
60 ”*_/ —a— Thout@dT =40
09 50 ,*/,g/ —o—Tho t@dT 50
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30 / cout@dT 50
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o,
Thin Q)

Fig.5. T. and T, measurements for the three fixed tempera-
ture diffefences.
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dT, which requires additional investigation. Finally, Fig. 6c
displays the projection of dT_ which represents the extent of
separation activities as a wider value means improved heat
transfer. Idealistically dT_ , should be constant for each fixed
dT. However, the separation mechanism is complex and
strongly affected by the magnitude of the bulk temperatures.
Obviously, dT_  becomes wider at higher inlet feed tempera-
ture and greater dT. The rate of increment of dT_ , with inlet
feed temperature is small but slightly higher at dT = 40°C.
The effect of the inlet feed temperature on dT_ is straight-
forward as mentioned earlier. The effect of dT on dT_, is also
obvious which is a direct consequence of the results shown
in Fig. 5. Nevertheless, the best performance in terms of
improved thermal efficiency due to improved heat transfer

occurs at the highest dT and T, .

4.2. Mass flux profile and analysis

The important parameter of the MD process is the dis-
tillate production manifested by the water mass flux. The
implication of the proposed experimental tests on the water
mass flux will be analysed in this section. The water flux
that corresponds to the tests given in Fig. 4 is illustrated in
Fig. 7. It was expected that since the inlet temperature differ-
ence is fixed, the driving force will also be constant leading
to a fixed water production regardless of the value of T,
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Fig. 7. Water production for the three selected temperature
differences.
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Interestingly, the obtained water mass production increases
with T, although the temperature difference is fixed. This
indicates that T, has a prominent impact on the MD per-
formance in terms of water mass production. In fact, the
mass flux is proportional to the temperature difference at
the membrane interface. However, the latter was expected
to be also constant as it is correlated to the inlet temperature
difference. It turns out that the effect of T, prevails because
higher T, will promote evaporation and enhance the film
heat transfer coefficient in the hot channel. The 1mproved
heat transfer will reduce the heat transfer resistance in the
hot channel resulting in a higher value for T, , that is, the
hot temperature at the membrane interface. This situation
widens the difference between T, and T , in another
word reduces the temperature polarlzatlon effect causing
higher vapor pressure difference and consequently larger
mass flux rate. It should be remembered that the vapor pres-
sure varies exponentially with temperature. Hence even if
the temperature difference is fixed, the vapor pressure will
still propagate. On the other hand, the water flux increases
with dT which is intuitive. The larger temperature difference
will also cause a wider temperature difference at the mem-
brane interface as they are correlated. This situation will also
enlarge the vapor pressure difference and consequently the
vapor flux. To assess the effect of T, on the gained mass
flux, the ratio of mass flux gain to the increase in T, is
calculated. Note the gained mass flux is normalized by the
feed temperature because the range of applied T, is differ-
ent in the three cases. The rate of change is 0. 36 0.2, and
0.16 kg/h per °C for dT = 50°C, 40°C, and 30°C, respectively.
This corresponds to 25% and 125% increase when increas-
ing dT from 30°C to 40°C and 50°C, respectively. To assess
the effect of dT, we compare the water flux at an inlet feed
temperature of 65°C. At this operating top temperature, the
water production at dT = 50°C is 13% and 30% higher than
that of dT = 40 and 30°C, respectively. At an inlet feed tem-
perature of 80°C, the water production of dT = 50°C is 25%
higher than that of 4T = 40°C.

Regardless of the variable performance of the MD sys-
tems with the tested operating conditions, the results shown
in Fig. 7 confirmed the possibility of producing high fresh
water even when the inlet cold temperature is as high as 30°C
or even 40°C. This is an attractive feature because it elimi-
nates the need for subcooled condenser water. This leads
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to saving on the cost of cooling. Usually, auxiliary water
at a temperature of less than 25°C is seldom available and
hence additional cooling energy is required to provide such
low-temperature auxiliary water. Even if such auxiliary
water is available at low temperatures, it is still costly. If the
auxiliary water must be recycled to the MD after use, then it
requires re-cooling because it gets heated when leaving the
MD unit. If the auxiliary water will not be recycled, then a
huge amount of condenser stream will be consumed equiva-
lent to the amount of saline water to be treated.

4.3. Testing MD for fixed inlet cold temperature

To further assess the benefit of the use of high inlet cold
temperatures we analyse the energy requirements. For con-
structive analysis, the energy demands of operating at fixed
dT will be compared to that of operating at fixed inlet cold
temperatures. For this purpose, the MD performance in
terms of temperature and water production variation under
fixed inlet cold temperature should be first analysed. Hence,
the MD plant is retested for several values for T, but at a
fixed value of 15°C for the inlet cold temperature, tfus means
the inlet temperature difference is variable. The resulting
projection of the measured inlet and outlet temperatures is
displayed in Fig. 8a. Obviously, the gap between T, and
T widens rapidly because the latter is fixed. This situation
enhances the heart transfer activity between the cold and hot
channels causing T, to exit the unit at low temperature. In
this case, T, does not grow proportionally with T, as the
case when dOT is fixed as shown in Fig. 4. Moreover, trhe wid-
ening gap between T, and T _ will consequently broaden
the driving force generating more mass flux as depicted in
Fig. 8b. Indeed, the water production at a fixed inlet cold tem-
perature of 15°C grows linearly and rapidly with T, which
surpasses the water production of the other cases of tixed dT
as shown in Fig. 8b. Interestingly, the water production at a
fixed inlet cold temperature of 15°C matches that of the other
cases at specific conditions, that is, when dT has the same
value. For example, it matches that of dT=30°Cat T, =45°C
of dT =40°C at T, =55°C, and of dT = 50°C at T '=65°C.
This affirms the reproduc1b1hty of the experlmental results.
Evidently and expectedly, it is beneficial to operate at low
inlet cold temperatures. However, the main goal of testing
the MD at fixed inlet cold temperature is to examine its
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Fig. 8. Comparison of water production for the three selected temperature differences with water production at fixed inlet tempera-
ture of 15°C; (a) temperature profile for fixed inlet temperature of 15°C and (b) water production comparison.
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impact on the energy demands as will be discussed in the
next section.

4.4. Energy consumption analysis

In this section, comparison between the operation at fixed
dT and at fixed inlet cold temperature will be analysed based
on the energy consumption. Fig. 9 demonstrates the cool-
ing energy and specific energy consumption. Fig. 9a shows
how the cooling energy requirement for fixed T, evolves
rapidly with the inlet feed temperature. Accordmg to Fig.
8a, the outlet temperature of the permeate grows propor-
tionally with T, and hence the required energy to cool the
permeate stream down to 15°C surges. Consequently, the
cooling energy demand for operating at fixed T, exceeds
that for operating at fixed temperature difference. The cool-
ing energy requirements for fixed dT decrease slightly with
the inlet feed temperature. According to Fig. 6b, the cooling
energy demand should be constant over T, as dT is con-
stant. However, since the recovery system 1s involved, the
permeate temperature departing the heat recovery decreases
because the outlet feed temperature increases as shown in
Fig. 5. Moreover, the energy of cooling enlarges for larger
dT. This is a direct consequence of the results shown in Fig.
6b. Since the production rate increases for both fixed dT and
fixed T, but at different rates, the corresponding specific
energy consumption of cooling will decrease at different
rates as depicted in Fig. 9b. In this case, SEC_for fixed inlet
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cold temperature becomes comparable to the other cases
except at T, =80°C where it becomes the worst. Thereby,
SEC for coofmg does not pose a serious challenge for fixed
T, compared to fixed dT, or more specifically at low T,
Compared to high T. However, it should be remembered
that the use of aux1hary cooling water at temperatures higher
than 25°C is considered free of the cost compared to 15°C.
Fig. 10 illustrates the heating energy and the specific
heating energy consumption. Evidently, operating at fixed
T incurs large and rapidly growing heating energy as
shown in Fig. 10a. The escalating heating demand is evident
from the soaring difference between T, and T, shown
in Fig. 8a. The heating energy for fixed dT grows w1th inlet
feed temperature but at a very smaller rate. The reason for
the slowly increasing heating demand is the corresponding
growing value of T, shown in Fig. 5. The heating energy
for fixed dT remams\ lower than that for fixed T . This is
ascribed to the difference in magnitude of their correspond—
ing T, shown in Figs. 5 and 8a and the effect of the recov-
ery system Note that the heating energy is computed using
T, ~ which is higher than and directly proportional to T,
. This makes the recovery system and particularly the value
of T influences the heating energy demand. For example,
as shown in Fig. 8, for low fixed inlet cold temperature, the
corresponding outlet permeate temperature is relatively
lower than that for fixed dT shown in Fig. 5. Accordingly,
the effectiveness of the recovery system is lesser leading

800

(b)

~N
o
o

o))
o
o

—e—SEC @dT=30 ¥
—=—SEC_@dT=40
400} —¢—SEC @dT=50
—4—SEC @Tc =15

o 500—e—

SEC (kWh/m’)

300

%0 45 50 55 60 65 70 75 80
hin( C)

Fig. 9. Cooling energy requirements for the three selected temperature differences and fixed inlet temperature of 15°C, (a) energy

consumption and (b) specific energy consumption.
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Fig. 11. Energy efficiency for the three selected temperature
differences and fixed inlet cold temperature of 15°C.

to lower value for T, and subsequently higher heating
energy demand. Anotﬁer important observation is that the
heating energy demand is much less than the cooling energy
demand. Of course, this is due to the use of heat recovery
system, but the cooling energy remains an issue that over-
looked by many researchers. Most of the published inves-
tigations is concerned with the heating energy although it
can be alleviated by recovery system and utilization of low-
grade heat sources. The specific energy consumption for
heating is compared in Fig. 10b. For all cases, the specific
heating requirements decrease with inlet feed temperature
as expected because their corresponding water production
increases with temperature. Indeed, the specific energy con-
sumption for operating at low fixed T, exceeds that for fixed
dT over the entire operating top temperature except at 45°C.
At the optimum top temperature of 80°C, SEC, for T, =15°C
is 40% higher than that for dT = 50°C. Accordmgly, operatmg
at fixed dT becomes superior to that for fixed T,

Lastly, we compare the energy efficiency of the MD for all
cases as shown in Fig. 11. The process delivered comparable
efficiency for the different cases with the efficiency ranges
between 50% at the lowest tested temperature and 70%~80%
at the maximum tested temperature. Typically, heat loss from
the feed due to latent heat transfer grows with temperature
improving MD efficiency. Swaminathan et al. [16] reported
an energy efficiency of about 40% while Gilron et al. [66]
reported an efficiency of 60%. Anyway, operating at low
fixed T, exhibits slightly lower energy efficiency than the
other cases. At the same highest top temperature, the energy
efficiency when operating at dT = 50°C, that is, T, =30°C
outperforms that operating at T, =15°C by 21%. '

5. Conclusions

MD plant is tested for operation under coordinated
varying inlet temperatures at a fixed distance. Based on the
plant design capacity, three fixed inlet temperature differ-
ences were examined, for example, 30°C, 40°C, and 50°C. It
is found that a larger inlet temperature difference improves
water production because it maximizes the driving force and
consequently the vapor flux through the porous membrane.
It is also found that increasing the inlet feed temperature at

a fixed inlet temperature difference promotes more mass
flux, decreases specific energy consumption, and enhances
the membrane’s thermal efficiency. Hence, the top brine
temperature is a vital design parameter that effectively
influences the MD performance. Operating at fixed inlet
temperature difference revealed that using relatively higher
inlet cold temperatures can still provide excellent perfor-
mance, especially in terms of energy effectiveness. At the
same highest top temperature of 80°C, using an inlet cold
temperature of 30°C can outperform that using an inlet cold
temperature of 15°C in the sense of less cooling energy con-
sumption, lower heating energy consumption, and higher
thermal efficiency. In fact, operating at relatively high inlet
cold temperatures eliminates the need for cooling energy as
auxiliary wastewater is widely available in industrial plants.
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Symbols

A, — Surface area, m?

A — Cross-sectional area, m?

C, — Permeability coefficient, kg/m?s-Pa

Cr — Knudsen mass flux coefficient, kg/m?s-Pa

cr — Molecule diffusion mass flux coefficient,
kg/m?s-Pa

Cr — Transition mass flux coefficient, kg/m*s:-Pa

C, _ Heat capacity, J/kg-K

C, — Salt concentration, %

d — Hydraulic diameter, m

EC, — Cooling energy consumption, kJ/h

EC, — Heating energy consumption, kJ/h

H — Latent heat of vaporization, J/kg

H, . — Heat loss, kW

hj, hp, Y Feed, permeate, and membrane heat transfer
coefficient, W/m2K

h — Membrane channel height, m

I, — Mass flux, kg/m*h

k, — Membrane conductivity, W/m-K

k — Cell (control volume) number

L — Membrane length, m

M, — Molecular weight of water, g/mol

m,m. = — Brine (feed), cold (permeate) flow rates,
respectively, kg/h

m, ,m, Inlet and outlet hot feed flow rate, respec-

o tively, kg/h
m,_,m, = — Inlet and outlet cold stream flow rate, respec-
o tively, kg/h

m, — distillate flow rate, kg/h

Nu — Nusselt number

n — Number of divisions (cell) of the membrane
length

ns — Number of stages

nsc — Number of sections

p,P, — Vapor pressure at feed and permeate mem-
brane surface, Pa

PD — Membrane pressure multiplied by diffusiv-

ity, Pam?/s
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P, — Entrapped air pressure, Pa
Pr — Prandtl number
.49, — Heat transfer rate at feed and permeate sec-
tions, W/m?
q, — Heat of evaporation and conduction, W/m?
q, — Overall heat flux, W/m?
Q, — Sensible heat of the feed stream, kJ/h
r — Pore size, m
R — Ideal gas constant, J/mol-K
SEC, — Specific cooling energy consumption,
kW-h/m?
SEC, — Specific heating energy consumption,
kW-h/m?
Re — Reynold number
T — Average temperature, K
T, T — Feed (hot) and permeate (cold) bulk tem-
perature, K
T.oT. — Feed and permeate temperature at mem-
brane surface, K
T, k T, — Outlet and inlet hot feed temperature, °C
T:“t Tom — Outlet and inlet cold stream temperature, °C
T:“ - Permeate temperature leaving the heat
" recovery system, °C
; — Feed temperature leaving the heat recovery
" system, °C
u — Overall heat transfer coefficient, W/m>K
Greek letters
€ — Porosity
T — Membrane tortuosity
) — Membrane thickness, mm
p — Density, kg/m®
A — Difference operator
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Appendix A

The purification of water by direct contact membrane
distillation is managed by the coupled mass and heat-trans-
fer mechanisms. The model of the membrane distillation
process governing the mass and heat transfer operation
is widely published and used [63,67-69]. Hence a short
description of the model will be listed here. Assuming steady
state conditions:

The mass flux can be computed by the following equation:
jo=C.(P.~R) (A1)

The vapor pressure, at the membrane interface, is
calculated by the following [70]:

P = exp[23.238 - T3841 ](1 -C,)(1-05C,-10C?)  (A2)
hm
P,= exp(23.238 - 384;} (A3)

where T, and T, are the hot and cold temperatures at the
membrane interface.

The membrane coefficient, C , can be computed based
on the active mechanism by the membrane properties and

T

the average membrane temperature, that is, T = .
The active mechanism was determined under the followmg
conditions [71]:

¢ the Knudsen flow mechanism, k, > 1:

1/2

ch = 2er( 8M (A4)
" 315 nRT

* Molecular diffusion mechanism, k, < 0.01:

cp ot PD M, (A5)
" P RT

e Knudsen-molecular diffusion transition mechanism,

0.01 <k <1:
1/2 1

cC = 3| nRT +ﬁ P RT (A6)

" 2 er 8M,, e PDM,

where the Knudsen number, defined as k, = A/d, and
where A is the mean free path of water molecules, further
expressed as Eq. (A7) [72]:

k,T

\/ETEPdf

where T and P are the average temperature and pressure, at
the membrane interface, respectively, k, = 1.380622 x 10> and
d, =929 x10™.

The membrane interface temperatures (T, , T, ) can be
found by solving the combined mass and energy "balance.
At a steady state, the different heat-transfer mechanisms
become equal. These equalities translate into the following
expressions [71]:

A=

(A7)

u(T, =T, )=h(T, T, )=j, +h,(T, -T.) (A8)

u(n, =1, )=h, (T, -1, )=+, (T, ~T. ) (49)

The above equalities can be solved iteratively to calculate
the values of T, and T employing the existing bulk tem-
peratures (T, = T , T T ) for the hot and cold channels,
the heat-transfer coefﬁaents of the film (h, 1)) could be esti-
mated by the Nusselt number, as follows [72]:

Nu = 0.298 Re*** Pr®'¢ (A10)
where Re is the Reynolds number and Pr is the Prandtl
number.

The latent heat of vaporization, at the average membrane
temperature, is calculated by the following equation [73]:

h,(T)=1850.7 +2.8273T 1.6 x10°T* (A11)

The overall heat-transfer coefficient was calculated, as
follows [71]:

-1

—_—t—+— Al2
h h ]whv h ( )
moT TE

hw

where ki is the heat-transfer coefficient of the membrane,
which involves the conduction resistance. It is computed,
as follows [74]:

k, (1—8)ks+8kg

= A13
m 6 8 ( )
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