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A B S T R AC T

Membrane distillation (MD) desalination is an emerging technology for fresh water produc-
tion. This process incorporates phase change and transport of vapour through a hydrophobic 
membrane caused by vapour pressure across the membrane. The results from experimental 
studies and the one-dimensional transport analyses of the heat and mass transfer processes 
on an air gap MD (AGMD) unit are presented in this paper. The effects of different operating 
variables including feed and coolant temperatures, air gap, membrane support mesh size, feed 
concentration and feed and coolant fl ow rates were investigated. Mass transport through mem-
brane, membrane support, air gap and condensation on the coolant plate has been analysed and 
expression for global mass transfer coeffi cient has been derived. The maximum distillate fl ux 
achieved was 5.11 kg m−2 h–1 at a feed temperature of 60°C, coolant temperature of 10°C and an 
air gap of 2.5 mm. Feed temperature and air gap width were found to have signifi cant infl uence 
on the performance of the membranes.

Keywords:  Membrane distillation (MD); Global mass transfer coeffi cient; Air gap membrane 
distillation (AGMD); Hydrophobic membrane; Mass transport through membrane; 
Polyvinylidene fl uoride (PVDF) membrane

1. Introduction

Commercially available desalination processes 
mainly consist of thermal and membrane methods. 
Large-scale thermal distillation desalination requires 
large amounts of energy and special infrastructure that 
makes it fairly expensive compared to the use of natural 
fresh water. As a result, recently, membrane processes 
are taken into consideration and these processes rapidly 
grew as a major competitor to thermal desalination in 
the later years because of lower energy requirements, 
easier maintenance, smaller area, quicker start up and 

cost effectiveness, and thus leading to a reduction in 
overall desalination costs over the past decade. Most 
new facilities operate with reverse osmosis (RO) tech-
nology which utilizes semi-permeable membranes and 
high pressure to separate salts from water. However, 
RO process is not well-suited for hot or warm water 
as the membrane performance deteriorates with tem-
perature above 40°C. With the burning issues of global 
warming, there has been a need to utilize the low grade 
waste heat before they can be released to the environ-
ment and a somewhat recent technique developed in 
the 1960s called Membrane Distillation (MD) shows 
good potential in utilizing low grade heat and produc-
ing fresh water from saline water.
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 The process uses the difference in partial pressure 
to produce vapour from a feed solution that gets con-
densed either by a direct cold distillate stream or a cold 
surface, and produces freshwater. To maintain the inter-
facial barrier between the two dissimilar temperature 
fl uids, a hydrophobic membrane is required so that only 
the vapour can travel to the cold side.

The fi rst MD patent was obtained in the early 1960s 
by Bodell [1]. By early 1980s the research on MD became 
very active with the advancement in polymer research 
that provided cheaper membranes. In the same decade, 
utilization of the low grade waste heat started to draw 
attention because of increased global warming. These 
issues caused the MD process to be revived after two 
decades since its discovery in the 1960s and different 
arrangements of the process like air gap MD and differ-
ent structures of membranes including hollow fi bre or 
spiral wound membranes were developed.

The major advantage of MD is its requirement of 
low grade energy associated with evaporation at ambi-
ent pressure. It is neither a high temperature process 
like (MED)/(MSF) nor does it require high pressure, as 
needed for RO process. Therefore, it is a very effi cient 
method to utilize low grade waste/renewable energy 
including engine cooling water in a marine vessel, 
solar energy or even waste heat from condensers in an 
air conditioning system. As the determining factor for 
vapour generation is the partial pressure difference, 
the process is less sensitive to change in concentra-
tion. With development of hydrophobic membranes 
at a cheaper cost, MD process has been able to draw 
signifi cant attention in contemporary water research. 
A cost analysis by Al-Obaidani et al. [2] showed that 
the total water production cost by MD is about 1.23 
US$ m−3 (without using waste heat) while with waste 
heat and utilizing the energy from condensing steam, 
it can become as low as 0.26 US$ m−3 according to Mei-
ndersma et al. [3] .

Among different methods of MD air gap MD pro-
vides the advantage of increased heat transfer resistance 
between the hot and cold fl uid. It also facilitates easier 
collection of distillate hence the chance of contamination 
of distillate by the feed water is less likely to occur. The 
process involves simultaneous heat and mass transfer 
through the membrane, the meshed membrane support 
and air gap. Alklaibi and Lior [4] presented the trans-
port process in an AGMD process as a two-dimensional 
problem instead of one-dimensional transport assumed 
by Kimura and Nakao [5] and Schofi eld et al. [6]. How-
ever, in these studies, the membrane temperature has 
been estimated rather than direct measurement.

The work presented here describes experimental 
study on an AGMD unit along with a 1-dimensional 
model developed to validate the experimental results. 

Effects of different operating parameters including feed 
and coolant temperature, air gap width, membrane sup-
port mesh size, feed concentration and feed and coolant 
fl ow rates were investigated. Rather than estimating the 
temperatures at different locations of the module [7,8] 
the values were directly measured that accounted for 
all the heat losses from the system and also the tem-
perature polarization. A one-dimensional vapour and 
heat transport mechanism through membrane, mem-
brane support and air gap was investigated and experi-
mentally found temperatures were used to express the 
partial pressure difference. The results obtained from 
the model were compared with experimental data. 
Improvement of the performance of MD system has been 
attempted in various methods including agitation of air 
gap [9], stirring of feed [10] or inclusions of spacers [11], 
however, the effect of support mesh size did not draw 
signifi cant attention. Its infl uence on heat transfer has 
been discussed by Martinez-Diez and Florido-Diaz [12] 
considering the PTFE layer is the only part of the mem-
brane participating in the water transport in vapour 
phase while substantial work has been presented by 
Courel et al. [13]. However, variation of effective diffu-
sion coeffi cient with changing support mesh size was 
not reported. In the present study, an attempt was made 
to observe the effect of support mesh size and using the 
Global Mass Transfer Coeffi cient (GMC), the positive 
infl uence of bigger support mesh size on distillate pro-
duction was demonstrated.

2. Working principle of air gap MD

In any MD process, the difference between the partial 
pressure on both side of membrane causes the hot saline 
feed water to evaporate. The vapour mass fl ux through 
membrane originates in the feed-membrane interface 
and then it passes through the pores in the hydrophobic 
membrane and support. After that, for an AGMD process 
the vapour travels across the air gap between membrane 
and coolant plate and, fi nally, condenses on the plate to 
produce distillate. Simultaneous heat and mass transfer 
occurs when the feed evaporates and travels through 
the membrane and air gap. Fig. 1 shows the process in 
details. The air gap situated between the membrane and 
the cold surface reduces energy loss caused by heat con-
duction through the membrane.

3. Experiments

A small experimental AGMD set up was built with 
Polyvinylidene Fluoride (PVDF) 0.45 μm pore size fl at 
sheet membrane from Millipore Singapore. Further 
properties are tabulated in Table 1.
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This disc shaped membrane was held between two 
Plexiglas tube chambers; one containing the hot feed 
while the other one was closed by the coolant plate at 
one end which faced the membrane to provide neces-
sary cooling. This assembly formed the membrane mod-
ule. The membrane was supported by a stainless steel 
mesh. The mesh was attached with the membrane using 
water resistant silicone sealant along the peripheral bor-
der while the membrane was pasted on a grooved fl ange 
and then the fl ange was attached to the feed chamber 
with silicone sealant. Between the membrane and the 
coolant plate, the desired air gap was maintained by 
insertion of gaskets. The vapour generated from hot feed 
passed through the membrane, then travelled through 
the air gap and condensed on the coolant plate. The dis-
tillate was collected by attaching a tube at the bottom of 
the coolant plate, where a small notch was cut in the gas-
ket to make proper passage for the distillate to come out. 
Fig. 2 shows the schematic diagram of the setup. The 
air gap and the distillation collection path were properly 
sealed to secure no vapour escaping the system. A stain-
less steel plate was used as the coolant plate to avoid 
corrosion.

The membrane area, the vapour fl ow cross sectional 
area and the coolant plate area were identical in dimen-
sion. Temperature measuring points were tapped at 
different location including the membrane surface, air 
gap and coolant plate. Type T thermocouples were used 
with an accuracy of ±0.5°C. Once the procedure started, 

distillate drops were collected in a graduated tube. The 
operating variables included feed and coolant tempera-
ture, air gap width, membrane support mesh size, feed 
concentration and feed and coolant fl ow rates.

The mass fl ux calculation was directly related to par-
tial pressure difference which again was dependent on 
the value of measured temperature. Hence, the experi-
mental errors are caused by the measurement uncertain-
ties in temperature and pressure. The instruments used 
in the experiments had the following uncertainties dur-
ing measurement:

Thermocouple: ± 0.5°C.
Pressure gauge: ± 1% of gauge reading.
The instrument error δT1 = ± 0.5°C is the uncertainty 

associated with the thermocouples, while the random 
error δT2 is given by:

δT
n

n

2TT
1 1

=
( )T T

−∑
 

where n is the number of data taken to determine T, T  is 
the mean of the population. The combined error is 
expressed as:

δ ( )δ δTδ T+TδTTT δT+
0

TT
5.

 

For the experimental measurement of the mass fl ux,

M
distillate collected (kg)

membrane area (m ) time (s)2

•
=exp

 

The distillate was collected in a graduated tube and 
the resolution was 1 ml. Hence, The uncertainties for 
measuring the mass fl ux (experimentally) = ± 0.5 ml. 
This value was considered to be constant for all experi-
mentally obtained value of the mass fl ux.

Fig. 1. Air Gap MD process.
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Table 1
Properties of durapore membrane

Water fl ow rate(ml min−1 cm−2) 35

Bubble point (bar) ≥0.56

Thickness (μm) 125

Effective membrane area (cm2) 88.2

Membrane porosity 0.75

Fig. 2. Schematic diagram of the setup.
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 4. Analyses

The vapour generated at the feed-membrane inter-
face travelled through the membrane pores, membrane 
support meshes and the stagnant air gap consecutively. 
After the air gap, the vapour condensed on the coolant 
plate and a simple analysis of condensation on a vertical 
plate is included. Because of a narrow air gap, diffusion 
and conduction were considered as dominant transport 
processes. As the air was not agitated inside the air gap, 
hence, no mixing of vapour was assumed and the trans-
port was considered to be one directional, that is, from 
membrane toward the coolant plate only. The generated 
vapour was considered to get condensed completely on 
the coolant plate.

4.1. Mass transfer process in AGMD

Fig. 3 shows the simultaneous heat and mass trans-
fer through membrane, air gap and condensation on the 
coolant plate.

4.1.1. Mass transfer through membrane

Diffusion through a porous media like the mem-
brane can be classifi ed in main two classes based on 
pore size and mean free path, λ, which is described by 
Roque–Malherbe [14] as:

λ
μ

=
3 2

[ /( )π c ]P [ /( π2
 (1)

where Gc (an arbitrary constant) = 980 g mass-cm 
(g-force-s)−2 and R = 84,780 g-force-cm (K-g-mol)−1. The 
diffusion mechanism is determined based on the term 

called Knudsen number which is expressed as Kn = λ/d. 
Fig. 4 shows a summary of different diffusion mecha-
nisms that may occur through membrane pores based 
on Kn and pressure difference across the membrane.

The calculated mean free path was λ = 6.13 × 10−06 cm 
and Kn for this case was 0.136. Since, 10 ≥ Kn ≥ 10−2, the 
diffusion is a transition type between Knudsen and 
molecular diffusion. Once the diffusion process had 
been determined, the next step was to look for the diffu-
sion coeffi cient for this transient diffusion.

Knudsen diffusion coeffi cient Dk is defi ned by 
Roque–Malherbe [14] as:

D
d T

Mk
3 2d T 19 7 1 m3 d T

s= 9 −23. 07 1×7
2

 (2)

For molecular diffusion of vapour thru’ the air inside 
pores, the diffusion coeffi cient is given by Taylor and 
Krishna [15] as:
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where Z = molecular diffusion volumes of water and 
air (13.1 and 19.7), respectively. Scott and Dullien [16] 
gave a combined diffusion coeffi cient for transition 
between Knudsen and Molecular diffusion, which can 
be expressed as:

D
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 (4)Fig. 3. Transport processes in AGMD.

Fig. 4. Diffusion through membrane pores.
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where

a
N

N
=

+1 a

w

here, the vapour transport is dominant, hence the value 
Na/Nw is considered to be negligible. According to 
Sherwood et al. [17] since the diffusion is taking place 
through pores, the porosity of membrane and tortuos-
ity (as a measure of irregularity in shapes of the pores) 
is also considered and thus the diffusion coeffi cient 
becomes:

D Dm cD ombined ×DcD ombined ( )porosity/tortuosity  (5)

So the expression for water vapour molar fl ux as 
given by Scott and Dullien [16] as for Knudsen-molecular 
diffusion becomes:

M
D

RT t
P Y Y

•
−Y= P ⎡⎣⎡⎡ ⎤⎦⎤⎤

m

avTT g mt
w(YYY m) w(amYY )  (6)

here, P = Patm.
The porosity and membrane thickness are known 

from the membrane manufacturer’s data while the tor-
tuosity value has been adopted from the work of Izqui-
erdo-Gil et al. [18] with similar membrane. The mole 
fraction of vapour Yw = Pw/Patm, where Pw is the partial 
vapour pressure. Hence, the fi nal expression for mass 
transfer through the membrane becomes in terms of par-
tial pressure as:

M
D

RT t
P P

•
P= ⎡⎣⎡⎡ ⎤⎦⎤⎤

m

avTT g mt
w(PPP m) w(amPP ) mole s−1 (7)

It is not easy to measure partial pressure of water 
vapour, but it can be expressed in terms of temperature 
by Antoine’s relation for pure water where:

log P
B A

w-puPP re = ( )C T
1 1A

 (8)

here B1 = 23.834, A1 = 3841 and C1 = 45 [19].
When salt is present in the solution, the value of Pw is 

corrected using Raoult’s law as:

P PwPP wPP -pure( )CMNCM aCl  (9)

here, CM = mole solute concentration.
However, as previously worked out by Alklaibi 

[20], Eq. (9) is not valid for higher concentration, and 

the value of Pw was used from the work of Fabuss ans 
Korosi [21] as:

k
P P

m Pw
puPP re-water wPP

w pPP ure-water
=  (10)

and

k a bgw +a 0 5
 

here, kw = relative molal vapour pressure depression, mw

= molality of solution, γ = Ionic strength of NaCl (for 
NaCl, γ = molar concentration); a and b are temperature 
dependant parameters expressed as a = a1 + a2T + a3T

2 
and b = b1+b2T+b3T

2.
And the mechanism Poiseuille–Knudsen diffusion 

for presence of pressure difference across membrane has 
been well worked by Schofi eld et al. [22]:

M p P
•

b Δpb  (11)

α = membrane permeation constant, p = P/Pref b = 0 
(Knudsen diffusion); b = 1(Poiseuille fl ow) and P = pres-
sure difference. The values of α and b were available for 
the same membrane from Ref. [22].

4.1.2. Mass transfer through membrane support
and air gap

In AGMD process, a rigid support is needed to be 
attached with the membrane to hold the membrane 
against the feed fl ow and protect it from bulging. For the 
support, the mesh size was quite large compared to pore 
size of membrane and the Kn value falls dominantly in 
molecular transport region.

After passing through the support, the vapour trav-
els through the air gap by molecular diffusion again as 
previously shown in Fig. 3. Both the mechanisms can 
be expressed by Stefan’s law of molecular diffusion as 
Holman [23]:

M
D P

RT
dP
dy

•

( )P P
= x

PP
wPP

 (12)

for the support, the value of Dx = Ds and for the air gap, 
the value of Dx = DAW similar to membrane pores accord-
ing to Sherwood et al. [17] Ds can be expressed as:

D Ds support AW( )po os ty/to tuos ty .  (13)
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 For the support, the vapour was passing not through 
any porous “medium”, rather through a uniformly per-
forated plate with no irregularity; hence, the tortuosity 
is taken as one since there is no tortuous effect on the 
fl ow.

From Eq. (12), at steady state, dM
dy

•
 = 0

d
dy

D P
RT

dP
dy

x wPP
( )P PwPP
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⎣
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⎥
⎤⎤

⎦⎦
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with the boundary condition for support as seen
in Fig.
at w

3
y Pw0 P=P0 w(amPwwPPPP )

s w w (s)at
and boundary condition for the air gap
at

y t P Pw w

y

t P

= 0,00 P P
y t P P

w wP PP P (s)

gap w, PP w (pPP )at t P

After integrating, for the membrane support:
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and for the air gap:

M
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t

P
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⎞
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where Cv is the molar concentration expressed as:

C
P

RTv
avTT g

=  (16)

Tavg has been considered as the air gap temperature 
and P = Patm as the diffusion inside the air gap occurs at 
atmospheric pressure.

4.1.3. Mass transfer resistances and global mass transfer 
coeffi cient (GMC)

The mass transport and hence the production rate 
is also dependant on the mass transfer resistance 
offered by the membrane, the membrane support and 
the air gap. Only maintaining a specifi c partial pressure 
difference will not give the same production always as 
understood by the process of heat fl ow (temperature 
difference) or current fl ow (voltage difference). If the 

porosity of the membrane or the support mesh is 
changed, it will affect the total production. Therefore, 
an analysis of mass transfer resistance has been included 
and based on that, an expression of overall mass trans-
fer coeffi cient from membrane to coolant plate has been 
derived.

a. Mass transfer resistance offered by membrane

From Eq. (7) the expression for molar fl ux through 
membrane can be expressed as:

M
D

RT t
P P

•
P= ⎡⎣⎡⎡ ⎤⎦⎤⎤

m

avTT g mt
W(m)PPPP W(amPP )

 

The mass transfer resistance can be written as:

r
RT t

Dmrr
avTT g mt

m
=  (17)

b. Mass transfer resistance offered by membrane support

The mass transfer resistance of the membrane sup-
port is derived by considering the partial pressure dif-
ference in Eq. (14) as driving force. Hence the expression 
for the resistance is obtained from Eq. (12) as:

r
RT t

D Psupportrr avTT g a ( g) s

s aPP tm
=

( )P PaPP tm w(avg)PP
 (18)

c. Mass transfer resistance offered by air gap

Similar to rsupport, for the air gap, the mass transfer 
resistance is expressed as:

r
RT t

D Pgarr p
avTT g a ( g) gap

AW atPP m
=

( )P PaPP tm w(avPP g)  (19)

d. Global mass transfer coeffi cient

Combining Eqs. (17–19) gives the expression for 
GMC following heat transfer analogy as:

K
r rp
m sr rr r upport garr p

=
+ +rsrr upport

1
 (20)

Hence, the overall molar fl ux can be expressed in 
terms of overall mass transfer coeffi cient and partial 
pressure difference as:
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M K P P
•

PK ⎡⎣⎡⎡ ⎤⎦⎤⎤
−

wPPp ⎣⎡⎡ (m) wPP (p) mol s 1  (21)

With the help of Eq. (21), it would be possible to pre-
dict the effect of changing process parameters such as 
membrane and support porosity, air gap length etc inside 
the air gap. The mass fl ux in kg s−1 is be expressed as:

m
M•
•

c kg s=
× −18

1000
1  (22)

Finally, the product vapour fl ux can be calculated for 
passing through membrane, membrane support and air 
gap as:

J
M

=
×

×
×

•
18

1000
3600 2

membrane area
kg m h−2  (23)

The properties of saline water have been taken from 
the work of Sharqawy et al. [24] for the necessary calcu-
lations.

The 1-D transport covers mainly diffusion for small 
air gap, for the case of convection inside a wider air gap, 
the mass transfer coeffi cient for air gap can be obtained 
from Reynolds analogy as given by Holman [23] for 
simultaneous heat and mass transfer as:

h
h

C
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C
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p pC
ab

= ⎛
⎝
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⎠
⎞⎞⎞⎞
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⎞⎞⎞⎞ = α

Pr

/ /2 3/ 2 3/

 (24)

where hm is the mass transfer coeffi cient. However, it is 
unusual to apply a wider air gap for any AGMD process 
as it actually offsets the advantage of the gap to reduce 
heat loss by increasing mass transfer resistance.

4.2. Heat transfer process in AGMD

The heat transfer process occurs in consecutive stages 
which include fi rstly the energy carried from the feed 
to the membrane surface followed by the heat transfer 
from membrane surface through membrane pores to the 
other side and then passing through membrane support 
and air gap before getting condensed on the coolant 
plate and fi nally carried away by the coolant fl ow. Since 
MD process involves simultaneous heat and mass trans-
fer, the heat required for evaporation at the membrane 
surface has to be supplied from the bulk solution which 
creates a temperature gradient among the bulk fl uid 
and the layer adjacent to membrane. This phenomena of 
temperature polarization expressed as:

τ =
T T−
T T

m pT TT T

h cT TT T−
 (25-a)

With lower temperature at the membrane–liquid 
interface, the partial pressure difference across the mem-
brane reduces which causes decreased evaporation rate.

4.2.1. Heat transfer inside the feed chamber

The heat transfer equation inside feed chamber can 
be written as:

Q h A m ch A ⋅mfeed m pm cm L( )T T−TbulkTTTT mTT ( )T TbTT ulk mTT−  (25-b)

where hfeed = convective heat transfer coeffi cient and 
cpL=specifi c heat in liquid phase. The value of hfeed for 
this specifi c design of feed chamber can be found from 
the correlation (Holman [23]) which gives:

Nu h

m
= ⎛

⎝
⎛⎛⎛⎛
⎝⎝
⎛⎛⎛⎛ ⎞

⎠
⎞⎞⎞
⎠⎠
⎞⎞⎞⎞ ⎛

⎝⎜
⎛⎛
⎝⎝

⎞
⎠⎟
⎞⎞
⎠⎠

1 1 3
1 3 0 14

. (86 Re Pr) /
/d

L
μ

μ
 (26)

here μ and μm are the viscosities evaluated at bulk fl uid 
temperature and membrane interface temperature, 
respectively.

4.2.2. Heat transfer through membrane

The heat transfer through membrane actually is a 
combined heat and mass transfer process and, therefore, 
involves the heat carried by the vapour mass along with 
the latent heat of evaporation. The mass to be evapo-
rated comes to the feed membrane interface, evaporates 
there and travels through membrane, as shown in the 
following:

Total heat transferred at interface = sensible heat car-
ried by the vapour + latent heat of evaporation, which 
gives:

Q
k A

t
mc mh+=

⎛
⎝
⎛⎛
⎝⎝

⎞
⎠⎟
⎞⎞
⎠⎠

( )T T +eff

m
pg T TT T fmhh) + g

• •⎞
 (27)

here, keff = Effective membrane thermal conductivity that 
includes thermal conductivity of membrane material 
and vapour inside pores.

4.2.3. Heat transfer through membrane support

The vapour generated at the feed-membrane inter-
face travels through the membrane and then passes 
through the membrane support. The heat transfer 
through the support takes the form as:
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here, keffsupport = effective conductivity of the support as it 
is a porous screen with air containing inside the pores, 
with the material conductivity taken as that of stainless 
steel.

4.2.4. Heat transfer through air gap

For the experimental range of temperature difference 
across the air gap and the width of air gap, the Rayleigh 
number value was below 1000 which indicated the heat 
transfer was dominate by conduction. For the transport 
through air gap, the heat transfer is expressed as:

k A
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•
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4.2.5. Heat transfer during condensation

The heat transfer coeffi cient for condensation has 
been determined using equations from Holman [23] 
where the coolant plate temperature is maintained at Tp 
and the vapour temperature at the edge of the fi lm is Tg 
(for this case, the average air gap temperature has been 
considered from experimental data). The fi lm thickness 
is represented by δ. The average value of heat transfer 
coeffi cient is obtained from integrating h(x) over the 
length of the plate Lp:

hc
p

c

Lp

x=Lp
= =∫

1 4p

∫ 30L
hc dx hcx

( )x
 
Overall heat transfer 

Q h Ach Ac ( )T T(T −Tg p))TT TT−TT  (30)

the values of Tg  and Tp  were measured experimen-
tally at the middle depth of the plate and air gap.

5. Results and discussion

Different operating parameters including feed tem-
perature, coolant temperature, fl uid fl ow rates, feed con-
centration, mesh size of membrane support and air gap 
thickness were varied and their effects on production 
were observed.

5.1. Effect of temperatures

The temperature of fl uids dominates the distillate pro-
duction rate by directly infl uencing the value of vapour 

partial pressure. By increasing only 15°C of the feed 
temperature, the production increased by 192%. While 
decreasing the coolant temperature enhanced the distil-
late fl ux, but the effect was not as signifi cant as that of 
feed temperature. For a decrease of 15°C coolant tempera-
ture from 25°C to 10°C, distillate fl ux increased by 75%.

The production rates are observed for changing the 
feed and coolant temperatures in Fig. 5. With increased 
feed temperature, the vapour partial pressure at mem-
brane surface increased. Since the vapour partial pres-
sure depends on temperature exponentially, hence, a 
small rise in temperature enhanced the production sig-
nifi cantly. MD process is dominated by the difference in 
partial pressure, which can be expressed in terms of tem-
perature by exponential variation in Antoine’s equation 
as described in Eq. (8). Hence, for same temperature dif-
ference, the production may vary depending on chang-
ing of feed or coolant temperature, as seen in Fig. 6. It is 
seen that for same temperature difference, the difference 
in partial pressure between two points may not be simi-
lar. And as a result, with same temperature difference, 

Fig. 5. Effect of changing feed temperature (Tc = 10°C and an 
air gap 2.5 mm).

Fig. 6. Relation between partial pressure difference and 
temperature difference.
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the production rate may be different depending on the 
side (feed/coolant) the temperature change takes place.

5.2. Effect of air gap

Air gap width is another dominating factor for pro-
duction. Experiments conducted with changing air 
gap from 8.5 to 2.5 mm raised the fl ux by 158%. Fig. 7 
shows the fl ux enhancement for changing air gap. This 
is attributed to the shortening of diffusion path length 
with decreased air gap width.

From the fi gure, it is seen that for air gap of 2.5 mm, 
the trend in change of fl ux with feed temperature was 
somewhat different compared to that of air gap of 5 and 
8.5 mm. It may be predicted that for a thinner air gap, 
the mass transfer was dominated by diffusion while for 
wider gaps, convection started to take place and a linear 
trend of the distillate fl ux with increased temperature 
was observed.

5.3. Effect of feed concentration

There was a slight decrease in production with 
increasing feed concentration. Usually MD process is 
less sensitive to feed concentration as the driving force 
is partial pressure difference and it is determined based 
on Raoult’s law of partial pressure. With increase in con-
centration of salt up to certain range (as long as it meets 
the criteria of dilute solution), mole fraction of water 
reduced insignifi cantly and, therefore, the effect of con-
centration was not very dominant on water production. 
Fig. 8 shows the effect of concentration on fl ux. How-
ever, Alklaibi [20] showed based on the data of Fabuss 
[21] that applying Raoult’s law of partial pressure to 
determine interface temperature-concentration relation 
actually overestimates the fl ux.

5.4. Effect of fl ow rates

The feed fl ow rate did not show signifi cant effect 
on distillate production. A little increase in production 

has been observed though with increasing the feed fl ow 
rate by four times. This slight increment in produced 
distillate can be linked to the experimental results from 
Matheswaran et al. [25]. It is seen from their work that, 
increasing the fl ow rate beyond 0.15 lpm caused the 
fl ux to reach a somewhat asymptotic value. The work 
of Garcia-Payo et al. [26] also supported the same trend. 
For the existing set up, the experimental range for feed 
fl ow rate, as seen in Fig. 9(a) , was within the limit of 

Fig. 7. Effect of changing air gap (coolant temperature = 10°C).

Fig. 8. Distillate fl ux with increasing feed concentration and 
temperature.

Fig. 9. (a) Variation in fl ux with increased feed and coolant 
fl ow (Th = 55°C, Tc = 20°C, air gap = 7.5 mm). (b) Temperature 
polarization coeffi cient with increased feed fl ow.
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 2–8 lpm. It may be concluded that, for these fl ow rates 
(which already exceeded the previously stated val-
ues of fl ow rate), the asymptotic region was already 
reached and, therefore, only a small increment in the 
distillate fl ux has been observed which may be con-
tributed by some degree of better mixing of fl uids. The 
temperature polarization coeffi cient is plotted against 
fl ow rate in Fig. 9(b). And this fi gure indeed supports 
the possibility of better mixing as the polarization 
coeffi cient value increased slightly with increased feed 
fl ow rate. It was also investigated whether there was 
any effect of the coolant fl ow rate on the production as 
increasing coolant fl owrate would increase heat trans-
fer. The experimental results for increasing the coolant 
fl owrate four times did not show any infl uence on the 
distillate production, as seen in Fig. 9(a). As the mod-
ule chamber was small in height, and the coolat entry 
and exit temperature did not have large difference, the 
effect of coolant fl ow rate was less likely to have a sig-
nifi cant effect on production rate. Since changing fl ow-
rates did not have any signifi cant effect on production, 
further experiments (i.e., with different air gap width) 
were not conducted.

5.5. Effect of support mesh size

The support after the membrane offers some mass 
transfer resistance which is a part of the GMC and it 
may limit the ultimate distillate production by its mesh 
size. A stainless steel mesh with a porosity of 0.64 was 
tested as the membrane support and distillate fl ux 
obtained was compared with the membrane manu-
facturer’s (Millipore Singapore) supplied membrane 
support which had a porosity of only 0.37. Although 
porosity does not have any direct control over the dif-
fusion coeffi cient, DAW, but when it comes to the expres-
sion of effective diffusion coeffi cient, only porosity is the 
dominating factor as found in Eq. (13) due to negligible 
non-uniformity(tortuous effect) for the support screen 
compared to that of membrane pores. Hence, the chang-
ing porosity of the support also controls the overall 
mass transfer resistance due to its change in the value 
of effective diffusion coeffi cient. From Fig. 10, it can be 
observed that the sieve support yields a higher fl ux than 
the Millipore support.

Table 2 shows the value of effective diffusion coef-
fi cient which caused the difference in production by 
manipulating the support resistance.

5.6. Mass transport resistances and global mass transfer 
coeffi cient

Analysis of the mass transfer resistance is impor-
tant as it controls the overall mass transfer. It is seen 

in Fig. 11 that although membrane and support offer 
similar magnitude of resistances, the highest resis-
tance of 7.63 × 105 J-s (m-mol)−1 is offered by the 8.5 mm 
air gap because of longer diffusion path. Hence, the 
GMC thus refl ects the advantage of having a nar-
rower gap by showing the trend of about a three times 
higher value for air gap of 2.5 mm, compared to that of 
8.5 mm.

Table 2
Diffusion coeffi cients for two supports

Th Tc Millipore support Stainless steel mesh

  Deffective Deffective

45 10 8.72E-06 1.65E-05

45 15 8.76E-06 1.66E-05

45 20 8.79E-06 1.67E-05

45 25 8.79E-06 1.68E-05

50 10 9.01E-06 1.73E-05

50 15 8.97E-06 1.71E-05

50 20 8.95E-06 1.70E-05

50 25 8.92E-06 1.68E-05

55 10 9.14E-06 1.71E-05

55 15 9.18E-06 1.72E-05

55 20 9.23E-06 1.73E-05

55 25 9.26E-06 1.73E-05

60 10 9.41E-06 1.77E-05

60 15 9.30E-06 1.76E-05

60 20 9.30E-06 1.75E-05

60 25 9.25E-06 1.74E-05

Fig. 10. Distillate fl ux enhancement with bigger mesh size 
stainless steel membrane support.
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6. Validation of membrane and air gap transport 
using 1-D model

It is stated earlier that the temperature used in 
the validation of experimental results were obtained 
directly by tapping thermocouples at different locations 
of the test rig. As the production varies exponentially 
with temperature (Eq. (8)), the input value of tempera-
ture signifi cantly affects the predicted value. The 1-D 
heat transfer equations were solved using MATLAB 
by Newton-Raphson method for the heat transfer from 
membrane until coolant side and theoretical values of 
temperature at different points were obtained.

Fig. 12 shows the temperature distribution obtained 
from simulation and experiments. The developed equa-
tions did not include any heat loss in the system, which 
is not the real case. Hence, the measured temperature 
magnitudes would give better prediction of produc-
tion. Although there is a small variation between the 

simulated and experimental value, the transport equa-
tions are quite sensitive to the temperature magnitude 
and putting in the simulated values of temperature in 
the equation actually will over-predict the production. 
Using the experimental temperature values will lower 
the chance of over prediction.

For validation of production, the overall mass trans-
fer from membrane to coolant plate with 1-Dimensional 
diffusion was considered.

It is seen in Fig. 13 how the model was successfully 
implemented for air gap up to 6 mm but failed to pre-
dict the production for a higher air gap width of 7.5 mm. 
The 1-D equation was based on case of pure diffusion 
only, however, for a wider air gap, it is necessary to 
apply Reynold’s analogy as stated earlier. But in practi-
cal application of AGMD,the air gap is kept to a lower 
value as its main purpose is to minimize the heat loss 
between the two fl uids.

The effect of concentration becomes more severe at a 
higher feed concentration for MD process. To validate the 
experiemntal results, both Raoult’s law of partial pres-
sure and Fabuss’ [21] experimental work were used in 
the 1-D model. It is found that for the expression of par-
tial pressure, if Raoult’s law is used for higher concentra-
tion, it fails to predict the values for concentration range 
beyond 30,000 ppm. So the 1-D model was corrected 
based on available data from Fabuss and the validation 
for the entire concentration range was in the satisfactory 
range. Fig. 14 shows the trend for both the cases.

7. Simulated results to predict the production based 
on membrane parameters

The infl uence of different membrane parameters 
on production were predicted based on the developed 
model. Since different types of hydrophobic membrane 
were not available from the supplier Millipore, there 

Fig. 11. The mass transfer resistances and GMC (for air gaps 
2.5 and 8.5 mm).

Fig. 12. Theoretical and experimental temperature distribu-
tion inside MD feed channel, air gap and coolant channel.

Fig. 13. Validation of production using 1-D model and devia-
tion of production using 1-D model for a wider gap (air gap = 
7.5 mm).
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was very limited scope to experimentally observe the 
effects of parameters like membrane thickness, porosity 
or thermal conductivity.

7.1. Effect of membrane thickness

Increasing the membrane thickness showed adverse 
effect on the production due to the contribution in 
increasing mass transfer resistance by longer diffu-
sion path length as seen in Fig. 15. Similar experimen-
tal results have been reported by Al-Obaidani et al. [2]. 
Their study included changing the membrane thickness 
from 0.25 to 1.55 mm and a fl ux declination of 70% was 
observed. For the present study, similar declination is 
observed for increasing the membrane thickness from 
0.15 to 1 mm.

7.2. Effect of membrane porosity

Membrane porosity was changed in the range from 
0.1 to 0.9, without considering its effect on hydrophobic 
properties, and it shows that more porous membrane 

was producing more water as it infl uenced the diffu-
sion coeffi cient directly. Besides, increasing membrane 
porosity also infl uenced the effective thermal conduc-
tivity of membrane, with increased porous zone; the 
conductivity of the vapour controlled the overall con-
ductivity. Since, vapour thermal conductivity is less 
than the membrane thermal conductivity in magnitude, 
with increased porosity, the membrane was becoming 
more insulated and hence it added an extra advantage 
of reducing heat loss from membrane-liquid interface. 
Fig. 16 shows the distillate production trend with 
increased membrane porosity.

7.3. Effect of membrane thermal conductivity

As discussed in previous section, thermal conductiv-
ity plays a role in production by manipulating heat loss 
through membrane. Fig. 17 shows that with increased 
membrane thermal conductivity, for a certain mem-
brane thickness, the production deteriorated as a result 
of more heat loss through membrane, thus losing the 

Fig. 15. Effect of membrane thickness on production. Feed 
60°C, coolant 10°C, membrane porosity 0.75.

Fig. 14. Validation for increased feed concentration consid-
ering Raoult’s law of partial pressure and BPE data from 
Fabuss.

Fig. 16. Effect of membrane porosity on production. Feed 
60°C, coolant 10°C, membrane thickness 125 × 10−6 m.

Fig. 17. Effect of membrane thermal conductivity on produc-
tion. Feed 60°C, coolant 10°C, membrane porosity 0.75, thick-
ness 125 × 10−6 m.
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potential for evaporation. Similar trend is seen from the 
work of Alklaibi and Lior [4].

8. Conclusions

AGMD is a promising technology for desalination 
because of its low energy requirement and easy mainte-
nance. Experimental and numerical investigations were 
carried out on a small scale AGMD unit. The process 
was not very sensitive to feed concentration and feed 
fl ow rate. The dominating factors for production were 
fl uid temperatures and air gap width. The global mass 
transfer coeffi cient was derived using the mass transfer 
resistances offered by membrane, membrane support 
and air gap. The changing porosity of the membrane 
support controlled the production signifi cantly due to 
its change in the value of effective diffusion coeffi cient. 
The numerical results showed good agreement with 
experimental values. For an air gap of 2.5 mm and feed 
temperature of 60°C and coolant temperature of 10°C, 
the highest fl ux obtained was 5.11 kg m−2 h−1.

Symbols

A — Area [m2]
d — Diameter of membrane pore [m]
D — Diffusion coeffi cient [m2/s]
h — Heat transfer coeffi cient [W/m2K]
hc —  Condensation heat transfer coeffi cient [W/m2K]
hfg — Latent heat of evaporation [J/kg]
J — Distillate fl ux [kg/m2h]
k — Thermal conductivity [W/mK]
Ku — Knudsen number
Kp —  Global mass transfer coeffi cient [mole-m/j-s]
m  — Mass fl ux of water vapour [kg/s]
M  — Molar fl ux of water vapour [moles/s]

M — Molar weight [kg/mole]
N — Molar fl ux [moles/s]
Nu — Nusselt Number
P — Pressure [Pa]
Pr — Prandtl Number
Pw — Partial vapour pressure [Pa]
Q — Heat transfer rate [W]
R — Universal gas constant (J/K-mole)
Re — Reynolds Number
Sc — Schmidt Number
T — Temperature [K]
t — Thickness/width [m]
Yw — Mole fraction of vapour

Greek letters

α — Thermal diffusivity, (m2/s)
β — Thennal expansion coeffi cient

δ — Condensate fi lm thickness (m)
γ — Ionic strength (mole/l)
λ — Mean free path (cm)
μ — Dynamic viscosity (N-s/m2)
ρ — Density (kg/m3)

Subscripts

a — Air
AW — Diffusivity of vapour in air
am — After membrane
as — After support
avg — Average of two boundaries
g — Gas/water vapour
gap — Air gap
if — Interface
m — Membrane
P — Plate
s — Membrane support
sol — Solution
w — Water
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