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a b s t r a c t
This study was conducted using a direct contact membrane distillation (MD) to treat effluent from 
an anaerobic membrane bioreactor (AnMBR) through a polytetrafluoroethylene (PTFE) membrane. 
The decrement of membrane flux, and the changes of feed and distillate characteristics were investi-
gated during the production of demineralized water. In general, membrane flux decreased from 9.5 
to 3.8 L/m2/h, and the conductivity in the feed side increased from 1.0 to ~17.5 mS/cm within a time 
interval of approximately 15 d, while the distillate electrical conductivity was quite stable in a range of 
0.09–0.15 mS/cm. Additionally, the results showed that MD exhibited good separation of the AnMBR 
effluent for non-volatile organics (e.g., protein, polysaccharides), phosphate, and metal ions, but limited 
effectiveness for volatile foulants such as ammonia. The rejection rate for chemical oxygen demand and 
phosphate was greater than 98%, but ammonia easily passed through the micro-porous membrane with 
a final concentration of 6.8–15.7 mg/L in the permeate. Most importantly, the membrane permeate could 
be recovered to 94% of the initial flux with 0.8 wt% citric acid and 0.3 wt% HCl cleaning for each run, 
and the module performance was restored to near the initial efficiency, suggesting the feasibility of MD 
for the treatment of wastewater effluent in a relatively long operation time. Finally, the morphology 
and composition of the fouling layer were studied, and it was found that salt crystallization resulting in 
CaCO3 precipitation was determined as a key problem of demineralized water production.
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1. Introduction

In recent years, there has been increasing pressure for
water reuse for industrial and municipal purposes leading 
to the development of mutually beneficial technologies, such 
as membrane-based separation [1]. Membrane processes are 
presently being applied for the treatment of municipal and 
industrial wastewater, the removal of organics and inorgan-
ics from (under)ground water, and the desalination of sea-
water and brackish water [2,3]. However, most membrane 

separation processes are operated under isothermal condi-
tions relying on the force from hydrostatic pressure differ-
ences (such as reverse osmosis [RO] and nano-filtration). 
One limitation during the pumping cycle has been the high 
energy requirement for a hydraulic-driven membrane; there-
fore, there is a significant need to develop technologies with 
improved interception and lower energy consumption.

Recent achievements in membrane technology and the 
increased focus on the renewable energy resource exploita-
tion suggested that emerging membrane distillation (MD) 
technology may be an effective and efficient alternative to 
conventional membrane processes for water reclamation and 



L. Chen et al. / Desalination and Water Treatment 65 (2017) 89–9790

seawater desalination [2,3]. MD technology is a thermally 
driven process that combines conventional distillation and 
membrane separation, wherein the water from the feed side 
is heated to increase its vapor pressure, generating a differ-
ence in the partial pressure on each side of the membrane 
[2]. The membrane acts as an effective barrier for the sepa-
ration of water and vapor, only allowing vapor molecules to 
pass through the micro-porous hydrophobic membrane. The 
MD showed better water quality and remarkable removal 
efficiency for salts and phosphate. Additionally, due to the 
absence of hydraulic pressures, MD showed less fouling 
treatment compared with pressure-driven process. A renew-
able energy generator, such as wind or solar power or a waste 
energy recovery system, could also be employed for alterna-
tive energy production for MD operation [4], allowing more 
widespread application.

Because of these potential advantages, there has been 
increased focus on the continued development of MD for 
wastewater treatment with acceptable membrane flux and 
high removal efficiency for organics/inorganics. Presently, 
MD has been successfully applied in brines reclamation [5,6], 
water desalination [2], fruit juice concentration [7], and other 
industrial areas [8,9] at both the lab scale and pilot plant scale. 
Kim et al. [10] investigated the efficacy of different materials 
in the application of the MD process for post-treatment of 
anaerobic bioeffluent for 150 h. Liu and Wang [11] studied 
effects of operating parameters including feed temperature, 
feed velocity, and feed concentration for the MD process 
treatment of low-level radioactive wastewater. Jacob et al. 
[12] evaluated the effect of biomass on the flux and fouling 
interaction on MD for treating effluent in a batch mode. 
There have been only few reports describing use of the MD 
process for the treatment of effluent from aerobic/anaerobic 
membrane reactor [10,12], and no consideration was given 
to the fouling layer on the membrane surface. Additionally, 
most published work of MD processes described relatively 
short-time membrane performance, and few studies were of 
longer time period, such as several weeks including mem-
brane cleaning during operation. 

Here, the relatively long-term performance of lab-scale 
MD fed with an anaerobic membrane bioreactor (AnMBR) 
effluent was studied comprehensively to examine effects 

of membrane flux, conductivity changes, nutrient removal, 
and organics rejection. Simultaneously, the characteristics 
of feed with operation time were investigated using a three-
dimensional excitation–emission matrix (EEM). Finally, the 
fouling layer was studied by attenuated total reflectance 
Fourier transform infrared (ATR-FTIR) and scanning elec-
tron microscopy (SEM) coupled with energy-dispersing 
spectrometry (EDS).

2. Materials and methods

2.1. Direct contact membrane distillation configuration

Fig. 1 shows a schematic diagram of the experimental 
setup. Hydrophobic polytetrafluoroethylene (PTFE) flat 
sheet membrane with a nominal pore size of 0.22 μm was 
used. Chlorinated polyvinyl chloride material with tempera-
ture tolerance up to 90°C was used for module fabrication. 
Flow path cavities on both sides of the membrane allowed 
feed and permeate flows. The feed and permeate stream from 
the membrane module were circulated in a counter-flow pat-
tern by peristaltic pumps with a cross-flow rate of 10.5 mm/s, 
and the temperature was controlled at 70°C and 25°C using 
a heater and a cooler, respectively. The peristaltic pump for 
the influent was controlled by a water level sensor in the feed 
side to maintain a constant water volume around 400 mL. 
The membrane flux was derived by mass balance accounting 
for the membrane area, and then normalized for clean mem-
brane flux. In the later stage of the studies, the fouled mem-
brane was immersed in 0.8 wt% citric acid solution for 4 h and 
then 0.3 wt% HCl for 2 h. After cleaning, the membrane was 
rinsed with tap water and dried overnight. Subsequently, the 
experiment was resumed with the cleaned membrane and 
fresh feed.

The feed for the MD process was collected from the efflu-
ent of an AnMBR. With an influent chemical oxygen demand 
(COD) of about 1,100 mg/L for the AnMBR setup, the COD 
removal efficiency was excellent and stable with an aver-
age over 90% at the investigated hydraulic retention time 
(7 h), and the effluent COD was in a range of 76–93 mg/L. 
Additionally, the detailed information for the effluent used 
as the MD feed is listed in Table 1.

Fig. 1. Schematic diagram of the MD system. 
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2.2. Analytical methods

During MD operation, samples were taken daily for anal-
ysis. The performance was evaluated by permeate flux, and 
the interception of non-volatile component in the MD process 
was defined according to the following expression (Eq. (1)):

R C
CS = −









1 100permeate

eedf

× % 	 (1)

where Rs, Cpermeate and Cfeed are interception rate, concentration 
in permeate side and concentration in feed side, respectively.

COD, ammonia concentration (NH4
+–N), and phos-

phate (PO4
3–) were determined using potassium dichromate 

method, Nessler’s reagent colorimetry, and ascorbic acid 
ammonia molybdate spectrophotometric method, respec-
tively [13]. The conductivity and pH were analyzed by con-
ductivity meter (DDS-11A, Shengci Technology Co., Beijing, 
China) and pH meter (U8-10, Denver Instrument Company, 
Arvada, CO, USA), respectively. 

The carbohydrates and proteins were analyzed using 
the phenol–sulfuric acid method [14] and modified Lowry 
method [15], respectively. EEM spectroscopy (LS55, 
PerkinElmer, Norwalk, CT, USA) was applied to character-
ize the changes in the feed and permeate side with opera-
tion time. ATR-FTIR (TENSOR 27, Bruker Optik, Ettlingen, 
Germany) spectroscopy was employed to identify the 
functional groups that correlated with membrane fouling. 
Additionally, the morphology of the fouling layer on the 
membrane surface was evaluated by SEM (S-488, Hitachi Co., 
Japan) coupled with EDS (Octane plus, AMETEK, Inc., USA).

3. Results and discussion

3.1. Flux performance, pH changes, and salt accumulation

The performance of the MD system is evaluated for dis-
tillate flux, liquor conductivity, and pH, as demonstrated 
in Figs. 2(a)–(c). In general, membrane flux decreased from 
9.5 to 3.4 L/m2/h (LMH), the conductivity in the feed side 
increased from 1.0 to ~17.5 mS/cm, and pH increased to 10.2 
within a time interval of approximately 15 d (1 cycle). 

To better show this progression, a period from day 1 to day 
15 (cycle I) is described in detail. The relative membrane flux lin-
early decreased to nearly 0.7 over the first 6 d, then decreased at 

a faster pace until day 9, at which point the rate slowed down 
to 0.15–0.26 LMH per day. The permeability decreased with the 
operation time and reduced by 60%–70% at the end of each run, 
likely due to membrane fouling (scaling) associated with the 
growing substance concentration in the feed side. The reduction 
of membrane permeability resulted from membrane fouling, in 
which deposit formed on the membrane surface and/or within 
its pores, decreasing the effective area of the membrane surfaces 
and also changing the temperature polarization [16]. The deposit 
layer of suspended or dissolved substances increased the ther-
mal resistance, reducing the heat transfer coefficient from the 
bulk phase to the evaporation and condensation surfaces as the 
temperature polarization increased. Hence, the driving force 
for mass transfer decreased, and membrane flux decreased dra-
matically. Gryta [17] found that the formation of a non-porous 
layer led to increased mass transfer resistance and the value of 
the permeate flux approached zero in an exponential manner. 
Additionally, the rate of crystallization may have increased as 
the feed water became more concentrated (with a higher concen-
tration of barely soluble salts) and the number of seed crystals 
reached the threshold for rapid growth on the membrane surface 
[18], thus accelerating the reduction of membrane permeability.

After 1 cycle (about 15 d) operation, the membrane was 
chemically washed, and the solution in the feed side was 
discharged. The membrane flux was significantly recovered 
and reached 94% of the initial flux (day 16: flux = 9.38 LMH; 
day 31: flux = 9.35 LMH), likely due to the improved smooth 
membrane surface, suitable membrane pore size, and absence 
of internal fouling. Such significant recovery level suggested 
that MD systems are highly effective for long-term usage in 
water treatment, and further research to improve technology 
for anti-scaling and to reduce salt accumulation is warranted.

Fig. 2(b) illustrates the electrical conductivity in the feed 
and permeate side throughout the study. The distillate elec-
trical conductivity was quite stable in a range of 0.09–0.15 
mS/cm, suggesting a high retention of inorganic solutes up 
to 99.7%. This retention occurred despite the presence of 
high salt concentrations in the feed and regular membrane 
cleaning throughout the study. These results showed that the 
leakage of the feed through the membrane or serious mem-
brane wetting did not occur during operation, suggesting the 
efficacy of this process for water reuse.

The pH in the feed side increased with operation time 
to reach 10.0 at the end of each run as that in the permeate 
side decreased to around 6.7. The increased pH in the feed 
side might indicate that the alkaline ions (e.g., HCO3

–, CO3
2–) 

were effectively retained by the membrane and concen-
trated to a higher degree. At the same time, the HCO3

– ions 
underwent decomposition to produce CO3

2– with heating 
(2HCO CO + CO + H O)3 3

2
2  2

− −
  [19]. Additionally, the vapor 

pressures of volatile fatty acids (VFAs), CO2, and ammonia 
were many orders of magnitude higher than that of water 
molecules, allowing these compounds to partially pass 
through the membrane and alter the permeate pH. 

3.2. MD treatment for AnMBR effluent

3.2.1. COD variation and rejection efficiency

The variation of COD in the feed side and distillate is 
shown in Fig. 3(a). Only a slight amount of COD, below 

Table 1
Characteristics of AnMBR effluent

Parameter AnMBR effluent
pH 6.8 ± 0.1
Conductivity (mS/cm) 0.9 ± 0.1
COD (mg/L) 81.6 ± 13.4
NH4

+–N (mg/L) 33.2 ± 1.7
PO4

3––P (mg/L) 2.3 ± 0.3
VFA (mg/L)a 17.9 ± 4.5
Protein (mg/L) 17.5 ± 2.6
Polysaccharides (mg/L) 3.1 ± 1.2
aVFA presented as COD concentration: VFA (as COD) = 0.35 
(formate) + 1.07 (acetate) + 1.51 (propionate) + 1.82 (butyrate + 
isobutyrate) + 2.04 (valerate + isovalerate).
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5 mg/L, was detected in the distillate, and the COD removal 
rate during the whole operation time remained above 98.7%. 
This result was consistent with that of Kim et al. [10] that 
MD treatment removed almost all of the organic components 
after fermentative treatment, possibly due to vapor trans-
port action compared with isothermal filtration showing 
28%–87% retention ability (for a micro-porous membrane). 
Additionally, it was noteworthy that membrane cleaning did 
not alter rejection efficiency. 

The detection of COD in the permeate might be related 
to the transport of volatile organic compounds and subtle 
membrane wetting. The VFAs normally exist in the vola-
tile and non-volatile forms, depending on pH condition. 
Similarly to water vapor, VFA in volatile form can diffuse 
through the membrane pores [20]. Additionally, membrane 
wetting promotes COD in the distillate side. The mem-
brane was weakened due to membrane wetting; therefore, 
the mass transfer resistance decreased, and partial organic 
matter passed through the pores leaving a small amount of 

COD [21]. This was confirmed by the detection of protein and 
polysaccharides in the permeate as shown in Figs. 3(b) and 
(c).

Polysaccharides and protein are kinds of non-volatile 
organic macromolecule compounds and the major compo-
nents of wastewater treatment effluent [22]. The MD rejection 
for these compounds can theoretically be as high as 100%. 
Due to membrane wetting [21], only a trace of protein and 
polysaccharides was detected in the distillate, with concen-
trations less than 0.34 and 0.58 mg/L, respectively. 

A sharp increase of COD, protein, and polysaccharides 
in the feed side was observed during the initial phase of each 
run, likely due to membrane interception and feed concen-
tration. The protein and polysaccharides can be as high as 
139.5 and 76.8 mg/L, respectively, and white-brown deposit 
was found on glassware or on the wall used for feed stor-
age. The high temperature can alter the tertiary structure of 
the protein, and some interior non-polar groups can become 
surface exposed, resulting in a reduction of solubility [23]. 

Fig. 2. Changes of: (a) membrane flux, (b) conductivity, and (c) pH during long-term operation. 
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Additionally, heat denaturation acted to increase the viscos-
ity of the protein, promoting its attachment on the glassware 
surface. This phenomenon was also reported by Gryta et al. 
[24], although the observed deposit was a grey-brown color. 

3.2.2. Phosphate variation over operation time

The variation of phosphate with operation time in the 
feed and distillate side is demonstrated in Fig. 4(a). With an 
inflow of 2.3 ± 0.3 mg/L, it was hard to detect PO4

3––P in the 
permeate side suggesting that the MD system was effective 
at phosphate removal. On the feed side, the accumulation of 
PO4

3––P in the initial phase was observed for each run fol-
lowed by a decrease in concentration, and the membrane 
cleaning did not appear to affect the efficiency of phosphate 
interception. Looking at the first run, the concentration of 
PO4

3––P in the feed side first increased from 2.6 to 9.8 mg/L in 
6 d and then decreased to around 5.5 mg/L. The concentration 
decline was likely attributed to the oversaturation and pre-
cipitation of phosphate since it was at sufficiently high con-
centration, and the pH increased to nearly 10. Considering 
the high interception property of the membrane, Ca, Mg, 
and P were effectively rejected, leading to the formation of 
scaling (e.g., Ca3(PO4)2) as observed previously. The similar 
phenomenon was reported by other researches [25,26]. For 
example, Chen et al. [26] investigated phosphate decrease in 
a forward osmosis–AnMBR system, and suggested it might 
be attributed to precipitate in the form of amorphous calcium 
phosphate (Ca3(PO4)2) or dicalcium phosphate dihydrate 
(Ca2H2(PO4)2).

Consistent removal of phosphorus to achieve the neces-
sary standard of wastewater discharge is difficult only for 
biological treatment; thus, the addition of flocculants (e.g., 
FeCl3, Al2(SO4)3, CaO) is often required, leading to residual 
sludge production (due to secondary pollutants) and high 
operating costs. Here, the MD process is considered to be a 
promising and efficient technology to reduce effluent phos-
phorus, especially for eutrophication control.

3.2.3. Changes of NH4
+–N over operation time

The variation of ammonia concentration in the feed and 
distillate side is shown in Fig. 4(b). With an inflow NH4

+–N 
concentration of 33.2 ± 1.7 mg/L, its concentration in the feed 
side gradually decreased from 22.2 ± 1.2 to 10.1 ± 1.7 mg/L 
during each run. This is likely due to the stripping of ammo-
nia under high temperature and pH. Generally, ammo-
nia ions (NH4

+) exist in equilibrium with ammonia (NH3) 
according to Eq. (2), and most the ammonia would be soluble 
ammonia ions at pH values below 7 and would be dissolved 

Fig. 3. Evolution of: (a) COD, (b) protein, and (c) polysaccharides 
concentrations in the feed and permeate side.

Fig. 4. (a) Changes of PO4
3––P and (b) evolution of NH4

+–N against operation time in the feed and permeate.
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gas at pH levels above 12. Higher temperature and pH favor 
the removal of ammonia from solution. The stripping rate of 
ammonia is significantly affected by its vapor pressure and 
saturated concentration, which is mainly dependent on the 
temperature [12]. Considering the high temperature in the 
feed side, the saturated concentration decreased, and vapor 
pressure increased according to Henry’s law, resulted in an 
increase in the amount of free ammonia removed during the 
aqueous phase. Additionally, the high pH on the feed side 
promoted a right shift in the equilibrium (Eq. (2)), causing 
most ammonia to be in the NH3 form especially later in each 
run, resulting in decreased concentration on the feed side. 
Ding et al. [27] reported that the pH of the feed side played a 
significant role in the ability of ammonia to pass through the 
MD membrane.

NH  + OH NH +H O4
+

3 2
−
 	 (2)

Additionally, the concentration of NH4
+–N in the distillate 

side was only slightly lower than that in the feed side, and fol-
lowed the same trend. As the vapor pressure of ammonia was 
many orders of magnitude higher than that of the water mol-
ecules, the ammonia easily passed through the hydrophobic 
membrane, allowing a relative balance in ammonia on the 
feed and distillate side. A hybridization of MD process with 
an ammonia removal process might be utilized to remove 
the additional ammonia remaining after the MD process to 
improve this strategy for sustainable wastewater treatment. 
For example, stripping is a common strategy to remove vol-
atile compounds from a wide variety of water source (Kim 
et al. [10]). Increasing temperature is another technology that 
promotes the free ammonia stripping from the liquid phase.

3.3. EEM analysis for feed and permeate 

To further understand the characteristics of feed and 
permeate, EEM was employed to identify the changes of 
chemical components other than the polysaccharides. The 
EEM spectra of feed with the operation time are shown 
in Figs.  5(a)–(g). EEM fingerprints showed the dominant 

appearance of fluorophores consistent with tryptophan-like 
proteins (peak A) and humic-like materials (peak B) in the 
spectra of all the feed side samples. An additional, less dis-
tinct peak was assigned to fulvic components. During the 
15-d interval, a gradual increase of fluorescence intensity was 
observed, especially for the humic-like acids. Quantification 
by the colorimetric method confirmed the same change of 
protein concentrations. The lower concentration ratio of 
tryptophan-like proteins compared with the humic-like frac-
tions was consistent with the higher temperature degrading 
the protein. Additionally, the MD treatment allowed nearly 
complete removal of the fluorescent organic constituents as 
shown in Fig. 5(h), for all identified peak regions.

The other fluorophores related to tryptophan protein-like 
substances, aromatic protein-like substances, and fulvic acids 
were detected by EEM. However, the fluorescence was small, 
and it was difficult to locate the exact peak location and peak 
maxima. To further explore the composition changes in the 
feed side with the operation time, fluorescence regional inte-
gration (FRI) was used to analyze the six excitation–emission 
regions [28,29], including the region of tyrosine (I), tyro-
sine-like proteins (II), tryptophan (III), tryptophan-like pro-
teins (IV), fulvic acid-like (V), and humic acid-like substances 
(VI). The feed side distribution of FRI is shown in Fig. 6. The 
feed bulk showed fluorescence in regions II, III, IV, and VI. 
Signal for region I accounted for less than 6.8%, while the 
sum of regions II, III, and IV accounted for more than 74.2%, 
indicating that the majority of proteins in the original feed 
were tyrosine-like, tryptophan, and tryptophan-like pro-
teins. Additionally, region VI, representing the humic acid-
like materials, only accounted for 13.9% in the original feed. 
However, there were different changing trends during the 
course of operation. No significant changes were detected 
for regions I and V, but there was an obvious decrease in 
tyrosine-like protein from 21.7% to 7.7%, and a slight decre-
ment in tryptophan from 16.3% to 8.9% was observed with 
increased operation time. Conversely, regions IV and VI 
increased with the operation time, with the tryptophan-like 
proteins increasing from 35.2% to 45.2% in 7 d and stabilizing 
around 46.8%. The humic acid-like substances increased from 

Fig. 5. EEM fluorescence spectra of: (a)–(g) feed at different time and (h) permeate. 
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14.0% to 29.5% through each run. These measurements of 
protein and humic acid in the feed side were similar to those 
reported previously [30]. More importantly, the increase was 
greater for humic-like substances than that observed for pro-
tein materials, implying that the protein fraction was more 
sensitive to temperature degeneration and the humic fraction 
was more refractory toward this degradation. The protein in 
the feed side was likely underwent conformational change 
and denaturation by the unfolding of hydrophobic residues 
[31], loss of polar contacts, and increase of hydrophobic inter-
action [23], leading to deproteinization and precipitation and 
decreasing protein levels in the feed side.

3.4. Fouling investigation of distilled membrane

For MD and other membrane processes, fouling of the 
membrane surface leads to decreased membrane permea-
bility and decreased efficiency. Fouling can result from the 
chemical reaction of solutes at the membrane boundary 
layer, inorganic scaling, organic compounds adsorption, and 
other causes [17]. In this study, the composition and mor-
phology of the fouling layer were analyzed using ATR-FTIR 
and SEM–energy-dispersive X-ray spectroscopy (EDX).

The FTIR spectra of clean and fouled membranes are 
shown in Fig. 7. Two distinctive bands of C–F stretching 
vibrations at 1,150 and 1,220 cm–1 were clearly exhibited in 
the spectra of clean PTFE membrane [32]. These two peaks 
disappeared in the fouled membrane, and peaks contrib-
uted to v3-asymmetric stretching (1,450 cm–1), v2-out-of-plane 
bending (870 cm–1) vibrations of CO3 group, and v4-in-plane 
bending (713 cm–1) vibration of CO2 group were observed. 
These peaks were located in the same positions as they 
were in the spectrum of CaCO3 (at 1,450, 870, and 713 cm–1, 
spectrum from NIST Standard Reference Data), suggest-
ing the presence of CaCO3 in the fouling layer. The higher 
intensity of the absorption bands in the v2–CO3 and v3–CO3 
domains revealed the presence of a calcium carbonate com-
pound [33]. Hariharan et al. [34] pointed out that the sharp 
peak at 870 cm–1 indicated that the CaCO3 obtained from the 

membrane surface was mostly in the form of calcite. More 
importantly, the peaks attributed to the protein structure 
(including amides I, C–O stretching; amides II, N–H in plane; 
and amides III, C–N stretching), polysaccharide-like sub-
stance (C–O bonds), and humic acids (carboxyl group) were 
not identified in the ATR-FTIR image, although these peaks 
are frequently observed on microfiltration (or ultrafiltration, 
RO) membrane during the filtration of wastewater treatment 
effluent. Therefore, it could be found that the decline of mem-
brane flux was mainly resulted from CaCO3 precipitation on 
the membrane surface and/or pores.

The SEM observation at the end of the experiment con-
firmed that the membrane surface was largely covered by 
deposit, leading to reduced membrane permeability (Fig. 8). 
The fouling deposit was analyzed by EDS which revealed 
that in addition to a large amount of Ca, the deposit also con-
tained C, O, Mg, and P at atomic percentages of 18.75% (C), 
24.32% (Ca), 50.86% (O), 1.69% (Mg), and 0.71% (P). Because 
Ca, C, and O were the major constituents of the fouling layer, 
the decrement of permeate was mostly contributed to CaCO3 
precipitation. Gryta [17] also reported that CaCO3 deposition 
accumulated on the membrane surface. However, no simple 
explanation was provided for this scaling process, which was 
critically dependent on the feed concentration, temperature, 
residence time, and the flow condition (such as cross-flow 
velocity, flow chamber). The formation of deposit generally 
started in the largest pores, because they more rapidly under-
went wettability [35]. When the wetted pores were over-filled, 
the supersaturation state enabled nucleation and crystal 
growth due to water evaporation and temperature changes 
[35,36]. Considering the minimum temperature for the forma-
tion of CaCO3 at 40°C, the HCO3

– ions present in the feed with 
70°C underwent decomposition [19] allowing a large amount 
of CaCO3 to precipitate on the membrane surface. Once the sol-
ute solubility decreased, the deposit can form quickly due to 
temperature polarization [36]. Other factors such as the extent 
of supersaturation, heat transfer rate, the condition of heat 
transfer surface, and the rate of carbon dioxide evolution can 
also contribute, as Pokrovsky [37] found that the scaling inten-
sity increased with increased factor concentration. Mitigation 
approaches to eliminate precipitate formation included the 
acidification of feed to pH ~ 4, addition of anti-scalants, heat 

Fig. 6. FRI distribution of feed at different sampling time.

Fig. 7. ATR-FTIR spectra of clean and fouled membrane.
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pretreatment, and process optimization, though most of these 
were described for synthetic water. Thus, the selection of the 
most effective anti-scaling method to reduce membrane foul-
ing should be investigated more fully.

3.5. Challenges

Compared with other membrane-based technology, the 
main advantages of MD include [2]: (1) complete rejection of 
macromolecules, ions, and other molecules; (2) lower oper-
ating pressures; (3) lower mechanical requirements for the 
membrane; and (4) lower operating temperature compared 
with conventional distillation. Additionally, membrane clean-
ing using citric acid and HCl did not cause adverse effects on 
organics/inorganics interception, exhibiting the promise of 
membrane cleaning as a strategy to allow long-term usage. 
However, many challenges remain, such as membrane foul-
ing control and concentrated feed disposal.

The major problems of the MD process are related to 
membrane wetting and the formation of a fouling layer on 
membrane surface. The fouling and scaling accelerated the 
wetting process; thus, further investigation is required to 
more fully understand these phenomena. Considerable 
physiological challenges would be expected with increasing 

conductivity, such as due to polarization. For concentrated 
feed, a discharge with a high concentration of metal ions 
(Ca, Mg, etc.) would likely limit the reuse extent. Hence, the 
following aspects should be addressed in future work: 

•	 development of new membrane and optimization of 
operating conditions to decrease fouling and extend 
membrane function;

•	 selecting the appropriate cleaning procedure and chemi-
cals to extend the lifetime of membrane;

•	 elucidation of fouling mechanisms, and alleviation of 
scaling effects on membrane performance; and

•	 reasonable disposal of concentrated feed, especially 
ammonia removal for the produced distillate.

4. Conclusions

MD was successfully operated for AnMBR effluent treat-
ment, and the following conclusions were obtained:

•	 MD showed very good separation of the AnMBR effluent 
for protein, polysaccharides, phosphate, and metal ions, 
while its performance was limited for volatile foulants 
like ammonia. 

Fig. 8. (a) SEM of clean membrane, (b) SEM of fouled membrane, (c) EDX observation of clean membrane, and (d) EDX observation 
of fouled membrane.
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•	 Scaling inhibited the MD process, and the formation of 
mainly the CaCO3-containing deposit on the membrane 
surface reduced membrane flux and might promote sub-
tle wettability. 

•	 Membrane permeate was recovered up to 94% of the ini-
tial flux by cleaning with a solution of 0.8 wt% critical 
acid + 0.3 wt% HCl with no obvious difference in mem-
brane interception efficiency.
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