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a b s t r a c t
This paper intended to evaluate the performance and economics of hybrid desalination systems includ-
ing reverse osmosis (RO) stand-alone, RO–membrane distillation (MD), RO–pressure retarded osmo-
sis (PRO), and RO–MD–PRO. Theoretical analysis for evaluating the performance of hybrid systems 
was carried out using previously validated RO, MD, and PRO numerical models. Moreover, a simple 
cost model was applied to analyze the effects of seawater total dissolved solids, energy cost, membrane 
cost, and interest rate. Results showed that the hybrid systems can outperform an RO stand-alone 
system in terms of its ability to reduce water cost and alleviate the disposal and environmental prob-
lems of waste brine. The electricity cost plays a dominant role in determining economic feasibility of 
hybrid plants. The steam cost for MD heating source plays a dominant role in determining economic 
feasibility of RO–MD and RO–MD–PRO hybrid systems. The membrane cost and interest rate are also 
crucial factors affecting the economic feasibility of hybrid systems.
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1. Introduction

Water scarcity is becoming a critical issue for sustainable 
development in many countries all over the world. More 
than 1.2 billion people lack access to clean drinking water [1] 
and the number is expected to continuously increase. Since 
the freshwater resource is limited, saline water desalination 
technologies have drawn attention as one of the most prom-
ising methods to solve the water scarcity problem [2]. Over 
the past few decades, several desalination technologies have 
been developed, including thermal distillation (multi-stage 
flash distillation, multi-effect distillation, and mechanical 
vapor pressure compression distillation), membrane separa-
tion (reverse osmosis [RO] and nanofiltration), freezing, and 
electrodialysis [3]. Among them, RO is one of the most domi-
nant technologies in the seawater desalination market since it 

has the lowest geographical restrictions as well as is a proven, 
reliable, and established process [4,5]. According to the 
International Desalination Association, for 2011, RO was used 
in 66% of installed desalination capacity (44.5 of 67.4 mm3/d). 
Nevertheless, RO technology also has drawbacks such as high 
electricity consumption and low recovery ratio of product 
water [6]. The energy consumption for RO desalination sys-
tems lies between 2.5 and 4.0 kWh/m3 depending on many 
parameters (i.e., intake type, pretreatment, seawater salinity, 
etc.) [3]. The recovery ratio of product water of desalination 
by RO systems is in the range of 30%–40% [3]. 

Typical costs of water desalination by RO is in the range 
of 0.5–1.0 USD/m3, which has been achieved by advances in 
energy recovery devices and membranes with improved per-
formance; however, a decrease in costs due to technological 
developments is not foreseen as energy costs will increase 
[3,7]. At the same time, brine discharge regulations are get-
ting more stringent, raising the costs for new projects [8]. 
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As a response to these issues, hybrid desalination systems 
based on RO are those employing novel membrane processes 
such as membrane distillation (MD), pressure retarded 
osmosis (PRO), and forward osmosis (FO). In particular, a 
combination of RO, MD, and PRO is thought to be a favor-
able candidate to improve recovery ratio of product water 
and brine water quality, reduce the water cost. 

MD is a separation process using a vapor pressure, which 
results from the temperature difference between feed and 
permeate water [9]. The hydrophobic micro-porous mem-
brane facilitates the transport of water vapor through its 
pores, while maintaining vapor–liquid interfaces at the pore 
entrance, but it does not participate in the actual separation 
process. MD has several advantages compared with RO and 
other desalination processes for the treatment of saline water 
[10–12]. Because water is transported through the membrane 
only in a vapor phase, MD can offer complete rejection of 
all non-volatile constituents in the feed solution; thus, almost 
100% rejection of ions, dissolved non-volatile organics, col-
loids, and pathogenic micro-organisms can be achieved via 
the MD process. But more importantly, due to the disconti-
nuity of the liquid phase across the membrane, water flux in 
MD is not influenced by the osmotic pressure gradient across 
the membrane. Consequently, the greatest potential of MD 
can be realized through the treatment of highly saline solu-
tions [10]. 

PRO is a variant of FO in which a pressurized concentrated 
draw stream and a more dilute feed stream are separated by 
a semi-permeable membrane, so that the permeate from the 
feed can enter the draw stream in a pressurized state from 
which useful power may be extracted [13]. Investigations 
into PRO have resumed over the last decade due to advances 
in membrane technology, and have received considerable 
attention as a salinity gradient power process [14]. PRO is 
mostly regarded as an environmentally friendly and sustain-
able energy production process that uses seawater or concen-
trated seawater (i.e., brine from desalination system) as the 
draw solution, while river water or wastewater effluent is 
used as the feed solution [15,16]. 

Although the interest in hybrid desalination technol-
ogies is growing, little information is available on their 
performances and economic aspects. Accordingly, this 
paper focused on the economic analysis of RO stand-alone, 
RO–MD, RO–PRO, and RO–MD–PRO hybrid systems. 
Evaluation of the performance of hybrid systems was car-
ried out using previously validated RO, MD, and PRO 
numerical models. A cost analysis model was applied to 
examine the effects of seawater total dissolved solids (TDS), 
energy cost, membrane cost, and interest rate on the RO and 
hybrid systems.

2. Materials and methods

2.1. Hybrid systems

RO and three proposed hybrid configurations were con-
sidered as shown in Fig. 1. These configurations were deter-
mined by considering the sequence of each system and the 
influent concentration. In the RO–MD hybrid system, seawa-
ter flows into the RO membrane as a feedwater preferentially 
and then the RO brine is used as the MD feed solution in 

order to achieve higher recovery of water. In the RO–PRO 
hybrid system, the brine from the RO process is used as a 
draw solution for the PRO process without additional pre-
treatment, and pretreated effluent from a wastewater treat-
ment plant is used as the feed solution for the PRO process to 
produce higher osmotic power and alleviate the disposal and 
environmental problems of waste RO brine. In the RO–MD–
PRO hybrid system, first the RO brine is used as the MD feed 
solution and then MD brine is used as a draw solution for 
the PRO process without additional pretreatment, and pre-
treated effluent from a wastewater treatment plant is used as 
the feed solution for the PRO process. 

2.2. RO model

The solution–diffusion model modified with the film 
theory model was applied to analyze the performance of RO 
process. For an RO process, the water flux (Jw) and solute flux 
(Js) equations can be defined as follows [17]: 

J A P Pw CF m
= − −( )

,
∆π loss � (1)

J B C Cs F m p= −( ), � (2)

where A is the water transport coefficient, B is the salt trans-
port coefficient, CF,m is the salt concentration on the mem-
brane surface, Cp is the salt concentration at the permeate 
side, ∆πCF m,  is the osmotic pressure, P is the feed pressure, and 
Ploss is the pressure drop in the module. 

P
k uL
H

f
loss =

12
2

µ � (3)

where kf is the friction coefficient for the channel wall and 
spacers, μ is the dynamic viscosity of feedwater, H is the 
feed channel height, L is the feed channel length, and u is the 
cross-flow velocity of the feedwater. 

The osmotic pressure is directly related to the concentra-
tion of each solution with the modified van’t Hoff formula:

π =
NRT
M

C
w

� (4)

where N is ionization number in the water, R is the ideal gas 
constant, T is the temperature, Mw is the molecular weight, 
and C is the salt concentration. 

CF,m is calculated according to the film theory to interpret 
the concentration polarization, and the solvent concentra-
tion profile on the surface can be calculated according to the 
following equation [17]: 

C C
C C

eF m p

F b p

J
k
w

,

,

−

−
= � (5)

where CF,b is the salt concentration in the feed bulk solution 
and k is the mass transfer coefficient for the back diffusion 
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a) RO system 

b) RO-MD hybrid process 

c) RO-PRO hybrid process 

d) RO-MD-PRO process 
Fig. 1. Schematic of (a) RO stand-alone system, (b) RO–MD, (c) RO–PRO, and (d) RO–MD–PRO hybrid systems.
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of the solute from the membrane to the bulk solution on the 
high-pressure side of the membrane [17] as follows: 

k ShD
dh

= � (6)

Sh Sc
d
L

Reh=








 ≤( )1 85 00

0 33

. Re
.

 21 � (7)

 
Sh Sc Re= >( )0 04 000 75 0 33. Re . .  21 � (8)

where D is the diffusion coefficient, dh is the hydraulic diam-
eter, Sh is the Sherwood number, Re is the Reynolds number, 
and Sc is the Schmidt number. 

2.3. MD model

MD process has four different configurations, includ-
ing direct contact MD, air gap MD, sweeping gas MD, and 
vacuum MD (VMD). Among them, the VMD configuration 
was selected in this study. In the VMD process, the driving 
force is maintained by applying a continuous vacuum at the 
permeate side below the equilibrium vapor pressure. The 
hot feed solution is brought into contact with one side of a 
hydrophobic micro-porous membrane. In the case of mass 
transport of water through the membrane, the water vapor 
flux, Jw is expressed as follows [9,18,19]:

J A P T C Pw B v m m= −[ ( , ) ]0 � (9)

where AB is the VMD coefficient of the membrane, Tm is the 
temperature on the membrane surface in the feed side, Cm is 
the concentration on the membrane surface in the feed side, 
Pv(Tm,Cm) is the water vapor pressure on the membrane sur-
face in the feed side, and P0 is the pressure in the vacuum 
side. 

The water vapor pressure on the membrane surface in 
the feed side may be related with the temperature and feed 
solution concentration. The vapor pressure, Pv(Tm,Cm) is 
expressed as follows [20]:
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Cm is calculated according to the film theory to interpret 
the concentration polarization, and the solvent concentration 
profile on the surface can be calculated according to the 
following equation [17]:

C
C

J
k

m

b

w=








exp � (11)

where Cb is the concentration in the feed bulk solution and 
k is the mass transfer coefficient for the back diffusion of the 
solute from the membrane to the bulk solution. The mass 
transfer coefficient, k can be calculated same as RO.

In a general MD process, the mass transfer may be 
explained, in principle based on, different possibilities: the 
Knudsen flow model, the viscous flow model, the molecu-
lar diffusion model, or a combination of them [9,19–23]. In a 
VMD configuration, the molecular diffusion model may not 
be an adequate representation of mass transfer in view of the 
low partial pressure of air inside the pores. Thus, the mass 
transport mechanisms through hydrophobic micro-porous 
membrane in VMD could either be a Knudsen flow model or 
viscous flow model or a combination of both [23]. The aver-
age pore diameter of the MD membrane is commonly smaller 
than the mean free path of water vapor. Hence, the Knudsen 
flow model is adopted by the majority of mass transport 
mechanisms in VMD configuration [23]. In the Knudsen flow 
model, AB is expressed as follows [23]:

A MD
RTB

kn
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δ � (12)
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where M is the water molecular mass, Dkn is the Knudsen dif-
fusion coefficient, R is the gas constant, δ is the membrane 
thickness, ε is the porosity, r is the pore size, and τ is the pore 
tortuosity. MD involves mass transfer of water vapor coupled 
with heat transfer across the membrane. Heat transfer across 
the membrane boundary layer in an MD system is a limiting 
step for mass transfer. This is because a large quantity of heat 
must be applied to the vapor–liquid interface to vaporize the 
liquid. In an MD system, heat transfer occurs through latent 
heat transfer that accompanies the vapor flux and conduction 
heat transfer across the membrane [9]. Consequently, there is 
a rather complex relationship between heat and mass trans-
fer. This problem is related and involved with the presence 
of an unstirred boundary layer that adjoins the membrane. 
This implies that the temperature at the membrane surface, 
Tm, is lower than the corresponding value at the well-stirred 
bulk phase, Tb. The phenomenon is called temperature polar-
ization and masks the real magnitude of the driving force 
[9]. In a VMD configuration, however, the conductive heat 
across the membrane is negligible due to the low pressure on 
the permeate side of the membrane [9]. Hence, the heat flux 
through the liquid boundary layer can be represented with 
the following equation [23]:

h T T J Hw m b w v( )− = ∆ � (14)

where ∆Hv is the latent heat of vaporization, hw is the heat 
transfer coefficient, Tb is the feed bulk temperature, and 
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Tm is the temperature in membrane surface. The heat transfer 
coefficient is calculated in similar way to the mass transfer 
coefficient [23].

h
K Nu
dhw
m= � (15)

Nu dh
L

Re= ⋅ ⋅








 ≤( )1 86 00

0 33

. Re Pr
.

 21 � (16)

Nu Re= >( )0 023 000 8 0 33. Re Pr. .  21 � (17)

2.4. PRO model

In the PRO process, the water and salt flux is limited by 
external concentration polarization (ECP) due to the stag-
nant layers caused by reduced mixing on the membrane 
surface and internal concentration polarization (ICP) due to 
resistance against salt transport in the porous support layer 
[13,14]. Therefore, water flux (Jw) and salt flux (Js) equations 
for PRO can be defined as follows [13,14]:

J A Pw D m F m= − −( )π π, , � (18)

J B C Cs D m F m= −( ), , � (19)

where πD,m and CD,m are the osmotic pressure and salt concen-
tration of draw water on the membrane surface, πF,m and CF,m 
are the osmotic pressure and salt concentration of feedwater 
in the membrane support layer. CD,m and CF,m are expressed as 
followings [13,14]:
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where K and k are the mass transfer resistance for ICP and 
mass transfer coefficient for ECP, respectively. 

Using CD,m and CF,m instate of CD,b and CF,b, the water flux 
(Jw) and salt flux (Js) equations can be modified as follows:
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where Ps is the pressure of draw water of PRO process. 
The power density W of the PRO membrane module was 

calculated using the product of Jw and Ps [21]:

PD J Pw s= � (24)

2.5. Cost model

In order to analyze the effects of major parameters such 
as seawater TDS, membrane cost, energy cost, interest rate, 
and steam cost for VMD heat source on RO, RO–MD, RO–
PRO, and RO–MD–PRO systems, a set of cost functions 
were used [24–29]. Based on these cost function, a theoretical 
model was developed to evaluate the economics of RO, MD, 
and RO–MD hybrid system.

•	 Intake: 

CC Q m dIT f[$] ( [ / ] / . ) .= ×598 0 93 0 78 � (25)

OC d P bar Q m d D kWh PLFIT IT f eng P IT[$ / ] . [ ] [ / ] / . [$ / ] / _= × ×0 028 0 93 η

� (26)

•	 Pretreatment:

CC Q m dfPre[$] . ( [ / ] / . ) .= × ×400 0 7 0 93 0 78
� (27)

OC d P Q m d Df PPre Pre eng Prebar kWh] P[$ / ] . [ ] [ / ] / . [$ / / _= × ×0 028 0 93 η LLF

� (28)

•	 High-pressure pump:

CC Q m d Pf fHP in bar[$] [ / ]( , , [ ]),= +3 393 000 10 710 � (29)

OC d P Q m d Df P PHP f,in eng Hbar kWh PLF[$ / ] . [ ] [ / ] [$ / ] / _= ×0 028 3 η

� (30)

•	 Booster pump:

CC Q m d Q m d P Pf p f fBP in obar[$] ( [ / ] [ / ])( , , ( [ ], ,= − + −3 3 393 000 10 710 uut ERDbar[ ] )η

� (31)

OC d
P P Q Q m d Df p

BP
f,in f,out ERD engbar

[$ / ]
( . ( )[ ] ( )[ / ] [$

=
− −0 028 3η // ])

_

kWh
PLF

BηP P

×

� (32)
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•	 Energy recovery device:

CC Q m d Q m d Pf p fERD in bar[$] ( [ / ] [ / ])( , . [ ]) /,= − +3 3 393 000 1 07 2

� (33)

•	 Vacuum pressure pump:

CC
Q m d

P
f

VP
VP mbar

[$]
[ / ]( , , ))

, [ ]
=

+3 393 000 10 710
12 000

� (34)

OC d
m

Q m d DpVP eng
kWh kWh PLF[$ / ] . [ / ] [$ / ]=








 ×1 0 3

3 � (35)

•	 Heat exchanger:

CC HXHX Area[$] = ×1000 � (36)

•	 Turbine:

CC Q m d Pf fTur out bar[$] ( [ / ]])( , . [ ]) /,= +3 393 000 1 07 5 � (37)

•	 Steam:

OC d CSteam SteamSteam kg/day kg[$ / ] ( [ ] [$ / ])= × � (38)

where CC and OC denote the capital cost and operating cost. 
P and η are pressure and efficiency. The subscripts, IT, Pre, 
HP, BP, ERD, VP, HX, and Tur denote the intake, pretreat-
ment, high-pressure pump, booster pump, energy recovery 
device, vacuum pressure pump, heat exchanger, and turbine. 
Qf and Qp is the feed and permeate flow rate, respectively. 
Deng is the unit electricity cost, Csteam is the unit steam price, 
and PLF is the plant load factor. Assuming that the capital 
cost of the membrane is linear to the membrane area, the 
annualized capital cost of the membrane is calculated by the 
following equation [26–28]:

CC C mMem Mem memArea[$] [$ / ]= 2 � (39)

where the subscript Mem denotes the membrane, AreaMem is 
the total membrane area, and Cmem is the unit membrane cost.

The total capital cost is composed of the direct capital cost 
and the indirect capital cost. The direct capital cost is the sum 
of the cost for plant equipment and the cost for site develop-
ment, which is set at 10% of equipment cost [17]. The indirect 
capital cost is set at 20% of the direct capital cost. The total 
and annual capital costs of hybrid process are expressed as 
follows [25–27].

•	 RO process:

CC CC CC CC CC CCIT HP BPEquipment Pre Mem[$] = + + + + � (40)

•	 RO–MD hybrid system:

CC CC CC CC CC CC CC CCIT HP BP VP HXEquipment Pre Mem[$] = + + + + + +

� (41)

•	 RO–PRO hybrid system:

CC CC CC CC CC CC CCIT HP BPEquipment Pre Mem TUR[$] = + + + + +

� (42)

•	 RO–MD–PRO hybrid system:

CC CC CC CC CC CC CC CC CCIT HP BP VP HXEquipment Pre Mem Tur[$] = + + + + + + +

� (43)

CC CCSite Equipment[$] .= × 0 2 � (44)

DCC CC CC[$] = +Equipment Site � (45)

ICC DCC[$] .= × 0 3 � (46)

TCC DCC ICC[$] = + � (47)

ACC TCC[$ / ] ( )
( )

y i i
i

n

n=
+

+ −
1

1 1
� (48)

The annual operating cost is composed of the annual 
power cost, annual membrane replacement cost, and other 
cost (labors, chemicals, and maintenance). The annual oper-
ating costs of hybrid processes are expressed as follows 
[25–27].

•	 RO system:

OC y OC OC OC OCIT HP BPPower Pre[$ / ] ( )= + + + × 365 � (49)

•	 RO–MD system:

OC y OC OC OC OC OC OCIT HP BP VPPower Pre Steam[$ / ] ( )= + + + + + × 365

� (50)

•	 RO–PRO system:

OC y OC OC OC OC OCIT HP BPPower Pre Tur[$ / ] ( )= + + + − × 365

� (51)

•	 RO–MD–PRO system:

OC y OC OC OC OC OC OC OCIT HP BP VPPower Pre Steam Tur[$ / ] ( )= + + + + + − × 365

� (52)

OC y CCMR Mem[$ / ] .= × 0 2 � (53)
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OC yetc AOC[$ / ] .= × 0 3 � (54)

AOC[$/y] OC OC OCpower MR etc= + + � (55)

where OCpower is the annual power cost; OCMR is the annual 
membrane replacement cost; and OCetc is the labor, chemical, 
and maintenance cost. Finally, the water cost is as follows:

WC m QP[$ / ] ( ) / ( )3 365= + × ×ACC AOC PLF � (56)

2.6. Simulation conditions

In order to investigate the effect of hybridization between 
RO and MD and/or PRO, the economical evaluations were 
performed for 100,000 m3/d hybrid desalination plant. The 
values of model parameters and operating conditions used 
in this study are listed in Table 1. Basically, the value of model 
parameters and operating conditions was set that hybrid 
processes have price competitiveness than RO process.

3. Results and discussion

3.1. Performance of the RO, RO–MD, RO–PRO, 
and RO–MD–PRO systems 

The performance of the RO, RO–MD, RO–PRO, and RO–
MD–PRO systems was simulated under the given conditions 
in Table 1 and the results were summarized in Table 2. In the 
RO plant, the flux was 12.0 LMH and the permeate concentra-
tion was 370 mg/L. The specific energy and water cost were 
3.32 kWh/m3 and 1.026 USD/m3, respectively. In this study, 
the electricity cost was set relatively high (0.2 USD/kWh), 
therefore, the water cost of RO plant system was estimated 
to be over 1.0 USD per unit volume. In the RO–MD hybrid 
plant, because the concentrated RO brine is used as the MD 
feed solution, the recovery of water increased from 40% to 
58% and the brine flow rate also decreased from 150,000 to 
72,400 m3/d. Nevertheless, the brine TDS increased from 
71,400 to 102,000 mg/L. In the RO–MD hybrid plant, the per-
meate TDS decreased from 370 to 255 mg/L due to high ion 
rejection by MD. The specific energy, thermal energy, and 
water cost were calculated to 2.80 kWh/m3, 1,208,000 kW 
and 0.861 USD/m3, respectively. With the same production 
capacity (100,000 m3/d) condition to RO plant, the water cost 
of RO–MD plant decreased down by approximately 16%, 
because the sum of the operating cost of RO plant is much 
higher than the sum of the operating cost of RO–MD hybrid 
plant due to low specific energy and steam cost. 

In the RO–PRO hybrid plant, the specific energy con-
sumption decreased from 3.32 to 2.68 kWh/m3. This is 
because the brine from the RO process is used as a draw 
solution for the PRO process and pretreated effluent from a 
wastewater treatment plant is used as the feed solution for 
the PRO process. In addition, the water cost was calculated 
to 1.017 USD/m3. In the RO–PRO hybrid plant, the operat-
ing cost decreased due to lower specific energy consumption 
but the capital cost increased due to the additional PRO pro-
cess. Although the brine flow rate increased from 150,000 to 

250,000 m3/d, the brine concentration was decreased from 
71,400 to 47,700 mg/L. Accordingly, it is expected that RO–
PRO hybrid plant can alleviate the disposal and environmen-
tal problems of waste RO brine. 

In the RO–MD–PRO hybrid plant, the recovery of water 
increased from 40% to 58% and the brine TDS also decreased 
from 71,400 to 58,000 m3/d compared with RO plant under 
similar brine flow rate. This is attributed to the fact that the 
RO brine is used as the MD feed solution and then MD brine 
is used as a draw solution for the PRO process. Accordingly, 
it is likely that the RO–MD–PRO hybrid plant is the most 

Table 1
Parameters and operating conditions for simulations

Parameter Value

RO Feed TDS 43,000 mg/L
Recovery 40%
Membrane area 40 m2

Module per vessel 7
Water permeability 2.2 × 10–12 m/s Pa
Salt permeability 2.0 × 10–8 m/s
Feed pressure 66.67 bar
Pump efficiency 75%
ERD efficiency 95

MD Feedwater RO brine
Recovery 30%
Membrane area 7.6 m2

Module per vessel 1
Pore size 0.1 µm
Porosity 80%
Tortuosity 2.5
Membrane thickness 200 µm
Module length 0.4 m
Salt permeability 2.0 × 10–8 m/s
Feed temperature 80°C
Vacuum pressure 0.1 bar
ERD efficiency 95

PRO Feedwater RO/RO–MD brine
Recovery 167.7%
Membrane area 20 m2

Module per vessel 2
Water permeability 7.0 × 10–12 m/s Pa
Salt permeability 1.2 × 10–8 m/s
ICP resistance 4.5 × 105 s/m

Cost Electricity bill 0.2 $/kWh
Steam cost 0.15 $/ton
Membrane cost 20 $/m2

Plant load factor 0.91
Interest rate 3%
Plant life 20 years
Plant load factor 0.91
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effective to reduce environmental impacts of brine and water 
cost. The energy consumption was also reduced from 3.32 to 
2.47 kWh/m3 due to higher power density for PRO. 

Fig. 2 shows the simulation results on the effect of feed 
TDS on the operation cost for the four desalination plants 
including RO, RO–MD, RO–PRO and RO–MD–PRO. The 
capacity was set to 100,000 m3/d and the seawater TDS was 
adjusted from 35,000 to 44,000 mg/L. In this calculation, the 
parameters and operating condition except for seawater 
TDS are the same as those shown in Table 1. The change in 
seawater TDS affected the capital cost as changing cost of 
high-pressure pump, booster pump, and energy recovery 
device and operating cost as changing energy consumption. 
The simulation results showed that the water cost of RO, RO–
MD, RO–PRO, and RO–PRO–MD plants ranged from 0.944 
to 1.037 USD/m3, from 0.800 to 0.860 USD/m3, from 0.9617 
to 1.025 USD/m3 and from 0.830 to 0.865 USD/m3 with the 
changes in the feed TDS, respectively. 

The water cost of all plants increased with increasing 
seawater concentration because of an increase in energy 
consumption by the high-pressure pump to produce the 
same water flux in RO process. The water cost of RO plant 
is greatly influenced by the feed TDS because the electric-
ity energy consumption of RO plant was the highest. On 
the other hand, the rates of water cost increase for RO–PRO 
and RO–MD–PRO plant were lower because the power den-
sity of PRO process also increased. This means that the feed 
TDS increased the energy consumption of RO process and 
the energy production of PRO process. In this calculation, 
the water cost of RO–MD and RO–MD–PRO hybrid plant 
were lower than RO plant under all feed TDS conditions and 
the difference in water cost between RO and two RO hybrid 
plant was getting larger as the feed TDS was increased. But 
the water cost of RO–PRO plant was higher than RO plant in 

the low TDS conditions, therefore, the feed TDS under these 
simulation conditions should exceed 40,000 mg/L to make 
the RO–PRO hybrid plant more price competitive than the 
RO plant.

Fig. 3 shows the simulation results for a 100,000 m3/d of 
RO, RO–MD, RO–PRO, and RO–MD–PRO plant according to 
a change in electricity cost from 0.05 to 0.5 USD/kWh. In this 
calculation, the parameters and operating condition except for 
electricity cost are the same as those shown in Table 1. The 

Table 2
Simulation results of 100,000 m3/d RO and RO hybrid plant

Parameter RO RO–MD RO–PRO RO–MD–PRO

Permeate (m3/d) 100,000 100,000 100,000 100,000
Recovery (%) 40 58 40 58

Flux (LMH) 12 RO: 12
MD: 10

RO: 12
PRO: 14

RO: 12
MD: 10
PRO: 14

Power density (W/m2) – – 10.2 15.5

Permeate TDS (mg/L) 370 255 370 255

Brine (m3/d) 150,000 72,400 250,000 172,500

Feed TDS (mg/L) 43,000 43,000 43,000 43,000

Brine TDS (mg/L) 71,400 102,000 47,700 58,900

Specific energy (kWh/m3) 3.32 2.80 2.68 2.47

Thermal energy (kW) 0 1,208,000 0 1,208,000

Annual capital cost ($/year) 5,000,200 5,300,210 7,556,800 6,410,700

Annual operating cost ($/year) 32,456,600 26,120,600 29,589,200 25,008,900

Water cost ($/m3) 1.026 0.861 1.017 0.861

Fig. 2. The water cost estimation results according to a variation 
in seawater concentration.
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change in electricity cost affected only the operating cost as 
changing energy cost. The simulation results showed that the 
water cost of RO, RO–MD, RO–PRO, and RO–PRO–MD plant 
ranges from 0.559 to 1.961 USD/m3, from 0.460 to 1.663 USD/m3, 
from 0.659 to 1.736 USD/m3, and from 0.545 to 1.493 USD/m3 
with the changes in the electricity cost, respectively. 

As expected, the water cost of all plants was sensitive to 
the electricity cost. The water cost of RO plant was greatly 
influenced by the electricity cost because the energy con-
sumption of RO plant was the highest, as shown in Table 2. In 
this calculation, since the steam cost was set to low, the water 
cost of RO–MD and RO–MD–PRO plant was lower than 
RO plant in all cases and the rate of water cost increase of 
RO–MD and RO–MD–PRO plant was lower than RO plant. 
To make the RO–PRO and RO-MD-PRO hybrid plant more 
price competitive than the RO plant, electricity cost under 
these simulation conditions should exceed 0.2 USD/kWh.

The simulation results for a 100,000 m3/d RO, RO–MD, 
RO–PRO, and RO–MD–PRO plant according to a change in 
membrane cost from 10 to 50 USD/m2 are shown Fig. 4. In this 
calculation, the parameters and operating condition except 
for membrane cost are the same as those shown in Table 1. 
The membrane cost was equally applied to RO, MD, and 
PRO membrane. The change in membrane cost affected the 
capital cost as changing total membrane cost, and operating 
cost as changing membrane replacement cost. The simulation 
results showed that the water cost of RO, RO–MD, RO–PRO, 
and RO–PRO–MD plant ranges from 1.000 to 1.105 USD/m3, 
from 0.833 to 0.944 USD/m3, from 0.946 to 1.233 USD/m3, and 
from 0.817 to 0.991 USD/m3 with the changes in the mem-
brane cost, respectively. The change in membrane cost has 
the least effect on the RO plant but has the greatest effect 
on the RO–PRO plant because the total membrane area of 
RO plant was the smallest and the total membrane area of 
RO–PRO plant was the largest. To make the RO–PRO hybrid 
plant more price competitive than the RO plant, membrane 

cost under these simulation conditions should not exceed 
0.22 USD/m2.

In Fig. 5, the simulation results for a 100,000 m3/d RO and 
hybrid plant according to a change in interest rate from 1% 
to 10% are presented. In this calculation, the parameters and 
operating condition except for interest rate are the same as 
those shown in Table 1. The change in interest rate affected 
only the capital cost as changing annual capital cost. The 
simulation results showed that the water cost of RO, RO–
MD, RO–PRO, and RO–PRO–MD plant ranges from 1.000 

Fig. 3. The water cost estimation results according to a variation 
in electricity cost.

Fig. 4. The water cost estimation results according to a variation 
in membrane cost.

Fig. 5. The water cost estimation results according to a variation 
in interest rate.



Y. Choi et al. / Desalination and Water Treatment 77 (2017) 19–2928

to 1.15 USD/m3, from 0.833 to 0.994 USD/m3, from 0.975 to 
1.201 USD/m3, and from 0.824 to 1.021 USD/m3 with the 
changes in the interest rate, respectively. The change in inter-
est ratio has the greatest effect on the RO–PRO plant because 
the capital cost ratio to water cost is the highest. 

Fig. 6 shows the simulation results for a 100,000 m3/d RO 
and hybrid plants according to a change in steam cost for 
MD heat source from 0 to 10 USD/ton. In this calculation, the 
parameters and operating condition except for steam cost are 
the same as those shown in Table 1. The change in steam cost 
affected only the operating cost of MD process as changing 
power cost. In the MD process, the total power cost was the 
sum of the total electricity cost and total thermal energy cost. 

The simulation results showed that the water cost of 
RO–MD and RO–PRO–MD plant ranges from 0.822 to 
3.408 USD/m3, from 0.822 to 3.408 USD/m3 with the changes 
in the steam cost, respectively. The water cost of RO and 
RO–PRO plant was 1.026 and 1.017 USD/m3, respectively. 
The simulation result shows that in hybrid process contain-
ing MD, the steam cost is most important cost parameter. 
The steam cost ratio to water cost is very high; the water 
cost of RO–MD and RO–MD–PRO was almost same accord-
ing to the variation of steam cost. To make the RO–MD and 
RO–MD–PRO hybrid plant more price competitive than 
the RO plant, steam cost under these simulation conditions 
should not exceed 0.15 USD/kWh. This means that the hybrid 
desalination plant containing MD system should use free 
waste heat to gain price competitive advantage.

4. Conclusions

In this study, the performance and economic evalua-
tion of RO–MD, RO–PRO, and RO–MD–PRO hybrid pro-
cesses were carried out to identify key factors affecting their 
cost-effectiveness. The following conclusions can be drawn 
from this work: 

•	 The RO–MD–PRO hybrid plant can give the most effec-
tive result since it allows the lowest water cost as well as 
the environmental impact by the brine. The other hybrid 
systems are also better than the RO stand-alone system in 
terms of water cost and brine problem. 

•	 The electricity cost plays a dominant role in determining 
economic feasibility of the hybrid plants. At high electric-
ity cost, the hybrid plants gain a competitive advantage 
over the RO stand-alone system. The water costs of RO–
MD and RO–MD–PRO hybrid systems were sensitive to 
the steam cost for MD heating source. 

•	 The feed TDS, membrane cost, and interest rate are also 
crucial factors in determining economic feasibility of 
hybrid systems.
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