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a b s t r a c t
Membrane distillation (MD) is a process to desalinate sea water. Pilot plants are operated aiming 
at increasing the modules’ efficiency for large-scale applications. In air-gap membrane distillation 
(AGMD) the state-of-the-art modeling of mass and heat transfer is one-dimensional, combining  
evaporation and diffusion through the membrane and the condenser channel in one correlation. 
In this work, a numerical model is developed which computes AGMD modules in three dimen-
sions. For evaporation and condensation, energy conservation equations at the interfaces are solved. 
Simulation results are compared to experimental data and a good agreement is found. The model 
is then employed to compare numerically two air-gap MD module configurations and evaluate 
their performance at different feed inlet temperatures, velocities and air-gap thicknesses. In the 
upside configuration, the hot feed flows above the membrane, while in the downside configura-
tion it flows below the air-gap and membrane. In the latter, the feed solution is not in contact with 
the membrane but separated by the air-gap which is expected to improve the fouling resistance of 
the membrane. The three-dimensional computational fluid dynamic computation allows the visu-
alization of the velocity profile in the air-gap due to buoyancy in the downside configuration.

Keywords:  Numerical modeling; Heat and mass transfer; Temperature polarization; Seawater 
desalination; Computational fluid dynamic; Natural convection

1. Introduction

Fresh water supply is a problem in large parts of the 
world. According to World Health Organization (WHO), 
3.5 million fatalities occur each year due to a lack of fresh 
drinking water while the trend is rising due to population 
growth [1]. Membrane distillation (MD) is considered a 
promising desalination technique that requires low-grade 
heat to thermally separate potable water from the sea or 
brackish water [2]. Other advantages include a large insen-
sitivity to feed concentration, a high quality of produced 
fresh water and a higher fouling resistance than other com-
parable desalination techniques [3]. Despite its advantages, 

MD lacks the energy efficiency and the economical perfor-
mance to be competitive in commercial applications [4]. 
Membrane distillation uses renewable energy or waste heat 
to desalinate feed water by generating a temperature gra-
dient between hot salt water and colder fresh water, which 
are separated by a membrane. The membrane is filled 
with air and is hydrophobic but permeable to water vapor. 
Thereby, the temperature gradient leads to a gradient in 
partial vapor pressure across the membrane. It drives the 
evaporation of water at the liquid–vapor interface on the 
membrane top at temperatures below the boiling point. 
Salt is not soluble in water vapor and is therefore retained 
in liquid water. Desalinated water is mostly produced by 
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condensing the water vapor either directly into a fresh 
water stream (direct contact membrane distillation) or 
into a cooled, air-filled condenser compartment forming a 
liquid film at the bottom (air-gap membrane distillation). 
Other configurations are realized as well. Direct contact 
membrane distillation (DCMD) is the most studied config-
uration [5], while air-gap membrane distillation (AGMD) 
is the configuration applied in most pilot plants [4]. In 
DCMD a significant amount of heat is lost via conduction 
through the membrane which is not used to evaporate 
water vapor as desired. The insulating air-gap in AGMD 
reduces the conductive heat flow in the module while intro-
ducing an additional mass resistance to the vapor flux. Still, 
performance is improved if the air-gap is kept small [6]. 
A phenomenon observed in all configurations is tempera-
ture and concentration polarization. A strong temperature 
and concentration gradient are observed in the boundary 
layer of the feed stream at the membrane [7]. It is assumed 
to be the limiting factor for transport efficiency [8].

One-dimensional heat and mass transfer models were 
developed for DCMD computing the membrane flux and 
heat transfer through the membrane from the bulk flow 
parameters under consideration of temperature polariza-
tion [9]. For AGMD, the mass transfer through membrane 
and air-gap is combined in a one-dimensional equation 
[10,11]. Summers et al. [12] extended these models to two 
dimensions in the hot feed and air-gap channel to compare 
different MD configurations with respect to their energy 
efficiency. The authors concluded that AGMD and DCMD 
have the potential for high energy efficiency in compari-
son to vacuum MD and that in AGMD the air-gap thickness 
has the highest impact on energy efficiency. Alklaibi and 
Lior [13] developed a very detailed model for an AGMD 
hollow fiber module. The temperature profile in the hot 
water channel, air-gap, liquid film, cooling plate and cool-
ant channel is solved in two dimensions. The liquid film 
thickness is calculated assuming the condensation mass 
flux equal to the vapor flux through the membrane which 
is calculated using the molecular diffusion model. Thereby, 
mass diffusion in the air-gap is still one-directional neglect-
ing multi-dimensional influences on the vapor mass flow 
which are otherwise solved for in the conservation equa-
tions. The radial temperature profile and boundary layer at 
different axial locations are shown indicating temperature 
variations in the axial direction. The authors identify the 
air-gap thickness and hot feed inlet temperature as very 
influential for permeate flux and energy efficiency while 
cooling channel and feed velocity are less influential. They 
also confirm the insulating effect of the air-gap and evalu-
ate the heat resistance of the liquid film and bottom plate 
negligible. Chouikh et al. [14] computed natural convection 
in the air-gap in two dimensions solving steady-state ellip-
tic transport equations. They found that natural convection 
was occurring and enhancing the vapor flux through the 
membrane (up to 30%), however, a constant hot feed and 
coolant temperature was applied as boundary condition 
not taking into account axial temperature profiles as shown 
by Summers et al. [12] and Alklaibi and Lior [13]. Xu et al. 
[15] study the feed channel in AGMD in two dimensions 
using the commercial software FLUENT. They show that 
an increasing Reynolds number in the feed flow increases 

also permeate flux and reduces temperature polarization. 
Similarly, Orfi et al. [16] present an AGMD model which 
computes the feed channel in two dimensions accounting 
for slip flow. The model is in good agreement with experi-
mental data and the slip flow was found beneficial for pro-
cess parameters like heat transfer and thermal efficiency. 
In both studies, the air-gap is computed using one-dimen-
sional correlations. Janajreh et al. [17] presented the axial 
profiles of temperature, temperature polarization, perme-
ate mass flux and thermal efficiency in different DCMD 
configurations. In their study, the Navier–Stokes and 
energy equations are solved in two dimensions using com-
mercial software FLUENT assuming Knudsen diffusion 
and Poiseuille flow through the membrane as in Schofield’s 
model [18]. In a different study, they extend the model to 
AGMD and also compute the temperature and velocity pro-
files in the air-gap, however, the permeate flux is calculated 
as the flux through the membrane assuming saturated air 
conditions on both sides of the membrane [19]. Thereby, 
condensation processes are not modeled and influences on 
mass transfer in the air-gap on the vapor flux are neglected. 
The authors conclude that temperature polarization is 
reduced in AGMD compared to DCMD as is the thermal 
efficiency and the permeate flux. In AGMD modeling, evap-
oration and condensation modeling as well as detailed heat 
and mass transfer in the air-gap has seen little attention 
so far, even though natural convection has been shown.

The three-dimensional analyses of processes in mem-
brane distillation are relatively few but gaining interest 
[20–22]. In Tang et al. [23], authors used computational 
fluid dynamic (CFD) to simulate membrane distillation 
of aqueous NaCl solutions in two-dimensional domains 
using commercial software FLUENT and the results they 
obtained are consistent with experimental findings. Still 
assuming two-dimensional geometry, authors in Yang et 
al. [24] analyzed the effect of turbulence promoters in hol-
low fiber membrane distillation and have found that the 
efficiency of the process can be increased more than 50% 
if operated in a turbulent flow regime, whereas heat flux 
can increase six times. A three-dimensional analysis of 
membrane module in DCMD is described in Chong et al. 
[25]. The authors focused on the performance of various 
multiphase models to predict processes in the membrane 
and conclude that CFD can lead to a huge saving in the 
time needed to design DCMD modules. A CFD study of 
vacuum membrane distillation for water desalination is 
reported in Hayer et al. [26]. The authors used the com-
mercial package COMSOL and find out that the maxi-
mum error obtained from their numerical model is 15%. 
Another work reporting CFD analysis of DCMD is given 
in Hasanizadeh et al. [27]. To improve the accuracy of their 
simulations, authors use a composition of Poiseuille and 
Knudsen diffusion coefficient. Satisfactory agreement is 
reported on the comparison of CFD results against exper-
iments (average error less than 5%). The work in Chang 
et al. [28] shows results of three-dimensional CFD simula-
tion of the direct contact DCMD modules with and with-
out rough surface channels for desalination. The authors 
report close agreement with experimental findings (less 
than 10% error) for cases in which one-dimensional cor-
relations fail. A work that reports usage of CFD analysis 
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with commercial software Star-CCM+ on performance 
assessment of permeate gap MD is given in Yazgan-Birgi 
et al. [29]. The authors relied on a realizable k−ε turbulence 
model and report close agreement with the experiment. 
These studies show the interest and need for multi-dimen-
sional analyses in different MD configurations.

Warsinger et al. [30] assessed the impact of the inclination 
angle on the AGMD module’s energy efficiency and perme-
ate output. Experimentally and numerically, their module 
was tilted up to 90° from the vertical position in both direc-
tions normal to the membrane. They reported an increase 
in membrane flux in the experiments for both horizontal 
configurations which they explain with flooding of the air-
gap in one case and permeate falling back from the conden-
sation plate onto the membrane in the other. Numerically, 
the membrane mass flux is also predicted to increase from 
vertical to horizontal configuration. The change in orienta-
tion is considered in the calculation of the condensate film 
thickness which is increased when orienting the module 
horizontally in either direction. The computation is there-
fore invariant to the direction of the temperature gradient 
across the module and gravitational effects are not included.

Tan et al. [31] studied the influence of the orientation 
of DCMD on the permeate flux. They concluded that for 
desalination the hot water channel below the membrane 
performed best whereas for the treatment of oily feeds the 
exact opposite configuration is preferred. The findings are 
mainly based on their experiments as their simulations are 
performed isothermally.

In this work, a three-dimensional model for flat-sheet 
AGMD is presented which allows studying three-dimen-
sional heat and mass transfer processes not only in the feed 
channel but also in the air-gap. Special emphasis is put on 
the heat and mass transfer modeling of the evaporation 
and condensation processes, which received little attention 
in other studies. At the liquid–vapor interfaces, conjugate 
heat transfer models are applied satisfying the energy con-
servation to determine interface temperatures. They allow 
for the independent calculation of the vapor flux evapo-
rating from the hot feed into the membrane and condens-
ing vapor flux at the liquid film. The model is compared 
to experimental data published by Banat [32] which have 
been previously used for numerical validation [13].

The model is used to investigate the influence of mod-
ule orientation on energy efficiency and performance. 

Therefore, two horizontal AGMD module designs are ana-
lyzed in which the hot feed water flows above the mem-
brane in the first and below the membrane in the other. In 
the later orientation, convection phenomena due to buoy-
ancy effects and their impact on the heat and mass transfer 
are investigated. Different operation conditions and air-gap 
thicknesses are compared numerically.

2. Numerical model

The model computes the hot feed channel, air-gap, 
liquid film and cooling channel in three dimensions. 
Thereby, the conjugate heat transfer model is employed. 
In between, the evaporation interface, membrane, con-
densation interface and cooling plate are considered with 
one-dimensional heat and mass transfer correlations 
applied to individual computational cells. A graphical rep-
resentation of the modeled AGMD module and relevant 
temperature locations can be found in Fig. 1. In the follow-
ing, the equations, assumptions and boundary conditions  
are presented.

2.1. Hot feed channel

The Navier–Stokes (NS) and energy conservation equa-
tion are solved in three dimensions [Eqs. (1)–(3)]. Eq. (2) 
displays the pressure correction equation which is needed 
to satisfy mass conservation. Gravity is considered in the 
force term F. Additionally, a concentration conservation 
equation is solved for the salt concentration as [Eq. (4)].
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Fig. 1. (a) Domains included in the model (not to scale); heat and mass transfer through the membrane and heat transfer through 
the steel plate are calculated in one-dimensional, the other domains in three-dimensional and (b) relevant temperature locations 
and their naming convention.
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where u denotes velocity, ρ density, µ dynamic viscosity, 
P pressure, P′ pressure correction, T temperature, λ ther-
mal conductivity, cP heat capacity and Ds ,H O2

 is the diffusion 
coefficient of salt in water.

The temperature at the inlet is assumed to be constant 
and uniform. The walls are modeled as adiabatic. For the 
temperature on the boundary to the membrane, the inter-
face saturation temperature Tint,evap is applied which is cal-
culated from the energy jump condition as described in 
Section 2.2.

At the membrane side, a velocity component normal to 
the membrane is computed as v mD�  / �H O2

 from the mem-
brane vapor flux and the density of the feed water.

2.2. Evaporation interface and membrane

2.2.1. Energy conversation at the interface

The energy conversation at the interface is developed 
for the modeling of multiphase flows and combines the 
heat and mass transfer including the latent heat across a 
liquid–vapor interface. It dictates that all heat fluxes trans-
ferred from the liquid to the interface must leave the inter-
face either by conduction to the vapor phase or evaporation 
as the interface has no thermal inertia. This is illustrated 
in Fig. 2 and translates into Eq. (5) where the simplified 
temperature naming of Fig. 2 is applied.

  q q m hl g d� �� � �int int evap  (5)

Fourier’s law is used to determine the heat flux from 
the liquid phase to the interface ql→int and from the inter-
face to the gaseous phase q gint→  [Eq. (6)].

q
d
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�
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Combining Eqs. (5) and (6) and applying it on the 
AGMD module, an equation is obtained which relates the 
interface temperature Tint,evap and the evaporation mass flux 
at given hot salt water and air-gap temperature [Eq. (7)]. 
The distance from the point where the hot channel tem-
perature Thot is defined to the interface is only half the cell 
height dhot/2 and therefore the factor 2 needs to be included. 
The same holds true on the airside. ε denotes the porosity 
of the membrane.
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The thermal conductivity of the membrane λmem is calcu-
lated as:

� � �mem air PVDF�� � ��� �1  (8)

2.2.2. Membrane flux

The membrane flux is calculated applying the Dusty–
Gas model. The Knudsen number is in the order of unity 
for the pore diameter and temperature considered and 
therefore Knudsen and molecular diffusion are considered. 
Viscous flow can be neglected as the total pressure differ-
ence across the membrane is negligible. Membrane flux is 
calculated according to Eq. (9):
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where τ as tortuosity, r pore radius, Mv molar mass of 
vapor, p partial vapor pressure, pair partial pressure of air, 
P as pressure and Dv,air as diffusion coefficient of vapor in 
the air.

The partial pressure gradient across the membrane is 
considered between the evaporation interface and the bot-
tom of the membrane where the vapor content is assumed 
to be equal to the one in the adjacent air cell.

From the ideal gas law and the definition of av as the mass 
fraction of vapor to vapor and air mixture, an expression 
for the vapor pressure in function of vapor content can be 
derived [Eq. (10)].
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At the interface, the air is assumed to be saturated 
and the partial vapor pressure p is therefore determined 
by the Antoine equation from the interface temperature 
Tint [Eq. (11)]. The coefficients are taken from Bridgeman 
and Aldrich [33] for the corresponding temperature range 
[Eq. (11)]. The pressure is in the bar and the temperature in 
K. Raoult’s law is applied to account for the boiling point 
elevation due to the presence of salt [Eq. (12)] where cs 
is the mole fraction of salt.

log
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 (11)
Fig. 2. Illustration of heat fluxes and temperatures at the 
interface; as there is no thermal inertia in the interface, all heat 
fluxes must balance out.
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p p cssat sat� �� �0 1  (12)

By applying the Antoine equation, the membrane flux 
becomes a function of Tint,evap which is not determined at 
this point. However, both the evaporation interface and the 
membrane are assumed to have no inertia due to their lim-
ited thickness. Thereby, all mass evaporating at the inter-
face must also pass through the membrane to satisfy mass 
conservation. The evaporation and the membrane mass flux 
are therefore equal (  m mevap mem= ). Therefore, Eqs. (7) and (9) 
can be combined to derive an implicit expression for Tint,evap.

The temperature in the membrane Tmem and at the bot-
tom of the membrane Tmem,bottom are then derived using 
the thermal resistances in a series approach (they are 
needed for Eq. (9) and the boundary conditions). The par-
tial air pressure and the total pressure in the membrane 
are calculated as the arithmetic mean value between the 
interface and the air-gap.

2.3. Air-gap

The NS equations [Eqs. (1)–(3)] are solved for the air- 
vapor mixture in the air-gap. The temperature boundary 
condition on the membrane side Tmem,bottom is calculated 
between the air-gap temperature Tair and the interface 
temperature Tint,evap according to the thermal resistances 
in series. In contact with the liquid film, the interface sat-
uration temperature Tint,cond is applied as boundary condi-
tion as calculated in 2.4.

To account for the vapor, a concentration conservation 
equation is used to calculate the water content av [Eq. (13)].
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Dv,air refers to the diffusion coefficient of water vapor in 
the air. The vapor mass flux through the membrane mmem 
and the condensation mass flux at the liquid film mcond are 
included in the source term J. The thermodynamic prop-
erties of the air vapor mixture are approximated by con-
stant air properties at the mean temperature between hot 
saltwater inlet temperature and coolant inlet temperature. 
Only the density is a function of temperature to account 
for buoyancy effects.

2.4. Condensation interface

The condensation mass flux can be obtained from the 
energy conservation equation at the interface [Eq. (14)].
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Still, the interface temperature Tint,cond is to be deter-
mined. For condensation to occur, Tint,cond is assumed to be 
the temperature at which the air in contact with the inter-
face is saturated. Therefore, the vapor pressure in the adja-
cent air cells is calculated from the vapor content [Eq. (10)] 
and the inverted Antoine equation is used to determine 
Tint,cond [Eq. (11)].

2.5. Liquid film

The film thickness is kept constant throughout the 
calculation assuming that the condensation rate equals 
the condensate discharge from the module. A three- 
dimensional temperature profile is calculated according 
to Eq. (3). The boundary temperature on the air side is set 
to the interface temperature Tint,cond. On the side of the steel 
plate, the thermal resistance in a series approach between 
Tfilm and Tcool leads to the temperature boundary condition.

2.6. Coolant channel

In the coolant channel, Eqs. (1)–(3) are solved. Similar 
to the hot water channel, the temperature at the inlet is 
assumed to be constant and uniform. The walls are mod-
eled as adiabatic.

3. Implementation

The model is implemented in Python and the finite 
volume method is used for solving the three-dimen-
sional equations. The first-order backward Euler scheme 
is applied for temporal discretization, whereas central dif-
ferencing is used for spatial discretization. Only for the 
discretization of the advection terms, combined central 
differencing and upwind schemes are used depending on 
the velocity gradient across the computational cell accord-
ing to the flux limiter function SUPERBEE [34].

3.1. Validation

For validation1, a rectangular membrane area of 
0.16 × 0.1 m2 in the x and z direction is investigated according 
to the experiments performed by Banat [32]. In y-direction, 
the height of the hot feed and coolant channel is 1.5 × 10–3 m, 
of the air-gap 3.5 × 10–3 m and of the liquid film 0.5 × 10–3 m. 
In the hot feed and coolant channel, the computational 
domain consists of 92k cells, 215k in the air-gap domain and 
31k in the liquid film. A grid sensitivity study has been per-
formed concluding that a refined grid does not significantly 
change the results. Information about the mesh dimensions 
can be found in the appendix in Table A2. Gravity acts in the 
negative x-direction. The mean hot water and coolant inlet 
velocity is 0.6 m/s and a velocity profile is assumed which 
is parabolic in height and constant throughout the depth of 
the module. The coolant inlet temperature is 20°C. For the 
membrane, literature values for polyvinylidene fluoride 
(PVDF) are used for the thermodynamic properties. The 
membrane thickness is 110 µm, the pore diameter is 0.45 µm 
and the porosity is 75% [32]. The tortuosity is set to 1.5.

3.2. Orientation study

To study the influence on orientation, the layouts illus-
trated in Fig. 3 are modeled. The upside configuration 
equals the standard AGMD layout with the hot feed water 
flowing above the membrane (Fig. 3a). The results from the 

1The source code can be found at https://github.com/kjcramer/pyns/
tree/validation_study
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validation study (Section 4.1) revealed that the temperature 
profile in the coolant channel has a minor impact on the 
MD process. Therefore, the coolant channel and the con-
densation surface separating the liquid film are excluded 
and instead, a constant temperature is assumed on the 
boundary of the liquid film and condensation surface.

In the downside configuration, the hot water channel 
and the air-gap are located below the membrane and the 
liquid film above the membrane (Fig. 3b). In this setup, 
the inverted temperature gradient is opposing gravity cre-
ating buoyancy which is expected to influence the heat 
and mass transfer in the module. Another feature of this 
setup is the air-gap separating feed stream and membrane. 
This reduces the contact of the membrane with contami-
nants and salt in the feed water, possibly reducing scaling 
and fouling which is a principal challenge in long-term  
operation [35].

In the hot water channel, a parallel velocity inlet profile 
is assumed. The investigated inlet velocities are 0.025, 0.05 
and 0.1 m/s leading to volume fluxes of 1.05, 2.1 and 4.2 l/
min. Inlet temperatures of 60°C, 70°C and 80°C are investi-
gated. The Reynolds numbers are below 2,500 in all cases. 
The channel dimensions are 0.07 m × 0.07 m × 0.01 m adapt-
ing to ongoing experiments. Merck Millipore FGLP14250 is 
assumed as the membrane for the computations. Therefore, 
literature values for the thermal conductivity of polytet-
rafluoroethylene are used [36]. The membrane thickness 
is 65 µm, the porosity 85%, the pore diameter 0.2 µm and 
the tortuosity is 1.5. Membrane support grids that are used 
to ensure a constant air-gap thickness are not specifically 
modeled and their influence on the heat and mass trans-
fer is assumed to be negligible. This assumption has been 
previously made in the CFD modeling of permeate gap 
membrane distillation [37] and also AGMD [19]. The air-
gap thicknesses investigated in this study are 0.5 × 10−3, 
2 × 10−3 and 8 × 10−3 m. The liquid film is in upside config-
uration 0.5 × 10−3 m thick, in downside 1 × 10−3 m. The steel 
plate temperature is 15°C. In the downside configuration, 
no momentum exchange or shear is considered between 
feed water and air-gap2.

For the computation, a Cartesian grid is chosen with 
150k cells in the feed channel, 10k cells in liquid film in 
upside configuration, 20k cells in liquid film in downside 
configuration, 19k cells for smallest air-gap, 38k in medium 
air-gap and 150k cells in the largest air-gap. In comparison 

2https://github.com/kjcramer/pyns/tree/configuration_study

to a coarser grid, the permeate output and recovery ratio 
(RR) changed around 1% while the change in gained output 
ratio (GOR) was 4%. Therefore, the finer mesh was chosen 
for the computation. Information about the applied mesh 
can be found in the appendix in Table A3. As the depen-
dency on the operational parameter of permeate output, 
RR and GOR were identical for both tested meshes, no 
further refinement was investigated.

3.3. Performance indicators

The RR relates the permeate mass flow mpermeate which 
is condensing into the liquid film, to the feed mass flow 
min . The RR is calculated as:

RR permeate

in

permeate

in in

� �




m
m

m
u A�

 (15)

where uin is the feed inlet velocity and Ain the feed inlet area.
The GOR is a measure for the energy economization 

of the module indicating the heat used for evaporation of 
vapor as a fraction of the total heat input into the module Qin.

GOR permeate

in

permeate

in in in out

=
⋅
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m h
Q

m h
u A c T T

d d

Pρ
 (16)

where hd is the latent heat of vaporization, cP the heat ca-
pacity and (Tin − Tout) the temperature difference in the 
feed channel between inlet and outflow averaged over the 
outflow area.

4. Results

4.1. Validation results

In Fig. 4 the permeate flux measured in the experiments 
by Banat [32] is compared to the condensation mass flux 
mcond computed by the model. The permeate flux is increas-

ing with increasing hot water inlet temperatures in both 
data sets and a good agreement can be found.

The validation process in this study follows the val-
idation process by Alklaibi and Lior [13]. Interestingly, 

Fig. 3. Illustration of the computed layouts and the coordinate systems; not to scale: (a) upside configuration and (b) downside con-
figuration.
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also their modeling results in a slightly higher mass flux 
at 50°C and 60°C while it shows a slightly lower mass flux 
at 40°C and 70°C comparing with the experimental values 
by Banat [32]. Validation data in tabular form can be found 
in Table A1.

In Fig. 5, the temperature profile is shown perpendic-
ular to the membrane at different locations in the hot feed 
stream for the 70°C hot inlet temperature case. Variations 
are visible along the feed stream direction (x-direction). 
While close to the hot feed water inlet, a uniform tempera-
ture distribution can be seen in the hot salt water, a larger 
gradient becomes visible further downstream. This behavior 

can also be seen in the coolant channel in opposite direc-
tion and has been previously reported in the literature [13]. 
In the liquid film, however, the variation in temperature  
is reduced.

The temperature profile in the air-gap follows a concave 
slope at x = 0 m, a straight line in the middle and a convex 
slope on the hot water outlet side. These deviations from 
the straight profile are caused by natural convection occur-
ring in the air-gap due to density differences and gravity. 
Natural convection in the air-gap has been reported previ-
ously by Chouikh et al. [14].

This temperature distribution leads to a profile of evap-
oration mmem and condensation fluxes mcond in x-direction as 
shown in Fig. 6. The membrane mass flux is increased at the 
hot feed water inlet due to the higher temperature gradient 
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Fig. 5. The temperature profile in y-direction perpendicular to the membrane for 70°C hot inlet temperature (a) close to the hot water 
inlet (x = 0 m), (b) in the mid-X location (x = 0.8 m) and (c) close to the hot water channel outlet and the coolant inlet (x = 0.16 m); the 
dashed lines display a straight line between the temperatures at the membrane and at the condensation interface; deviations of the 
actual temperature profile (solid line) are due to natural convection.
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across the membrane. Additionally, evaporation is favored 
by the natural convection loop counteracting sensible heat 
losses on this side. The opposite is occurring on the side of 
the hot water outflow, where the swirl reduces the heat avail-
able for evaporation, hence the sharp drop in evaporation 
mass flux.

The profile of the condensation mass flux in Fig. 6 is 
mainly influenced by the profile of the condensation inter-
face Tint,cond which is itself calculated by the vapor concen-
tration aair in the air-gap near the liquid film. Tint,cond and 
aair, therefore, have the same profile for small variations of 
Tint,cond (Fig. 7). At the extreme x locations, the influence of the 
natural convection vortex on the vapor concentration leads 
to the sharp turns.

The temperature gradient across the membrane is 
reduced in comparison to the feed water and air-gap bulk 
temperature difference [Eq. (17)] [2,9].

� �
�

�

T T
T T

int, ,evap mem bottom

hot air

 (17)

Temperature polarization values range from 0 to 1 
where ψ = 1 means that no thermal boundary layer is estab-
lished. By comparing different axial locations in Fig. 8, it 
can be seen that temperature polarization enhances flow 
direction and therefore depends on the channel geometry 
as reported previously [13].

A decline in the x-direction can be seen in many profiles: 
firstly in the evaporation interface temperature Tint,evap and 
following also the temperature polarization ψ, the mem-
brane flux mmem, the vapor concentration in the air-gap aair, 
the condensation interface temperature Tint,cond and finally 
the condensation mass flux mcond (Figs. 6–8). Therefore, the 
evaporation interface temperature Tint,evap displays the most 
influential variable and its optimization are crucial for 
the performance of the MD process.

4.2. Orientation study results

Fig. 9 shows the permeate flux plotted against the inlet 
velocity for different air-gap thicknesses and both configu-
rations – upside and downside. The data proofs the strong 
dependence of the inlet temperature on the permeate flux 
as well as the weak dependence of the inlet flow veloc-
ity. This behaviour has been previously experimentally 
observed [38,39]. However, it can also be seen that the air-
gap thickness has a similarly strong effect as the inlet tem-
perature: a module operated at 80°C and 2 mm air-gap will 
produce the same permeate flux as a module operated at 
only 60°C and 0.5 mm air-gap.

Only small differences in permeate mass flux are found 
between upside and downside configuration. For the small-
est air-gap (0.5 mm), the upside configuration produces a 
slightly higher permeate flux, while for the medium air-gap 
(2 mm) the permeate flux of the downside configuration is 
slightly increased. For the larger air-gap of 8 mm, no signif-
icant differences can be found. High inlet temperatures and 
feed velocities favor the upside configuration whereas the 
downside configuration is less susceptible to feed velocity 
changes and performs better at the lowest inlet velocity.

The same trends can be seen for the recovery ratio in 
Fig. 10, as the feed flow rate is independent of configura-
tion, air-gap thickness and feed inlet temperature. Only, 
the effect of the feed inlet velocity is inverted and the RR is 
decreasing with increasing feed flow rate.

In Fig. 11 the GOR values are presented. For both con-
figurations, GOR is increasing with increasing feed tem-
perature and decreasing feed velocity which agrees with 
the literature [40]. A higher temperature leads to higher 
partial vapor pressure and therefore a higher driving 
force for the MD process. On the other hand, a higher feed 
flow rate increases the sensible heat transfer through the 
membrane which outweighs the gain in permeate flux 
at higher feed velocities and leads to a decreased GOR.

For the upside configuration, the influence of the air-gap 
thickness is less distinct and not consistent. A thicker air-
gap reduces the sensible heat losses but also impairs the 
diffusive vapor transport which results in a smaller perme-
ate flux as already shown in Fig. 9. The predominance is 
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changing in between the two effects for the largest air-gap 
(hence the crossing lines) but favors a thinner air-gap for 
the smaller air-gaps.

In the downside configuration, GOR is larger for smaller 
air-gaps indicating that the mass resistance increases 
stronger than the insulating benefits when enlarging the  
air-gap.

The GOR is consistently higher for the downside con-
figuration indicating that less energy is needed to distill the 
same permeate flux compared to the upside configuration.

4.3. Flow field in the air-gap

Figs. 12 and 13 show the velocity fields in the air-gap 
of the downside configuration for different operational 
parameters. As the temperature gradient is opposing grav-
ity, buoyancy effects can be seen. For Tin = 80°C and 8 mm 
air-gap (Fig. 12) vortexes are forming that are rotating 
alternately clockwise and counter-clockwise, generating 
thereby an upward or downward movement in between 
the swirls. The vortexes are uniform in z-direction and form 

0.025 0.05 0.1
0

5

10

15

20

25

30

Inlet velocity [ m
s
]

P
er

m
ea

te
M

as
s

F
lu

x
[

k
g

m
2

h
]

80°C  0.5 mm

80°C  2 mm

80°C  8 mm

70°C  0.5 mm

70°C  2 mm

70°C  8 mm

60°C  0.5 mm

60°C  2 mm

60°C  8 mm

Fig. 9. Fresh water output for different hot channel inlet temperatures, velocities and air-gap thicknesses:  upside configuration; 
 downside configuration.

0.025 0.05 0.1
0

0.05

0.1

0.15

Inlet velocity [ m
s
]

R
ec

o
v
er

y
R

at
io

[%
]

80°C  0.5 mm

80°C  2 mm

80°C  8 mm

70°C  0.5 mm

70°C  2 mm

70°C  8 mm

60°C  0.5 mm

60°C  2 mm

60°C  8 mm

Fig. 10. Recovery ratio for different hot channel inlet temperatures, velocities and air-gap thicknesses:  upside configuration; 
 downside configuration.



K. Cramer et al. / Desalination and Water Treatment 241 (2021) 51–6360

along the x-axis, the direction of feed flow, for all analyzed  
inlet velocities.

For smaller air-gaps, no stationary vortexes are forming 
but nonetheless, a velocity field is observed with a vertical 
velocity component. Recalling the evaluation of the GOR in 
Fig. 11, the smaller air-gaps of the downside configuration 
performed best at minimizing sensible heat losses while still 
allowing for vapor mass transfer.

Fig. 13 shows the velocity fields for the slowest feed 
flow velocity (uin = 0.025 m/s) at Tin = 70°C and 8 mm air-
gap. Thereby, three fully established vortexes are visible. 
For faster inlet velocities, two are less established when 
increasing the feed velocity to 0.05 m and barely visible 
anymore for uin = 0.1 m (Fig. 14). The favored formation of 
vortexes at lower feed velocities explains why the downside 
configuration is less susceptible to feed velocity changes. 

The vortexes encourage the mass transfer in the air-gap 
also at lower feed velocities.

For Tin = 60°C, no stationary swirls are observed, how-
ever, a distinctive vertical velocity component is still  
found.

5. Conclusion

A numerical model is introduced which computes 
AGMD modules in three dimensions covering the feed water 
channel, air-gap, liquid film and coolant channel. For evap-
oration and condensation, phase change energy conserva-
tion equations are solved. Thereby, the condensation mass 
flux is computed independently from the membrane mass 
flux. Simulation results are compared to experimental data 
and a good agreement is found.
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Fig. 12. Streamlines in air-gap for downside configuration, Tin = 80°C, uin = 0.05 m/s and 8 mm air-gap.
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The simulation results show flow profile variations in 
the axial direction and therefore the advantage of multi-di-
mensional calculations. Additionally, the uncoupling of 
the distillate mass flux from the membrane flux enables to 
study of gravitational effects and natural convection in the 
air-gap.

Two AGMD module configurations are numerically 
compared and their performance at different feed inlet 
temperatures, velocities and air-gap thicknesses evaluated. 
In the upside configuration, the hot feed flows above the 
membrane, while in the downside configuration it flows 
below the air-gap and membrane. In the latter, the feed 
solution is not in contact with the membrane but separated 
by the air-gap which is expected to improve the fouling 
resistance of the membrane. For the downside configura-
tion, the velocity profile in the air-gap due to buoyancy is 
visualized.

The upside configuration produces a slightly higher per-
meate flux when combining a high feed inlet temperature 

(80°C), feed inlet velocity (0.1 m/s) and narrow air-gap 
(0.5 mm). At all other operational conditions, the permeate 
flux is comparable.

The downside configuration is less susceptible to feed 
inlet velocity than the upside configuration which shows in 
a slightly higher RR and evidently higher GOR at the low-
est feed velocity studied. The vortex formation in the air-gap 
is favored by low feed velocities which result for smaller 
air-gaps in an increased energy utilization.

In general, the GOR is consistently and significantly 
higher for the downside configuration indicating that less 
energy is needed to distill the same permeate flux com-
pared to the upside configuration. As the main advantage 
of AGMD is the reduction of heat losses, the downside 
configuration could bring further improvement in this  
direction.

Experiments are ongoing at the University of Luxembourg 
and the experimental validation of these findings is expected 
to be published soon.

Fig. 13. Streamlines in air-gap for downside configuration, Tin = 70°C, uin = 0.025 m/s and 8 mm air-gap.

Fig. 14. Streamlines in air-gap for downside configuration, Tin = 70°C, uin = 0.1 m/s and 8 mm air-gap.
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Evaporation and scaling phenomena can be stud-
ied with ultra-high resolution fluid dynamic simulations 
[41,42]. For this purpose, three-dimensional structures 
have been obtained from membranes for MD by X-ray pty-
chography [43]. Insights from these studies shall benefit 
the development of the model towards prototyping MD 
modules for the treatment of highly saline brines for long-
term operation.
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Appendix

Table A1
Validation data; standard deviation is 0.27

Hot inlet temperature (°C) 40 50 60 70
Mass flux Banat [32] (kg/m2h) 1.033 2.156 3.682 6.871
Mass flux simulation (kg/m2h) 0.956 2.197 3.873 6.366
Absolute difference (kg/m2h) –0.077 0.041 0.190 –0.505
Relative difference (%) –7.4 1.9 5.1 –7.3

Table A2
Grid information for validation study

# cells Cell dimensions in subdomain

X (m) Y (m) Z (m)

Hot water channel 92k 6.667e-4 1.500e-4 6.667e-4
Air-gap 215k 6.667e-4 2.917e-4 6.667e-4
Liquid film 31k 6.667e-4 1.667e-4 6.667e-4
Coolant channel 92k 6.667e-4 1.500e-4 6.667e-4

Table A3
Grid information for orientation study

# cells Cell dimensions in subdomain

X (m) Y (m) Z (m)

Hot water channel 150k 1.25e-3 2.083e-4 1.25e-3
Air-gap 8 mm 150k 1.25e-3 1.667e-4 1.25e-3
Air-gap 2 mm 38k 1.25e-3 1.667e-4 1.25e-3
Air-gap 0.5 mm 19k 1.25e-3 8.333e-5 1.25e-3
Liquid film 10k/20k 1.25e-3 1.667e-4 1.25e-3


