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a b s t r a c t
3D LES simulations were carried out to study the performance of a vacuum membrane distillation 
module. A wiggly wall profile with/without embedded stiffeners was considered to alleviate axial 
and radial temperature polarization, the cause of performance decrease in membrane distillation. 
Results of the flow field show the wiggles create unsteady vortex shedding inducing intense mixing 
in the channel. Vortex shedding intensity increases as the Reynolds number increases or stiffeners are 
added. 3D results show a 56% improvement in flux when moving from a flat sheet membrane to a 
wiggly membrane with stiffeners at a constant Reynolds number, corresponding to an improvement 
from 11.7 to 41.7 in the Nusselt number, showing that the alterations improved the flux performance 
by enhancing the heat transfer along the membrane surface and therefore alleviating temperature 
polarization, a critical bottleneck in membrane distillation systems. A merit criterion was defined 
based on the Nusselt number and friction factor, and a 40% increase in merit was shown switching 
from a flat to a wiggly channel, while a 97% merit increase was seen going from flat to wiggly with 
stiffeners. A 42% enhancement in the flux was also seen moving from a straight channel to a wiggly 
channel at a higher Reynolds number which highlights the importance of strategically choosing the 
mass flow rate, as well as inducing flow separation and vortex shedding in the channel to promote 
mixing and dissipate the thermal boundary layer. The variation in results between the wiggly module 
with stiffeners and the wiggly module at high Reynolds numbers suggests enhancing mixing struc-
tures can be more impactful on flux for this geometry than increasing the flow rate to a turbulent/
transitional regime. However, both are preferable for peak system flux performance. Furthermore, 
a 2D approximation was used to perform simulations on more extended channels to examine the 
length degradation. The modules with wiggly channels performed at the same flux level with a 
doubling of the length. On the other hand, the flat sheet modules experienced length degradation 
by temperature polarization and dropped in flux yield by around 13% of the short-channel value. 
This work illustrates that modeling the system and understanding how the performance decreases 
as the membrane surface area increases are critical for a larger module (scaling up from a lab to a 
prototype module) to maintain high flux performance.

Keywords: �LES simulations; Computational fluids dynamics; Vacuum membrane distillation; Vortex 
shedding; Wiggly channel

1. Introduction

Freshwater scarcity is a global issue, and growing indus-
try, population, cities, and more frequent climate events 

like droughts will exacerbate the problem. It is estimated 
water demand can exceed supply by 40% in 2030 [1]. The 
UN Sustainable Development Goals seek to address this 
via Goal 6: Clean Water and Sanitation. Alternative water 
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sources, including desalinated and recycled wastewater, 
are vital for achieving this goal. Recycling wastewater can 
improve sanitation in growing urban centers and provide 
a consistent water source in drought, improving resiliency. 
Desalination plants have already been implemented in 177 
countries [2], providing fresh water for 300 million people. 
Reverse osmosis (RO) is the industry standard for desalina-
tion and is also popular for recycling wastewater [3] due to 
lower operational costs than thermal methods. Recent inter-
est has been focused on other separation methods, such as 
membrane distillation (MD) or forwards osmosis, to address 
shortcomings in the reverse osmosis process. Studies claim 
that successful implementation of membrane distillation 
can reduce the cost of desalination water from up to $3.00/
m3 to $1.17/m3 [4–6]. There are several factors that ultimately 
lead to this statement. First, membrane distillation can uti-
lize alternative energy sources such as solar power [7] or 
waste heat [8] to drive the process instead of using electrical 
energy to drive high-powered pumps, as in reverse osmo-
sis. Second, fouling has been shown to account for 24% of 
the operational costs in reverse osmosis [9], and membrane 
distillation is less fouling-prone than reverse osmosis [10]. 
The resistance to fouling allows membrane distillation to 
be applied to a higher range of concentrated solutions [11]. 
One example is membrane distillation can recover 70%–90% 
of the water from seawater vs. reverse osmosis at 50% [12]. 
This will reduce the cost associated with brine disposal 
and generate more fresh water in a smaller footprint. Other 
novel techniques are also being considered to reduce the 
impact of reverse osmosis brine [13], including extracting 
and using salts for thermal storage, further highlighting 
the opportunities in brine management.

Membrane distillation is a separation process where a 
hot feed solution is evaporated near a hydrophobic mem-
brane, and the water vapor passes through the membrane 
while the liquid solution is prevented from entering the 
pores because of the hydrophobicity. The vapor layer near 
the membrane surface provides enhanced fouling resis-
tance. The temperature-driven nature of the process allows 
membrane distillation to use a larger pore size than reverse 
osmosis while still achieving theoretically perfect sol-
ute rejection. The setup of the permeate channel will vary 
depending on the type of configuration implemented. Direct 
contact membrane distillation is the simplest configuration, 
where the permeate channel flows cold water, condensing 
the vapor flux [14,15]. The direct contact of cold permeate 
water with the membrane causes conductive heat transfer 
through the membrane, reducing the flux performance and 
energy efficiency [16]. Air gap membrane distillation has 
a stagnant inert fluid (air) on the permeate side to reduce 
conductive losses and a cold condenser plate to collect the 
vapor inside the module [17]. However, the stagnant air 
causes flux performance losses. This is partially alleviated 
with flowing gas, leading to the sweeping gas membrane 
distillation configuration [18,19]. The low specific heat of 
the air still causes performance losses, but less so than with 
the stagnant air. The fluid must be condensed external to 
the module in this configuration, leading to extra costs. A 
vacuum can be drawn on the permeate side in the vacuum 
membrane distillation setup, increasing the transmembrane 
pressure difference [20,21] and creating the highest flux 

out of all the possible conditions. However, increased pres-
sure differences may cause pore wetting if the liquid entry 
pressure is exceeded, and the moist air must be condensed 
externally. In all configurations, membranes can come in flat 
sheets or hollow fiber shapes. The flat sheet is typically used 
in a spiral wound module form, and hollow fibers are uti-
lized in a shell-tube arrangement with a high packing ratio. 
Flux is typically lower in hollow fiber modules due to a 
lack of mixing in a tighter spacing.

There are still several unsolved issues before membrane 
distillation becomes a suitable supplement or alternative to 
reverse osmosis. The first is membrane or pore wetting. If 
the transmembrane pressure exceeds a specific limit, known 
as the liquid entry pressure, the feed solution will come 
into contact with the membrane and can enter the pores. 
This will compromise the permeate quality and represent a 
failure of the separation process. Depending on membrane 
properties, such as pore size, distribution, contact angle, etc., 
the liquid entry pressure can vary, where measured values 
of the entry pressure range between 100 to 500 kPa [22,23]. 
Wetting and fouling are highly correlated in membrane dis-
tillation systems [24]. Fouling of specific compounds such as 
gypsum occurs more rapidly as the temperature increases, 
another issue in the presence of hot feed solutions [25]. In 
addition, similar to concentration polarization in reverse 
osmosis, temperature polarization in membrane distillation 
can substantially influence the flux. Temperature polariza-
tion occurs near the membrane surface as heat is removed 
from the fluid to supply the heat of evaporation [26]. As the 
local membrane temperature decreases, so will the vapor 
flux. Note that concentration polarization can also occur 
but doesn’t have the same impact on the flux as tempera-
ture polarization in the absence of fouling. Researchers 
attempt to reduce the effect of polarization near the mem-
brane surface by promoting mixing in the channel. In par-
ticular, spacers or other flow obstructions are commonly 
used [27,28] to generate vortices and other mixing structures 
that improve the overall module performance.

Back in the 1990s, Schofield et al. theoretically showed 
applying a vacuum can increase the flux performance of 
membrane distillation [29]. Li et al. conducted experiments 
in the vacuum configuration using hollow fiber membranes 
[30] for several commercially available membranes with dif-
ferent operational conditions. Results showed that increas-
ing the Reynolds number helped reduce the temperature 
polarization in the module and led to a higher flux. Kim et 
al. [31] performed a theoretical study on vacuum membrane 
distillation and direct contact distillation in hollow fibers 
by studying the Knudsen and Brownian components of 
vapor diffusion through the membrane. It was found for the 
vacuum systems that the Knudsen component dominates 
the flux, but that molecule-molecule collisions (Brownian) 
shouldn’t be ignored. Soni et al. created a model to study 
VMD and experimentally validated it [32] using a mixture 
of water and ethanol. Ji et al. conducted vacuum membrane 
distillation experiments using a hollow fiber module [33] at 
64  g/kg concentrations, corresponding to reverse osmosis 
brine, and observed no wetting. Zhang et al. [34] showed 
VMD flux increasing with feed temperature and inlet flow 
rate. Wang et al. designed and tested a solar-thermal VMD 
module with artificial seawater. For an inlet temperature of 
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343 K, a flux value of 13 kg/m2·h was reported with a vac-
uum pressure of 10  kPa, and the flux declined near 0 as 
the vacuum pressure was increased towards 60  kPa [35]. 
Current experimental trends in the vacuum membrane 
distillation field include testing a multi-effects module 
[36]. Pure water production is traded for increased energy 
efficiency by recovering heat from the vapor flux [37,38]. 
Similar heat recovery has also been implemented for direct 
contact membrane distillation [39].

In the CFD studies, many authors studying membrane 
distillation configurations, in general, are using several 
strategies to promote mixing and improve performance. For 
example, Gruber et al. used OpenFOAM to study spacer 
geometries [40] and concluded that denser spacers resulted 
in higher flux. Next, Gruber et al. extended the geometry 
considered to model experimental conditions more realis-
tically and showed a validation between CFD and numer-
ical results for various flow rates [41]. Alwatban et al. [42] 
observed a 40%–55% increase in vapor flux when spacers 
were added to a DCMD flat sheet channel, depending on the 
arrangement of spacers. Anqi et al. [43] studied the effect of 
operating conditions with and without spacers using LES 
simulations for a VMD setup. They observed a substantial 
increase in the flux using spacers at increased feed flow rate 
and temperature. Amigo et al. used a laminar flow model 
in OpenFOAM combined with a MATLAB postprocessing 
technique to show fouling-prone regions in a DCMD mod-
ule with and without spacers [44]. In addition, researchers 
also consider membrane morphology changes such as cor-
rugations and other surface patterns [45–48]. For example, 
a 30% increase in flux was found for corrugated RO mem-
branes compared to a flat sheet membrane. Gryta arranged 
hollow fiber membranes without an external housing in var-
ious configurations, from a typical parallel arrangement of 
fibers to a U-shaped module using nets to support the fibers. 
The permeate flux increased as mixing was introduced into 
the feed tank using a magnetic stirrer [49]. Mericq et al. con-
ducted experiments to validate a simulation model that was 
then used to determine the system’s performance vs. various 
operational conditions, such as vacuum pressure, inlet feed 
temperature, and Reynolds number for various membrane 
properties. The specific energy was lowest at low tempera-
tures, although the permeate flux was highest at elevated 
temperatures. The specific energy was primarily dominated 
by the component required to heat the feed water [50]. 
Tiwari et al. [51] also utilized geometric alterations by cre-
ating a U-bend inside a thin pipe to induce secondary flows 
via curvature in the laminar flow regime and showed the 
presence of vortex activity inside the flow channel, which 
directed particles away from the membrane and mitigated 
the effect of gravity-driven settling. Another scenario where 
secondary flows can be considered is through natural 
convection, which has been shown to improve heat trans-
fer characteristics in classical cases, such as flow around a 
cylinder or flow over a flat plate by generating convection 
cells that increase the heat transfer coefficient between the 
fluid and solid [52,53].

While CFD studies are a useful design tool, other 
research topics are also considered to improve membrane 
distillation performance. Membrane manufacturing meth-
ods such as adding carbon nanotubes (CNTs) to membranes 

[54], utilizing hydrophobic/hydrophilic composite mem-
branes [55], and creating superhydrophobic membranes 
[27,56]. Flow through CNTs is low friction and, therefore, can 
achieve a much higher flux than conventional membranes 
while separating all required molecules. This can increase 
the energy efficiency of desalination. Molecular dynamics 
simulations are a valuable tool for characterizing flow per-
formance through CNTs [55], which test different nanotube 
configurations and the diameter to find one best suited for 
desalination applications.

Xie et al. [57] study the effect of various sinusoidal chan-
nel profiles on the performance of a reverse osmosis setup. 
Results showed that the wiggly channel outperformed a 
channel with net-type spacers. Ling et al. applied various 
fouling models to study 144 geometries consisting of mem-
brane morphology changes – varied from the shape of the 
sine curve – and topographical changes – such as different 
spacer layouts [58]. They showed topographical alterations 
(spacers) were more effective at increasing the flux per-
formance than changing the channel’s curvature at higher 
flow rates. This behavior was flipped at low Reynolds num-
bers. Their models proved to be accurate compared to the 
experiments.

Scaling up membrane modules is essential for indus-
trial applications of this technology. Winter et al. [59] 
designed and fabricated several prototype scale modules 
of different membrane surface areas and tested them in 
the permeate gap configuration – optimized for heat recov-
ery and the maximize the specific production value of 
pure water. As the membrane surface area increased from 
5 to 15  m2, the flux decreased from 7.5 to 5  kg/h. Similar 
results were seen in another of their experiments [60], 
wherein a direct contact membrane distillation module, as 
the channel length increased from 1 to 7 m, the specific flux 
decreased from 14 to 3  kg/m2·h. Another pilot study was 
conducted for an air gap membrane distillation module 
using heat generated from a solar plant, Plataforma Solar 
de Almería, in Spain [61] on a 2.8  m2 membrane module 
over 4 months of testing. A flux of 6.51 L/m2/h was reported 
at peak operating conditions, with a 14% decrease as the 
salinity of the feed solution increased. The test module 
encountered issues with leakage around the membrane seal 
and wetting at high feed solution conductivities, showing 
that scaling up membrane modules from lab to prototypes 
can be very challenging. Currently, prototype modules are 
heavily designed to consider heat recovery to bring down 
the $/m3 of water. Thomas et al. constructed a pilot mod-
ule [62] with four stages, each around 4.0 m2, with the feed 
solution heated through a solar array. A module flux per-
formance of 11.0  L/m2/h was observed with seawater as 
the feed solution. Another 4 m2 pilot study was conducted 
in Tunisia under Gabsi et al. in the vacuum membrane 
distillation configuration [63,64] with the feed solution 
heated using solar energy. A maximum flux of 21.0 L/h was 
observed around mid-day in March when the solar radia-
tion peaked. The authors reported a much higher flux in 
June of 70 L/h with higher radiation. The Reynolds number 
for the feed solution was in the laminar regime, 670, and 
was variable depending on the available solar heat. Duong 
et. Al. also studied a pilot membrane distillation module 
with a surface area of 7.2 m2 [65] with a design optimized 
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for the heat recovery of the latent heat of the permeate 
stream. RO brine was used as the feed solution with a con-
centration of 8,000  mg/L of sodium chloride, and flux of 
16 L/h was achieved at the highest flow rate and tempera-
ture considered in the study with a rejection rate consis-
tently above 99%, showing how membrane distillation is a 
valuable tool for treating high salinity solutions.

CFD is a valuable tool to gauge system performance for 
a wide range of parameters in membrane distillation mod-
ules containing sinusoidal (“wiggly”) membranes with and 
without embedded stiffeners. Similar geometries have only 
been considered in reverse osmosis in a slightly different 
layout. The flow and temperature field should be resolved 
to the highest accuracy for the computational model to be 
consistent with experimental conditions. The current study 
utilizes the large eddy simulation (LES) turbulence model in 
3D to conduct simulations at a turbulent Reynolds number. 
To the best of the authors’ knowledge, this is a gap in the 
existing literature for membrane distillation. The local sur-
face temperature, vapor flux, and solution concentration are 
fully coupled, using no empirical relationships for the heat 
transfer. The chosen configuration is vacuum membrane 
distillation based on the high flux potential compared to 
other configurations.

2. Mathematical model

OpenFOAM v2012, an open-source C++ library, is used 
to solve the governing equations for the VMD process. The 
swak4foam library was used to implement the membrane 
boundary condition. In addition, PimpleFoam, a transient, 
incompressible solver for the flow field, was modified to 
include the temperature and concentration scalar transport.

The continuity equation:
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where Ui is the velocity field written in the tensor form and 
xi is the Cartesian coordinate (x,y,z), the time coordinate is t. 
The unsteady conservation of momentum equation is:
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where ν is the kinematic viscosity of the fluid and the kine-
matic pressure p  represents p/ρ. The Navier–Stokes equa-
tions shown above can be solved for the pressure and 
velocity field. The energy and mass transport equations are 
shown below as convective–diffusive equations:

�
�

�
�
�

�
�
�

�
�

�

�
�
�

�

�
�
�

T
t
U T

x
D

x
T
xj

j
T

j j

	 (3)

and

�
�
�

�
�

�
�
�

�
�

�

�
�
�

�

�
�
�

c
t
U c

x
D

x
c
xj

j
c

j j

	 (4)

where T is the temperature scalar, and c is the concentra-
tion scalar. Dc is the mass diffusivity, and thermal diffusiv-
ity is taken as DT = kf/(ρ cp), where kf is thermal conductivity, 
and cp is specific heat. Note that all material properties are 
held constant. Because turbulent structures are present 
in the channel at high Reynolds numbers, the LES turbu-
lence model with WALE sub-grid scheme was considered 
to capture the unsteady flow; see the supplement for 
details on turbulence modeling.

Shown below are the coupled boundary conditions for 
membrane distillation modeling. The hydrophobic mem-
brane cannot allow the feed solution to enter the pores 
for the separation process to function correctly. This is 
achieved by ensuring that the pressure exerted on the mem-
brane surface does not exceed the membrane’s liquid entry 
pressure (LEP). The Young–Laplace equation defines the 
pressure as a function of the membrane properties:

LEP �
� � �2cos

max

� �B
r

l 	 (5)

where B is the geometric factor determined by pore struc-
ture, γl is the liquid surface tension, α is the liquid–solid 
contact angle, and rmax is the largest pore radius.

The two mechanisms driving the VMD process are the 
partial vapor pressure of the feed at the membrane surface 
and the vacuum pressure. The partial vapor pressure of the 
feed is a function that increases with increasing tempera-
ture and decreasing concentration. The partial pressure 
of water vapor in the binary mixture is determined from:

p y p X pw w w wwf � � � 0 	 (6)

where pwf represents the partial pressure of water vapor 
on the feed side, yw and Xw are the vapor and liquid mole 
fractions of water, respectively, p is the total pressure of the 
mixture, and pw

0 is the saturation pressure of pure water, 
determined by the Antoine equation. αw is the activity coef-
ficient of water in NaCl solutions determined by Schofield 
[66] shown below, where XNaCl scales linearly with the solu-
tion concentration, c, by a factor of the molecular weight 
of the solvent, sodium chloride, in this case. The Antoine 
equation to determine the partial vapor pressure for the 
ideal mixture on the feed side is:
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where A, B, and C constants for water are given as 
A = 23.1964, B = 3816.44, and C = 46.13 [67] for a temperature 
in Kelvin.

The dusty gas model (DGM), shown in Lawson and 
Lloyd [68], describes mass (vapor) transfer in membrane dis-
tillation using three mechanisms: Knudsen (molecule-wall 
collisions) diffusion, molecular (molecule-air collisions) dif-
fusion, and viscous (molecule-molecule collisions) diffusion. 
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Molecular diffusion is neglected for VMD since the vacuum 
removes the air from the membrane pores. The Knudsen 
number determines which mechanism is dominant, and 
the calculation is shown in the equation below as the ratio 
of the pore size, rp, to the mean free path λ. The expression 
for the mean free path is given as [69,70]:
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where σ is the collision diameter of the water molecules, p  
is the mean pressure within the membrane pores, T is the 
absolute temperature, and kB is Boltzmann’s constant. For 
the present study, the Knudsen number is calculated to be 
2.78. Note that pressure is a function of temperature, which 
heavily influences the Knudsen number. The parallel cir-
cuit connection of Knudsen and Viscous diffusion is con-
sidered at Knudsen numbers between 0.01 and 10. At any 
Knudsen number over 10, it is assumed only Knudsen dif-
fusion will appropriately model the vapor transport. Having 
a Knudsen number greater than 1.0 means the Knudsen 
flux component will dominate over the viscous component 
(in post-processing, it was found that the Knudsen compo-
nent contributed over 95% of the vapor flux).

For the current study, the Knudsen and the viscous 
mechanism need to be considered to describe the mass 
transfer through the membrane. The total molar flux of 
water vapor can be expressed as the sum of Knudsen, Jk, 
and viscous diffusion Jv, so Jt = Jk + Jv [43,71]:
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where rp is the pore radius, τ is membrane tortuosity, δ is 
membrane thickness, R is the universal gas constant, T is 
local temperature, Mw is the molecular weight of water, µw 
is water vapor viscosity, p  is the mean pressure within the 
membrane pores, pwf is the partial pressure of the water vapor 
in the feed side of the membrane pores, and pv is vacuum 
pressure at the permeate side of the membrane pores. The 
surface porosity, εs  =  ε/τ, can be determined as a function 
of porosity and tortuosity [72].

To finish the coupling between flux and temperature, 
the thermal boundary conditions are given below, where 
Qm is the heat flux through the membrane:

Q N hm t� �� fg 	 (12)

�h Tfg � �3 177 800 2 464, , , 	 (13)

where Nt  =  JtMw is the total mass flux, Mw is the molec-
ular weight of water, and Δhfg is the specific enthalpy of 
water vaporization. The conductive heat flux through 
the membrane is neglected due to the presence of the 
vacuum, which effectively works as a thermal insulator.

2.1. Numerical set-up

2.1.1. Geometric parameters

The current study compares the performance of several 
vacuum membrane distillation modules using 3D LES sim-
ulations for a length of 90 mm. Results were then compared 
against a 2D model, and there was no appreciable differ-
ence in flux between 2D and 3D simulations. Therefore, 2D 
LES simulations were run on VMD modules with a length 
of 170 mm, where the 3D model would be computationally 
expensive to consider. While there is skepticism regard-
ing 2D LES simulations [73], the reduction in filtering in 
LES vs. RANS models should prove a reasonable assump-
tion to increase the channel length without the massive 
computational expense, as shown in later figures.

Three different channel configurations are shown in 
Fig. 1. The base case (bottom) is a flat sheet membrane 
with a height H of 2 mm and a length L of 97 mm, or 48.5H. 
Applying a sinusoidal profile to the wall height creates the 
geometry shown on the top, where the length is reduced to 
45H to keep the membrane surface area (arc length) con-
stant. There is an x/H of 5.0 flat section at the beginning and 
end of the curve so the flow can develop, which assists the 
convergence of the solution. The local maxima and min-
ima of the sine curve are highlighted, and one occurs every 
x/H of 5.0 starting from x/H of 7.5, giving the sine curve 
a frequency of 20  mm, or x/H of 10, shown in the height 
function. Stiffeners are embedded into the membrane in 
the middle geometry to provide additional structural sup-
port and turbulent mixing. The stiffener strands have a 
diameter of 0.8 mm or x/H of 0.4. All cases in Fig. 1 have a 
width of x/H of 2.5 or 5.0 mm.

All cases utilize a structured mesh with good orthog-
onality and a minimal aspect ratio. Zoomed-in images of 
the mesh are presented in Fig. 2. The top image is for the 
wiggly case without stiffeners, and the bottom includes 
the stiffeners. These meshes were generated using ANSYS 
Fluent 2021 R1. The flat sheet meshes were built using the 
blockMesh function in OpenFOAM. There is grading near 
the membrane surface to capture the concentration and 

 

Fig. 1. The side view of the computational domain for both the 
wiggly (with and without stiffeners) and flat sheet membrane. 
Dimensions in mm. The membrane surface area is kept con-
stant. Drawing with embedded stiffeners magnified to show 
greater detail. Width is 5.0 mm, z/H = 2.5.
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thermal boundary layer in the wiggly case and grading near 
the membrane surface and bottom wall in the case with stiff-
eners to accurately resolve additional turbulence imposed 
and ensure an adequate y+ value. For all cases, the average 
y+ value on the membrane surface is 0.5, while the average 
y+ value for the bottom wall is 2.2 or 1.75, depending on the 
case, showing the mesh is suitable for LES simulations.

A mesh dependency study was conducted for the wig-
gly mesh, with four different densities from 10 to 33  mil-
lion elements. Time-averaged 2D line plots of flux and 
concentration over the membrane surface are presented 
after 3.0 s of flow time. The results from Fig. 3 show a mesh 
density of 20 million cells ensures mesh independency. 
This is based on the normalized concentration, which is 

most sensitive to the number and quality of elements near 
the membrane. For example, at x/H of 5.0–10.0, there is a 
difference in concentration profiles from 15 to 20  m cells, 
and there isn’t one between 20 to 33  m cells, demonstrat-
ing the concentration boundary layer near the membrane 
surface is grid-independent. Note that the average flux is 
consistent for all four meshes, even though there is local 
variance near the beginning of the flow channel based on 
the different concentration levels. Also, the mesh density 
will affect the transient behavior of the simulation. These 
simulations were run on the module without stiffeners. The 
geometry with stiffeners utilized a mesh with 33  million 
finite volume cells to account for the additional induced 
turbulent structures in the channel.

Fig. 4 shows line plots of the normalized temperature 
collected at four different probe locations vs. time for the 
first 2.5 s of flow time at Re  =  1,500 for the wiggly case. 
Probe data shows that the behavior in the channel has 
reached a quasi-periodic state from the initial conditions, 
and that any time greater than 2.5 s is sufficient to capture 
unsteady structures in the channel. Probes are labeled in 
Fig. 1. The flow near the outlet shows a high density of mix-
ing structures and vorticity compared to the inlet region. 
Based on the data, the mixing time scale is much shorter 
than the amount of simulated flow time. Therefore, the LES 
model for over 2.5  s of flow time is sufficient to capture 
the behavior in the channel.

Probes 1 and 2 are placed in the well-mixed regime near 
the outlet, whereas probes 5 and 6 are in the non-mixed 
region. The data obtained by probes 1 and 2 show very lit-
tle sensitivity to the end time of the simulation on the tem-
perature along the membrane. There is a periodic vortex 
shedding at the site of probes 5 and 6. The vortex forms and 
grows in time and sheds. A burst of smaller eddies occurs 
when the vortex is shedding, and eddies dissipate rapidly. 
The patterns displayed in Fig. 4 result from the periodically 
repeated vortex activities in this region. Smaller eddies aid 
in very effective mixing, causing temperature polariza-
tion to decrease sharply near probes 5 and 6, shown by T/
Tin approaching 0.98 or higher and gradually decreasing 

 

 

Fig. 2. Zoomed-in images of the mesh for the (top) wiggly 
case and (bottom) wiggly with embedded stiffeners case.

Fig. 3. Time-averaged 2D line plots along the membrane sur-
face of (top) flux and (bottom) normalized concentration at 
four different mesh densities.

Fig. 4. Probe data of normalized temperature for (top) probe 
locations 1 and 2 and (bottom) probe locations 5 and 6 to 
highlight the appropriate selection of the simulation end time.
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as eddies dissipate. Since there aren’t dramatic changes in 
behavior as time increases and based on the quasi-period-
icity of the data, the authors have chosen 3.0  s as the end 
time. For all simulations, adaptive time-stepping was used 
to keep the maximum Courant number below 1.0.

2.1.2. Validation

Results from the validation study are shown in 
Table 1. There is good agreeance with experimental results 
at Reynolds number 1,000, and more error is introduced at 
Reynolds number 200. The results are conducted on a flat 
sheet membrane channel, with the operational parameters 
specified in Table 1. The experiments used to conduct the 
validation study are referenced in [43]. The close agreement 
with experimental results for the flux values highlights the 
model’s validity in predicting the flux behavior for VMD 
systems. The high error value at low Reynolds numbers can 
correspond to a mismatch between experimental and CFD 
conditions; for instance, adjustable speed pumps can enter 
a transient flow regime if operated far outside the design 
point. Another source of error includes the translation of 
membrane properties into CFD modeling; for instance, 
commercial membranes have a variation in properties from 
the manufacturing process, and the CFD model considers 
a constant pore size instead of a variable distribution as all 
membranes have. The validation of this model closely fol-
lowed the study of the corresponding author’s previous 
studies [43,74]. However, the validation was redone since 
this model’s implementation differs from previous studies. 
A good result was found with experimental data at Reynolds 
number 1,000 in a flat sheet module, with a 1.1%–4.4% 
error based on the inlet temperature.

2.1.3. Operational conditions

Table 2 shows the operational conditions, fluid, and 
membrane properties for the simulation. The feed fluid 
properties are chosen to represent hot seawater as a binary 
mixture of sodium chloride and water. The membrane 
properties are taken from commercial flat sheet membrane 
values used for vacuum distillation systems [30]. The vac-
uum pressure is also chosen based on experimental studies 
cited in the literature review section. Alongside the various 
geometrical configurations considered, each is run at two 
different Reynolds numbers (Re = UinD/v) 1,500 and 2,500, 
with the inlet velocity corresponding to 0.75 and 1.25 m/s. 

One Reynolds number is in the laminar regime, and the 
other is in the transitional flow regime where turbulent 
structures are expected. The height of the channel (2 mm) is 
taken as the characteristic length.

As shown below and in the mathematical modeling, the 
membrane surface is treated as a coupled boundary con-
dition between the mass flux (velocity), temperature, and 
concentration field. In the table, the arrow denotes a vector 
quantity, and n  is the positive outwards normal direction, 
that is, Vn

u vu
 is the normal velocity component, and ∂n is the 

normal gradient. In all cases, the unit normal vector varies 
based on the location along the sine curve. The normalized 
temperature, velocity, and concentration values are pre-
sented in the results section. All quantities are normalized 
with the inlet value (Table 2). The normalized temperature 
and concentration can also represent the polarization coef-
ficients in the vacuum distillation model, treated as a sin-
gle-channel flow system. The normalization scheme, X/Xinlet, 
where X represents any data quantity (velocity, tempera-
ture, etc.) The polarization coefficient can drastically change 
the system’s performance and will be examined in depth.

Additional non-dimensional parameters are used to 
characterize the system performance. The Prandtl and 
Schmidt numbers are calculated based on the kinematic 
viscosity and the thermal and mass diffusivity coefficients. 
The formulation for the two is shown below:

Table 1
Validation study results

Channel dimension: width = 15 mm, L = 7.0 mm, h = 3 mm

Properties: ε = 0.8, δ = 100 µm, pore diameter = 0.2 µm, τ = 1/ε, Pvac = 5,000 Pa

Tin Re Feed velocity (m/s) Experimental flux (kg/m2·h) Numerical flux (kg/m2·h) Percent difference (%)

50°C
200 0.04 11.6 15.6 25
1,000 0.19 19.7 20.6 4.4

80°C
200 0.026 42.8 37.4 14
1,000 0.122 57.3 56.7 1.1

Table 2
Operational conditions considered for the present work

Parameters Values

Pore diameter, dp 0.2 (µm)
Porosity, ε 80% (–)
Thickness, δ 150 (µm)
Tortuosity, τ 1/ε (–)
Vacuum pressure, pv 5,000 (Pa)
Kinematic viscosity, ν 1e-6 (m2/s)
Thermal diffusivity, DT 1.5e-7 (m2/s)
Mass diffusivity, DC 1.5e-9 (m2/s)
Prandtl number 6.67 (–)
Schmidt number 667 (–)
Feed inlet temperature, T 353 (K)
NaCl inlet concentration, c 35 (kg/m3)
Reynolds number, Re 1,500; 2,500
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DT

	 (14)
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The Prandtl number of the flow is 6.67, and the Schmidt 
number is 667. Note the Prandtl number is approximately 
scaling with Schmidt1/3. These show the relative magnitude 
of the thermal/mass diffusion in the system vs. the momen-
tum diffusion. Since both numbers are greater than unity, 
the corresponding boundary layers will be thinner than 
the momentum boundary layer. This is especially notable 
in the Schmidt number, two orders of magnitude greater 
than 1.0, highlighting a small concentration boundary layer. 
Therefore, the contours presented will ignore concentration 
since the gradient is challenging to visualize in contour for-
mat, and line plots over the membrane are a more useful 
tool. Additionally, line plots of the Nusselt and Sherwood 
numbers are also presented, where the formulation for the 
corresponding non-dimensional analysis and treatment 
of the heat/mass transfer coefficient are shown below:
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where the heat transfer coefficient is post-processed by rear-
ranging the boundary condition, k T

n
h T Tf

�
�

� �� � thermal membrane bulk  
to solve for the transfer coefficient. The temperature gradient 
along the membrane surface is calculated as part of the solu-
tion. Note how in Table 3, the heat flux through the mem-
brane scales linearly with the vapor flux, k T

n
N hf t

�
�

� � � fg, so 
the convective heat transfer coefficient and corresponding 
Nusselt number is another way of reframing the flux per-
formance of the system in a non-dimensional form. Finally, 
having calculated the temperature gradient and membrane 
temperature OpenFOAM solution, the bulk temperature 
is post-processed using volume averaging throughout the 

channel in increments of x/H  ~  0.1. The friction factor for 
each case is post-processed from the pressure drop and other 
simulation parameters, where the formulation for the fric-
tion factor is shown below. Additionally, a dimensionless 
merit criterion is defined below as the ratio of the Nusselt 
number and friction factor. If the merit criterion is greater 
than one, it means there is an increase in the heat trans-
fer performance of the system greater than the increase in 
frictional factor throughout the module.
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3. Results and discussion

CFD studies used the LES turbulence model to resolve 
the flow inside a vacuum membrane distillation module in 
various geometric configurations. Using flow obstructions 
like spacers or corrugations at high flow rates induces mix-
ing structures, increasing performance. The present study 
aims to consider the effect of changing the channel geom-
etry to introduce vortex activity through various geomet-
rical alterations, including a wiggly channel and a wiggly 
channel with embedded stiffeners.

Fig. 5 shows contours for the sinusoidal/wiggly channel 
at Reynolds number 1,500. The grid lines highlight x/H val-
ues along the length of the channel. Contours are zoomed 
in between x/H 15.0 and 45.0 to provide further clarity. Note 
concentration isn’t shown since the boundary layer is very 
thin and hard to capture in contours, but it will be discussed 
in tables and line plots. The top contour shows normalized 
velocity magnitude. Here there are two district regions 
inside the flow field. The velocity profile is parabolic in the 
upstream area, closer to the inlet, with no mixing structures. 
There is a large momentum boundary layer along the bottom 
wall and the membrane, where the thickness of the bound-
ary layer changes as the bulk fluid is re-directed by the cur-
vature of the channel. The boundary layer is thicker at x/H 
of 17.5 and thinner at x/H of 22.5. There is no vortex shed-
ding near the inlet, and the boundary layer is attached. This 
is shown in the contours of normalized temperature, where 
a noticeable thermal boundary layer is at the membrane 

Table 3
Boundary conditions for the flat and wiggly case. Note a no-slip/no-penetration condition is applied to all the embedded 
stiffeners. The side walls use a symmetry boundary condition where the normal gradient of the field is set to 0

Patch name U (m/s) p (m2/s2) T (K) C (kg/m3)

Inlet V Un

u vu
= in ∂n = 0 Tin Cin

Outlet ∂n = 0 0 ∂n = 0 ∂n = 0

Membrane (top surface) V
N

n
t

u vu
�
�

∂n = 0 k T
n

N hf t
�
�

� � � fg D c
n

N cc t
�
�

� �

Bottom surface (wall) No-slip/penetration ∂n = 0 ∂n = 0 ∂n = 0
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surface. Again, the boundary thickness changes as the 
fluid is redirected (the momentum and thermal boundary 
layer structure show similar behavior).

A transition in the flow field occurs at x/H of 22.5. Where, 
downstream, mixing structures are present in the channel, 
and vortex shedding begins. This is shown in vorticity con-
tours, where rotational structures begin at x/H of 22.5 to 27.5. 
These structures have a vorticity component only around 
the Z-axis. Further downstream of this region, the organized 

vortex structures are broken into more chaotic vortex fil-
aments. This is shown in the bottom image containing the 
iso-surface of the Q-Criterion. Iso-surfaces are colored by the 
vorticity component along the x-direction to show counter/
clockwise rotational direction. The rolling vortices near the 
origin of the shedding have no in-out-of-plane rotational 
component, while the filaments do. The mixing effect is seen 
in the contours of normalized temperature, where areas of 
high vorticity magnitude and disorganized mixing structures 

 

Fig. 5. Midplane contours of (top) normalized velocity (middle) vorticity magnitude (bottom) normalized temperature for Re 1,500 
with a sinusoidal channel profile. Midplane corresponds to z/H = 1.25.
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reduce the thickness of the thermal boundary layer near the 
membrane by reintroducing the hotter bulk fluid, caus-
ing the membrane to have a higher local temperature. The 
velocity field in the mixed region shows the dissipation of 
the momentum boundary layer upon which the thermal 
boundary layer thickness is based. From the structures of 
the vortices and corresponding normalized temperature 
values, the dis-organized structures were more effective at 
reducing the thermal boundary layer thickness. A reduced 
boundary layer thickness leads to an enhanced heat transfer 
coefficient near the membrane and higher bulk temperatures. 
More heat can be supplied to combat the losses through 
local evaporation and achieve higher flux performance.

The probe data presented in Fig. 4 also highlights the 
effect of mixing. Probes 1 and 2 are placed in the well-mixed 
area of the channel nearest to the outlet, while Probes 5 and 
6 are placed much closer to the inlet in the unmixed region. 
First, looking at the data corresponding to the line plots 
on the membrane surface, probe 1 (mixed region) shows 
a higher temperature than probe 5 (unmixed region), cor-
responding to a much higher flux value. The mixing effect 
is also seen between the membrane and the bottom wall. 
In the case of Probe 5 and 6 in the unmixed region, since 
the bottom wall is a fully insulated surface instead of a 
membrane, the local temperature is much higher than the 
upper membrane surface. This shows the effect of radial 
temperature polarization in the channel corresponding to 
the thermal boundary layer. However, with Probes 1 and 
2, the two temperatures are equilibrated, showing the vor-
tex structures are dissipating the boundary layer and pro-
viding a more evenly distributed temperature throughout 
the channel. When the vortex shedding occurs at probes 5 
and 6, the temperature dramatically increases and causes 
the flux performance to increase.

Fig. 6 shows the contours and iso-surfaces for Reynolds 
number 2,500. While this is in the transitional flow regime, 
the LES turbulence model should be sufficient to resolve the 
structures. One significant difference between the two cases 
is the transient structures begin closer to the inlet, where 
vortex activity begins at x/H of 17.5 for Reynolds number 
2,500 compared to x/H of 22.5 for Reynolds number 1,500. 
In terms of the channel geometry, this means shedding 
begins at the previous corner of the channel. In all wiggly 
cases, flow separation and vortex shedding begin at one of 
the turning corners in the channel. The larger region of high 
vortex activity can be seen in the normalized velocity and 
vorticity magnitude contours. In addition to an increase in 
the size of the mixed portion of the flow field, the vorticity 
magnitude is also greater at Reynolds number 2,500, where 
larger areas show the highest value than the Reynolds num-
ber 1,500 case. The effect of the enhanced mixing can also be 
seen in the normalized velocity and temperature contours 
where the momentum and thermal boundary layer are fur-
ther confined to the wall, and membrane boundary layers 
are vastly reduced in size, almost to the point where it’s hard 
to visualize based on the contours (to keep the color scale 
consistent between figures some resolution is lost in the 
Reynolds number 2,500 contours).

In addition to a larger vorticity magnitude, further 
reduction in temperature polarization, and increased length 
of the vortex-dominated (mixed) regime in the flow field, 

there is also a change in the vortex filaments’ structures. The 
iso-surfaces of the Q-criterion show the filaments are packed 
more densely in the case with more mixing, and more of 
those filaments have a higher vorticity in the Reynolds 
number 2,500 case compared to Reynolds number 1,500.

The final point of comparison for the geometry presented 
in Fig. 1 is below for Re = 1,500 with embedded stiffeners. 
The contours are presented at different x/H coordinates to 
highlight the onset of mixing structures in the channel, 
which are much closer to the inlet than those without stiff-
eners. Here the unmixed flow occurs until x/H of 10.0, where 
vortex structures begin to shed from a stiffener, compared 
to the previous cases where the vortices would originate 
at a turning corner. Along the membrane surface at x/H 
before 10.0, a thicker thermal boundary layer is caused by 
the unmixed flow field. As a result, there are more oppor-
tunities for flow separation and for smaller, less homoge-
neous vortex structures, which is seen in the contours of 
velocity and vorticity. Contours of vorticity magnitude in 
the module with stiffeners show a further increase in flow 
field areas with intense vortical activities than in the module 
without stiffeners at Re of 2,500. This shows that the vorti-
ces induced by flow obstructions, like stiffeners, can pro-
vide better mixing than increasing the flow rate in a channel 
without stiffeners. A dead zone immediately downstream of 
the stiffeners is shown in the contours of velocity and vor-
ticity. These areas are subject to a higher temperature (and 
concentration, not shown) polarization than the membrane 
surface exposed to good mixing. The momentum and ther-
mal boundary layer dissipation can be seen in normalized 
velocity and temperature contours. Near the membrane 
surface, there is no perceptible change in temperature com-
pared to the bulk fluid. The iso-surface of the Q-criterion 
shows much smaller vortex structures more densely packed 
in the channel with stiffeners than those without. In addition, 
the vortices are more chaotic, showing that the distribution 
of the counter/clockwise vortices is more even throughout 
the channel than the geometry without spacers where the 
channel is bisected by counter/clockwise turning vortex  
structures.

Fig. 8 presents line plots along the membrane surface 
to quantify the effect of geometric and Reynolds number 
alterations. Results are presented for channels with a (1) 
flat sheet membrane, (2) wiggly membrane, and (3) wiggly 
membrane with stiffeners. In the flat modules, the maxi-
mum flux is near the inlet region, and as the fluid near the 
membrane surface vaporizes, heat is lost, and the local tem-
perature decreases, which causes the flux to fall. This tem-
perature decrease can be seen as streamwise (axial) tem-
perature polarization, compared to the crossflow (lateral) 
polarization based on the extent of the boundary layer and 
discussed in the contours. In the flat sheet membrane mod-
ule at Re  =  1,500, the normalized temperature drops from 
1.0 to 0.95, and the flux decreases from 130 to 50 kg/m2·h. A 
5% difference in the normalized temperature (temperature 
polarization) caused a 160% decrease in flux in the module. 
Axial concentration polarization is also seen as pure water 
diffuses from the solution, where the outlet concentration is 
higher than the inlet concentration. Minor local membrane 
temperature and concentration changes can account for 
significant differences in flux, so mitigating polarizations 
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is essential for successful high-performance separation. 
Geometric and operational condition changes – increasing 
the Reynolds number – are utilized to prevent this behav-
ior. For instance, introducing the sinusoidal wall profile at 
Reynolds number 1,500 provides two distinct flow regions, 
mixed and unmixed. The unmixed region near the inlet 
shows a lower normalized membrane temperature and flux 
than the flat sheet case. After x/H of 22.5, vortices shed in 
the channel, and flow separation occurs. In this region, there 
is an increase in performance as the mixing reduces the 

thermal boundary layer thickness and the membrane’s local 
temperature increases. The length of this region increases at 
Re = 2,500, where mixing occurs at an earlier corner located at 
x/H of 17.5. The increased magnitude of mixing can be seen in 
the higher normalized temperature values. Further enhance-
ment in mixing is shown in the module with the stiffeners, 
where the mixing structures begin at x/H of 10.0. Thus, more 
of the membrane has a higher local temperature than any 
other case and, therefore, higher vapor flux. Similar behavior 
is seen for concentration polarization, where mixing helps 

 

Fig. 6. Midplane contours of (top) normalized velocity (middle) vorticity magnitude (bottom) normalized temperature for 
Re 2,500 with a sinusoidal channel profile. Midplane corresponds to z/H = 1.25.



J. Caspar et al. / Desalination and Water Treatment 293 (2023) 49–6660

incorporate bulk solution at lower concentration into the 
boundary layer- thus reducing the local concentration near 
the membrane surface. In the mixed region, the effect of axial 
polarization, or the decrease in flux/temperature with the 
length, is vastly reduced compared to the flat sheet cases due 
to the high level of mixing, which is why the vapor flux is  
higher.

Fig. 9 shows line plots of the Sherwood and Nusselt 
number along the membrane surface. The Nusselt number 
represents the ratio of convective heat transfer to conductive 
heat transfer. Higher values of the Nusselt number imply 
a better heat exchange rate along the membrane surface. 

There is a similar analogy to the Sherwood number but for 
mass transport of the concentration scalar. The Nusselt num-
ber is directly related to the membrane heat flux (a linear 
function of the pure vapor flux through the membrane) and 
local temperature. Therefore, the Nusselt number strongly 
correlates to the membrane module’s performance met-
rics, such as temperature polarization and pure vapor flux. 
Therefore, the distribution of the Nusselt number is simi-
lar to the pure vapor flux and normalized temperature. At 
the beginning of the module, especially in the case without 
spacers, the Nusselt number is lower in the wiggly cases 
than the corresponding flat sheet cases. The area of low 

 

Fig. 7. Midplane contours of (top) normalized velocity (middle) vorticity magnitude (bottom) normalized temperature for 
Re 1,500 with a sinusoidal channel profile including embedded stiffeners. Midplane corresponds to z/H = 1.25.
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performance corresponds to the unmixed region. After the 
flow separation begins and mixing structures are introduced 
into the module via vortex shedding, the Nusselt number 
increases – from around 15 to 25. Shedding occurs at x/H 
of 22.5 at Reynolds number 1,500 and 17.5 at Reynolds 
number 2,500. Once in the mixed region, the decay of the 
Nusselt number with length is much smaller compared to 
the flat sheet cases. Similar behavior is seen in line plots 
of the Sherwood number, where there is an increase in the 
local value after vortex shedding begins.

The averaged values of Nusselt and Sherwood numbers 
for the cases previously presented are shown in Table 4. By 
increasing the Reynolds number from 1,500 to 2,500 in the 
flat sheet case, there is a 33% increase in the Nusselt number. 
For low Reynolds numbers with mixing in the channel, the 
Nusselt numbers of the system are similar to those studied 
by Shakaib et al. [75] (in this case, the wiggly channel was 
used to promote mixing vortices, in the cited work spacers 
were considered). As the Reynolds number increases to the 
transitional flow regime, despite no turbulent structures in 
the channel, the pressure drop per meter of channel length 
increases from 4.2 to 11.1 kPa/m. The channel length is given 
in Fig. 1, varying from 95 to 97 mm to keep the arc length 
constant, and the results are scaled to kPa/m accordingly. 
Going from a flat to a wiggly channel increases the Nusselt 
number by 40% for both Reynolds numbers. The highest 

Nusselt number is shown in the case with embedded stiff-
eners, which is indicative of the analysis that having more 
obstructions in the flow and creating mixing structures 
throughout the whole channel, instead of close to the outlet 
region, will better facilitate heat transfer in the channel and 
lead to a higher temperature and corresponding vapor flux 
along the membrane surface. Because some energy in the 
flow is dissipated with mixing structures, the pressure drop 
in the module increases with increasing Nusselt number, as 

 

Fig. 8. Line profiles along the midplane of the membrane sur-
face at the final time step for flux, normalized temperature, and 
normalized concentration for 3D LES simulations with geom-
etry specified in Fig. 1. Midplane corresponds to z/H = 1.25.

 

Fig. 9. Line profiles along the midplane of the membrane sur-
face at the final time step for (top) Nusselt number (bottom) 
Sherwood number for LES simulations with geometry specified 
in Fig. 1. Midplane corresponds to z/H = 1.25.

Table 4
Final table of results for all cases taking module averaged values using instantaneous data gathered from the final timestep. Note 
the Reynolds number 1,500 cases have a boldfaced merit criterion to denote one baseline case vs. the Reynolds number 2,500 
cases which use italics to denote a different baseline. The reference values under the case column for the flat channels are also 
bolded/italicized depending on the Reynolds number. Pressure drop is scaled to a module length of 1 m long

Case Average Nusselt 
number

Average Sherwood 
number

Static pressure drop 
(ΔP/ΔX = kPa·m)

Friction 
factor

Merit 
criterion

Re 1,500 flat 11.7 66.3 4.2 0.0298 1.0
Re 2,500 flat 17.4 85.6 11.1 0.0284 1.0
Re 1,500 wiggly 19.9 93.0 7.6 0.0538 1.40
Re 2,500 wiggly 29.0 118.8 17.9 0.0458 1.42
Re 1,500 wiggly stiffener 41.7 194.7 24.6 0.175 1.97
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more vortices will yield a higher pressure drop and better 
heat transfer. Note that the feed solution is at atmospheric 
pressure in vacuum membrane distillation. The permeate 
stream is held at 5 kPa in these simulations. This pressure 
difference can be compared against the 6,000–8,000  kPa 
range a reverse osmosis module is designed for [76], elim-
inating the need for a complex pressure vessel in VMD and 
high-pressure pumps and pressure recovery systems, there-
fore reducing system complexity. The pressure drops are 
similar to those measured by Xie et al. [77], who studied a 
similar channel profile for reverse osmosis using computa-
tional fluid dynamics.

The pressure drop is critical for determining whether 
the membrane experiences wetting in membrane distillation 
processes. Vacuum membrane distillation is more prone to 
wetting due to the vacuum on the permeate side, which is 
why typical vacuum membranes use a 0.2 µm pore diameter 
vs. a 0.45 µm diameter popular in direct contact, air gap, and 
sweeping gas membrane distillation. Partial pore wetting 
can occur at lower than the liquid entry pressure based on 
an uneven pore distribution. The pressure difference across 
the membrane is a function of the partial vapor pressure and 
the feed pressure (in this case, ambient pressure at 101.3 kPa, 
although other studies have considered pressurized feed 
solutions to increase the temperature difference without boil-
ing the feed [78], utilizing a feed pressure of 910–1,500 kPa). 
For the considered modules having a 95 mm channel length, 
the transmembrane pressure difference, including the pres-
sure drop, is below the minimum value of the liquid entry 
pressure. However, extrapolating to a 1-m channel length, 
as done in Table 4, the transmembrane pressure difference 
exceeds 100  kPa. Existing prototype scale VMD modules 
typically operate without mixing structures, based on a 
low incoming mass flow rate or hollow fibers with a small 
hydraulic diameter compared to an empty membrane chan-
nel. This helps maintain a lower pressure drop and, there-
fore, less propensity to wetting (same with adjustments to 
the vacuum pressure). Calculating the pressure drop shows 
the critical importance of using CFD studies to understand 
the hydrodynamics of the channel, as high-performing mod-
ules with vortex mixing will suffer increased pressure drop. 
There is also an essential coupling of CFD studies with mem-
brane science in order to manufacture membranes with large 
contact angles and corresponding high liquid entry pres-
sures, as well as low variance in the pore size distribution to 
prevent failure from partial/full pore wetting.

The pressure drop values are used to calculate the fric-
tion factor for each channel. Then, using the friction factors 
and Nusselt numbers, a merit criterion was defined for each 
Reynolds number, using the flat sheet cases as baselines. Note 
the Reynolds number 1,500 cases have a boldfaced merit cri-
terion to denote one baseline case vs. the Reynolds number 
2,500 cases which use italics to denote a different baseline. In 
this case, increasing changing from a flat to a wiggly geom-
etry increased the system performance (evaluated by merit 
criterion) by 40% of the baseline, and embedding stiffeners 
in the membrane increased the system merit by 97% com-
pared to the baseline, showing the geometric alterations 
outstripped only increasing the Reynolds number, and the 
value of using embedded stiffeners along with morphologi-
cal changes in the channel.

The effect of the wiggly geometry, flow rate, and stiffen-
ers have been presented in Figs. 4–9 using 3D LES simulation 
for a wiggly channel with x/H of 45. One of the critical issues 
with membrane distillation is transitioning from a lab-scale 
system to an industrial scale. The computational expense 
of conducting LES simulations to resolve the flow field for 
these lab-scale units is significant. One way of minimizing 
this is to conduct simulations using a 2D geometry. 2D LES 
simulations have also been run in the wiggly membrane 
with/out embedded stiffeners at Reynolds number 1,500 to 
compare results obtained in the corresponding 3D geome-
try. Fig. 10 shows line plots of instantaneous fluid properties 
along the membrane surface at the final time step.

The significant difference between 2D and 3D is in the 
concentration. One reason for this could be that the mesh 
cells are much smaller in the 2D case to gain extra resolu-
tion. For reference, 20 million finite volume cells were used 
in the 3D geometry, whereas 4 million cells were utilized in 
the 2D geometry without stiffeners. For the geometry with 
stiffeners, 33 million cells were used in 3D vs. 1 million for 
the 2D geometry. The 2D mesh cell size is more refined in 
all cases than the 3D mesh. The cell size showed a smaller 
decrease in the channel with stiffeners, resulting in a simi-
lar concentration distribution at the final time step. Based 
on the temperature and flux readings, the authors can 
claim that the 2D simulations are an acceptable approxima-
tion to study the flux behavior of the channel. Therefore, a 
new set of 2D geometries, as shown in Fig. 11, are consid-
ered to extend the present study to more extended length 
channels to study length degradation in VMD modules.

The line profiles along the membrane surface for the 
final time step using the extended computational domain 
are shown in Fig. 12. The first thing to note is that regard-
less of the channel length, the distance from the inlet where 
the mixed regime begins is the same; for example, mixing 
structures still appear at x/H of 10.0 in the geometry with 
stiffeners. With the longer channel, it’s easier to see the effect 
of axial polarizations. The flux value decreases along the 
channel length as heat and pure water exit the feed solution, 
and the temperature falls while the concentration rises. In 
the unmixed region, there are regions near turning corners 

 

Fig. 10. Line profiles along the midplane of the membrane sur-
face for 2D vs. 3D cases at a fixed Reynolds number presenting: 
flux, normalized temperature, and normalized concentration 
with the wiggly geometry specified in Fig. 1. 3D Midplane 
corresponds to z/H = 1.25.
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corresponding to the areas where fluid is pushed away from 
the membrane, and these areas show poor performance. 
The flux and temperature decline in the presence of mixing 
structures is less than the flat sheet geometry, even in the 
case of the more extended channel. Furthermore, stiffeners 
yielded much higher performance for a Reynolds number 
of 1,500 than a wiggly case without flow obstructions at 
Reynolds number 2,500, showing the effect of turbulators vs. 
the operational conditions. This is because the higher level 
of mixing provided by the stiffeners (shown in the vorticity 
contours and iso-surfaces for a 3D case at a shorter length) 
alleviates the temperature polarization along the mem-
brane surface more effectively than simply increasing the 
Reynolds number.

The results for both the short 3D and long 2D geom-
etries are presented in Table 5. The module temperature 
and concentration polarization coefficient (TPC and CPC, 
respectively) represent the average value of the normal-
ized temperature and concentration. The values are gath-
ered using information from the final time step of the  
simulation.

The effect of changing the geometry can be seen in the 
Reynolds number 1,500 cases, where a flat, wiggly, and wig-
gly with stiffeners geometry was considered. Compared to 
the baseline, flat sheet geometry, for the short channel, there 
is a 25% increase in the flux when changing to the wiggly 
geometry and a 56% increase in flux when changing to the 
wiggly and stiffeners geometry. These significant (around 
50%) increases in flux associated with enhanced mixing are 
seen in existing membrane distillation literature, such as 

Thomas et al. [28] and Alwatban et al. [42]. However, when 
changing from flat sheet case at Reynolds number 1,500 to 
2,500, there is only a 14% increase. These increases in flux 
are attributed to the decrease in temperature and concentra-
tion polarization caused by the induced mixing structures. 
It is shown in the third and fourth columns where, com-
pared against the flat sheet case, the wiggly with stiffeners 
shows a 2% variance in the module averaged temperature 
polarization coefficient, and that minor difference accounts 
for a significant increase in the flux performance. Similarly, 
the concentration build-up local to the membrane surface is 
also reduced by a much larger margin, which isn’t reflected 
in the flux performance. Table 4 shows the Nusselt and 
Sherwood numbers in the system; the flux and tempera-
ture/concentration polarization don’t increase linearly with 
increasing Nusselt/Sherwood numbers. This is because the 
temperature drop decreases in the channel, and the heat 
flux (corresponding to pure vapor flux) increases with geo-
metric changes, so several changes are affecting the Nusselt 
number calculation.

In addition to increasing the performance in the short 
channel by mitigating the effect of the lateral temperature 
polarization caused by reducing the effect of the thermal 
boundary layer on the membrane, there are also axial tem-
perature polarization reductions. These can be shown by 
comparing the short- and long-channel results. The effect of 
axial polarization is seen in the flat sheet cases, where the 
flux decreases with increasing length. Depending on the 
Reynolds number, the flux decreases 10%–13% as the length 
increases. However, that reduction in flux is eliminated in all 
cases due to good mixing induced by geometric alterations. 
Since the results are presented at a single time step, in some 
cases, the extended channel flux is greater than the short 
channel flux, but time averaging would eliminate that dis-
parity. Time averaging wasn’t utilized for the table because it 
would cause inconsistent instantaneous line plots presented 
above and the module-averaged properties. Animations 
in the supplementary document highlight the transient 
nature of the module.

 

Fig. 11. The 2D computational domain for the long wiggly 
(with and without stiffeners) and flat sheet membrane. Dimen-
sions in mm. The membrane surface area is kept constant.

 

Fig. 12. Line profiles along the midplane of the membrane sur-
face at the final time step for flux, normalized temperature, and 
normalized concentration for 3D LES simulations with geome-
try specified in Fig. 1. Midplane corresponds to z/H = 1.25.

Table 5
Final table of results for all cases taking module averaged values 
using instantaneous data gathered from the final timestep

Case Flux TPC CPC

Short (x/H = 45)

Re 1,500-flat 66.3 0.956 1.64
Re 2,500-flat 75.2 0.964 1.51
Re 1,500 - Wiggly 82.8 0.969 1.32
Re 2,500 - Wiggly 93.5 0.975 1.31
Re 1,500 – Wiggly + Stiffeners 103.1 0.981 1.20

Long (x/H = 85)

Re 1,500-flat 59.3 0.952 1.66
Re 2,500-flat 66.8 0.958 1.61
Re 1,500 - Wiggly 82.3 0.969 1.56
Re 2,500 - Wiggly 97.4 0.978 1.41
Re 1,500 – Wiggly + Stiffeners 103.4 0.981 1.22
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4. Conclusion

3D and 2D large eddy simulations on vacuum membrane 
distillation modules were conducted to resolve the transient 
flow field and the module performance. The parameters con-
sidered included changes to the channel geometry and the 
flow rate. A Reynolds number of 1,500 and 2,500 were con-
sidered for a flat sheet membrane, a wiggly membrane, and 
a wiggly membrane with embedded stiffeners. Two distinct 
regimes were seen in the flow field: unmixed and mixed. 
The unmixed regime is close to the inlet and resembles the 
steady-state solution with a parabolic velocity profile in the 
channel. Further downstream, there is a transition around 
a turning corner or stiffener, where vortex activity begins. 
These structures mix the hot bulk solution at low concentra-
tion into the boundary layer close to the membrane, reduc-
ing temperature and concentration polarization. The Nusselt 
and Sherwood number was post-processed to determine the 
effectiveness of the geometric alterations on heat/mass trans-
fer. Compared to the base case, the Nusselt number showed 
a 250% increase from 11.7 to 41.7. Defining a merit criterion 
using the Nusselt numbers and friction factors showed a 40% 
increase in merit regardless of the Reynolds number going 
from a flat to a wiggly channel. A 97% increase in merit was 
seen when stiffeners were included in the channel. The vor-
ticity magnitude increases with the Reynolds number and 
with adding stiffeners to the channel, and the strength of the 
mixing corresponds closely to the reduction in polarization. 
As the vorticity magnitude increased, the structures in the 
channel became smaller and more chaotic. The areas inside 
the module with the highest flux performance and lowest 
temperature polarization correspond to the mixed regime. 
Overall, the geometric changes contributed to a 56% increase 
in the flux performance for the short channel going from a 
flat sheet membrane to a wiggly channel with stiffeners at 
Reynolds number 1,500. A 42% flux improvement went from 
the base case to a wiggly case at Reynolds number 2,500. In 
this instance, increasing the Reynolds number but removing 
the stiffeners leads to a lesser flux improvement, showing 
that a combination of a smartly chosen flow rate and geo-
metric alterations to promote mixing are critical to achieving 
peak flux performance in a membrane distillation module. 
In addition, simulations were extended to channels of lon-
ger lengths using 2D geometries. In the longer length, the 
flat sheet membrane geometries showed a flux decline of 
13% due to the buildup of axial temperature polarization. 
The wiggly geometries mitigate that, proving that the geo-
metric alterations to induce turbulence effectively prevent 
the performance decrease with increasing membrane area. 
These results highlight the importance of understanding 
how to effectively scale up membrane distillation systems 
and some issues that can arise as the modules are extended 
in the streamwise direction.
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Supporting information

S1: Mathematical modeling-LES turbulence modeling

The LES turbulence model was considered to capture 
the unsteady flow because turbulent structures are present 
in the channel at high Reynolds numbers. The WALE sub-
grid model is used to model eddies smaller than the grid 
size, while all other eddies are directly solved. The LES 
filtered momentum equation can be written as:
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where the overbar notation represents the filtering opera-
tion. The closure is obtained by modeling the subgrid-scale 
stress tensor, τij, where the relation from the subgrid-scale 
stress to the large-scale strain rate tensor uses an eddy 
viscosity model and is given as:
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For the WALE model, the eddy viscosity is given as:
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